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The Laboratory for Chemical Technology (LCT) engaged itself in a new research domain, the 
hydrodynamic modeling of gas-solid two phase flows, some 15 years ago. Since then, several 
projects have covered the development of high graded Computational Fluid Dynamics (CFD) 
software and new reactor technologies for the Fluidized Bed Catalytic Cracking (FCC) 
process, the application of circulating fluidized bed (CFB) technology for the SO2 and NOx 
Adsorption Process (SNAP, FLS-Miljö) and for the oxidation process of o-xylene into 
phthalic anhydride using a new V2O5/TiO2 catalyst. The fundamental approach of the 
hydrodynamic research of these types of reactors caused a growing need for a new 
experimental set-up to support the software developments. Therefore the LCT of Ghent 
University developed and constructed a cold flow riser unit.  
 
Despite their widespread application and application possibilities, the fluid mechanics of 
CFBs are not very well understood yet. This can be attributed, on the one hand, to the very 
complex hydrodynamics of these systems (and its impact on reaction kinetics) which 
complicate a thorough theoretical description and understanding, and, on the other hand, to 
very specific and significant difficulties encountered in measuring local fluid mechanic 
properties in dilute and dense gas-solid two phase flows. At the LCT, software is developed, 
aiming at the scale-up of riser reactors. However, to use this software with confidence, 
validation of the developed codes is necessary. 
 
A complete in-house hydrodynamic model accounting for reaction (FLOW-MER) has been 
developed and can be used to calculate the flow field in a CFB, based on the solution of  the 
conservation equations for mass, momentum and energy for both the gas phase and the solid 
phase, the Navier-Stokes equations. Numerically solving these equations in 3 dimensions 
(3D) yields the velocity and concentration (+ enthalpy) profiles for both gas and solid phases, 
both in axial, radial and azimuthal direction, in the CFB. Validation of the 3D-model requires 
the measurement of these profiles in 3D. A complete 3D simulation is desirable not only to 
resolve the complex flow patterns inside the riser, but also to account for the riser inlet and 
outlet effects adequately. Transient (i.e. time-dependent) 3D simulations of the gas-solid flow 
in risers are performed using a new density-based solution algorithm (De Wilde et al., 1995) 
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for the set of conservation equations. Contrary to the conventional pressure-based solution 
algorithm used for a riser simulation so far, the density-based solution method uses the pre-
conditioning of time derivatives, has no internal pressure and velocity correction loop and 
hence provides a much faster convergence. The conservation equations for both phases are 
constructed based on an Eulerian-Eulerian approach. The gas phase turbulence is modeled 
using a k-ε model and the solid phase turbulence properties are obtained by applying the 
Kinetic Theory of Granular Flow (KTGF) (Gidaspow et al., 1994). Although the KTGF has 
not yet been experimentally verified, its use is commonly accepted. KTGF looks the most 
promising theory to predict hydrodynamics in gas-solid systems, but an important goal 
remains the verification of its validity to use it in future two-phase reactor modeling. 
 
These considerations resulted in the need for the design and the construction of a pilot 
installation with sufficiently large dimensions (and hydrodynamic similar to an industrial-
scale set-up) as compared to commercial reactors, for the study of the hydrodynamic 
behaviour of gas-solid mixtures in CFBs. Further development and validation of the applied 
models requires precise measurements of axial and radial solid fluxes, of local mean and 
fluctuating gas and particle velocities, of concentration profiles. Based on the experimental 
data, the governing conservation equations can be further tuned by using the appropriate, 
validated constitutive equations (i.e. model equations), and by taking into account 
experimentally determined particle size distributions (PSD), particle shape factors, particle-
particle collisions, particle-wall collisions and evaluating the effects of turbulence, interaction 
of the phases, transient effects, external effects, wall effects, external forces, cluster 
formation, etc ….   
 
The project presented in this work involves hydrodynamic, not kinetic research. Thus, a so-
called cold-flow installation has been developed and constructed. The set-up is developed 
such that sand or catalyst (or any other kind of particle) can be blown through a tube made of 
(plexi)glass. Kinetics studies and hydrodynamics studies are separated, on the one hand for 
practical reasons, on the other hand because the mutual interaction/influence between kinetics 
and hydrodynamics can be neglected in the constructed set-up where the solids volume 
fraction remains low.  
 
A pilot-scale cold-flow unit for hydrodynamic research on gas-solid two phase flow in risers 
was entirely designed and constructed at the LCT. In september 1999 the design of the cold-
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flow pilot was finished. An appropriate measuring technique was selected to carry out the 
(particle) velocity measurements: 3D Laser-Doppler-Anemometry (LDA). The construction 
of the unit took place from january 2001 till march 2002. On april 15th, 2002, the installation 
was commissioned. Full 2D and 3D solids velocity and concentration measurements were 
then performed (2002-2005). The primary goal of this PhD is the design and construction of 
the pilot plant itself (Chapter 2) and the deliverance of experimental data (Chapters 3, 4, 5, 6), 
in order to validate the existing hydrodynamic model (FLOW-MER), available at the LCT. 
 
The cold-flow set-up mainly consists of a 8.7 m (plexi)glass riser having an internal diameter 
of 0.1 m, a 4 m high fluidized bed with an internal diameter of 0.3 m including a 2 m long 
aerated standpipe with an internal diameter of 0.08 m and two glass cyclones, to guarantee a 
good recirculation of solids from the riser to the fluidized bed. The solids flux is mechanically 
controlled by means of a diaphragm valve. Air is delivered by a 90 kW screw compressor. 
The dry air coming from the compressor is humidified by adding steam. The solid particles 
are either silica sand particles (260µm, 2650 kg/m³) or FCC regenerated catalyst particles (77 
µm, 1550 kg/m³). The set-up is completed with a 3D Laser Doppler Anemometer which 
enables the measurement (2D and 3D) of the solid phase (particle) velocities. The 
recirculation loop also includes a quick closing valve used for the measurement of the solids 
flux. Operating conditions of the cold-flow installation correspond to FCC and combustion 
process working conditions (Geldart A and B particles, mean particle diameter 77 µm to 260 
µm, solid fluxes 0-400 kg/m²/s (mass flow rates up to 11.5 tons/hr), superficial gas velocities 
of 4-15 m/s (gas flow rates of 115-425 m³/hr), temperature and pressure: 25 °C and 1.2 bar 
abs., relative humidity: 60-80 %). 
 
Experimental studies show that the flow inside the riser is strongly transient and oscillates 
with characteristic frequencies depending on the conditions of the flow. The size, shape and 
the movement of particles and clusters of particles are highly time-dependent and 3D in 
nature, especially near the riser inlet and outlet. The gas-solid flow pattern in the riser follows 
a core-annular structure, especially at lower gas velocities (< 4 m/s). The core is situated in 
the center of the riser where the majority of the gas flows and the solids fraction is low(er). 
The annulus is formed near the wall with a considerably higher solids volume fraction and, 
hence, a lower, sometimes even downwards oriented solids velocity. 
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Chapter 2 reports on the experimental study of the hydrodynamics of gas-solid flow in a 0.1 
m diameter and 8.5m tall cylindrical LCT riser by means of Laser Doppler Anemometry 
(LDA). Mean and fluctuating velocities of non-spherical (silica, FCCU, glass) particles are 
measured for low solid fluxes (2-10 kg/m²/s) and medium air velocities (5-10 m/s) at different 
heights. Measured mean velocities show the typical core-annulus structure as seen by many 
other researchers. The measured profiles are asymmetric, showing the importance of in- and 
outlet effects (see next chapters). A swirling movement in a horizontal plane was detected.  
 
Root Mean Square (RMS) fluctuating velocity measurements reveal an anisotropic 
fluctuation structure within the riser. Fluctuating axial/radial particle velocity fields reveal 
that particle fluctuating velocities in the axial direction are 2-3 times larger than the particle 
fluctuating velocities in the radial direction. The ratio of axial to radial fluctuations increases 
with the riser height, confirming that solid phase turbulence anisotropy is inherent to fully 
developed gas solid flow. Solid phase turbulence intensities rise to about 10% in the centre 
and 20% near the wall. Moreover time series for the lowest velocities, show the appearance of 
characteristic 0.5-2 Hz oscillations, typical for mesoscale cluster phenomena. These and other 
experimental data can be used for the validation of different aspects of the present 3D 
hydrodynamic models for two-phase flow calculation. 
 
A complete 3D flow mapping is performed not only to resolve the flow patterns inside the 
riser, but also to account for the riser inlet and outlet effects adequately. The influence of the 
inlet configuration for the solid material on the flow pattern in dilute circulating fluidized 
beds is investigated in Chapter 4. Simulation results for a solids’ side inlet configuration are 
qualitatively verified using 3D LDA data of the cold-flow CFB pilot unit at the LCT in 
Chapter 5. The side inlet used for solids feeding is positioned 0.58 m above the gas inlet and 
makes a 35° angle (Y-inlet configuration) with the riser axis. The cold-flow pilot unit is 
operated in the dilute regime with a superficial gas velocities of 5.3-7.4 m/s and solid fluxes 
of 0.5-4.5 kg/m²/s. Experimental and simulation results show that, in the vicinity of the solids 
inlet, radial gas-solids mixing is hindered and bypassing of the solids jet by the gas occurs, 
resulting in steep velocity gradients and off-centre maxima in the solids velocity field. The 
feeding conditions and the type of the solids (dimension, density) affect the bottom operation 
of the riser and the gas-solids mixing at the solids inlet to a large extent: large particles extend 
the acceleration zone in the bottom of riser (that is, before a fully-developed flow pattern is 
observed) and low gas flow rates and/or high solids feeding rates result in an increased 
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downwards oriented penetration depth of the solids jet and in explicit bypass zones in the riser 
region facing the inlet. High Root Mean Square (RMS) fluctuating particle velocities are 
observed at the solids jet boundaries. A non-aerated Y-inlet solids inlet configuration causes 
vortex formation near the solids inlet , inducing a small reflux into the upper dilute part of the 
standpipe (solids inlet pipe). The influence of a dilution of the inlet solids jet is also 
investigated using an “aerated” inlet configuration. Aerated inlets result in an improved radial 
mixing of gas and solid and a better entrainment of the solids by the gas, less pronounced 
bypass zones and a firm reduction of the downwards oriented penetration depth, improving 
the gas-solids mixing and causing more uniform fluctuating motions. In the 0.1 m diameter 
riser, radial mixing quickly dissipates the non-uniformities introduced by the solids Y-inlet. 
Reflection phenomena can, however, occur when a non-aerated solids inlet is used. 
 
The LCT gas-solid in-house developed software code is capable of describing the 
experimentally observed mixing behavior. Radial mixing of the solids is seen to be hindered, 
due to bypassing of the gas via the outer ring around the inlet jet. At the height of the solids 
inlet, the gas is seen to flow preferentially aside of the solids inlet and at the riser region 
opposite to the riser. This results in vortex formation, responsible for the primary mixing of 
gas and solids.  
 
The LCT riser simulations show that inlet and outlet configuration effects are not 
independent, but interact. This has an important impact on radial mixing. The bypassing 
effects do not always quickly disappear. Inlet and outlet effects can oppose one another or can 
cooperate, resulting in a complex riser behaviour.  
 
Outlet effects induced by an L-outlet and T-outlets with different extension heights (0m-
0.13m-0.34m) and outlet surface areas (0.1-0.05m diameter) are studied experimentally and 
computationally in Chapter 6, in the same LCT cold-flow riser operated in the dilute regime 
with superficial gas velocities of 2.65-7.43 m/s and solids fluxes ~ 3.0 kg/m2/s. The mean and 
fluctuating particle velocities are measured using the 3D LDA. A T-outlet configuration 
induces recirculation by vortex formation in the extension part of the riser above the outlet, 
resulting in steep velocity gradients and off-centre maxima in the solids velocity field. This 
vortex has a 3D nature, but recirculates the flow along the riser wall opposite to the riser 
outlet, inducing a solids reflux along the riser wall to about 0.1m upstream of the riser outlet. 
High RMS fluctuating particle velocities at the vortex boundaries and a clear anisotropy 
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between the axial and radial fluctuating particle velocities have been observed. The vortex is 
affected by the extension height and stretches with growing extension height. The use of an L-
outlet (no extension) significantly reduces the vortex formation. With decreasing outlet 
surface area, the overall solids hold-up in an abrupt T-outlet increases and the recirculation 
zone at the side opposite the riser outlet opening broadens. With increasing gas flow rate, the 
vorticity magnitude of the vortex and the fluctuating RMS velocities increase, but the axial 
and radial position of the vortex and the anisotropy of the fluctuating particle velocities are 
hardly affected.  A reduction of the outlet surface area of a T-outlet results in overall higher 
axial and radial particle velocities near the outlet opening and in an increased solids hold-up 
in the extension part (T-outlet) of the riser. The experimental measurements are again used to 
validate the LCT gas-solid in-house developed software. In general, both for the T- and the L-
outlet configuration, the 3D simulation results are in agreement with the experimentally 
observed phenomena, that is 3D vortex formation is simulated, but the exact length, shape and 







Met enkele recent opgestarte projecten heeft het Laboratorium voor Chemische  Technologie 
(LCT) van de Universiteit Gent zich geëngageerd in een nieuw onderzoeksdomein, nl. de 
hydrodynamica van gas-vast stroming. De projecten variëren over een breed gebied, gaande 
van de ontwikkeling van nieuwe reactor-technologieën tot de ontwikkeling van hoogwaardige 
software. Door de fundamentele aanpak van het onderzoek groeide de nood aan een 
experimentele opstelling ter ondersteuning en validatie van de ontwikkelde software. Dit 
resulteerde in de bouw van een cold-flow pilootinstallatie voor experimenteel onderzoek naar 
het hydrodynamisch gedrag van (katalysator)deeltjes in C(irculerend) (Ge)F(luïdizeerd) B(ed) 
reactoren (CFB), ook risers genoemd. 
 
Risers vinden veelvuldige toepassingen in grootschalige processen in de (petro)chemische 
nijverheid omwille van de vele voordelen die deze reactoren bieden, o.a. op het gebied van 
massa- en warmteoverdracht tussen de gasfase en de vaste fase. De snelle menging van beide 
fazen resulteert in een bijna isotherme operatie. Het opereren van risers kan continu, efficiënt, 
vlot en betrouwbaar geschieden. De voornaamste nadelen van risers zijn attritie en/of breuk 
van de katalystordeeltjes en erosie van de buizen. 
 
De bekendste toepassing van de riser technologie is ongetwijfeld de katalytische kraking van 
zware aardoliefracties tot lichtere, meer waardevolle koolwaterstoffen, )luid &atalytic 
&racking of )&&. In de loop van tientallen jaren industriële toepassing evolueerde dit 
katalytische raffinageproces van een eenvoudig benzineproductieproces tot een zeer flexibel 
raffinageprocédé; een evolutie die ook nauw verbonden is met de ontwikkeling van steeds 
nieuwere en actievere krakingskatalysatoren. Een meer recente toepassing van de riser 
technologie, gesitueerd in een zeer verschillend toepassingsdomein, is het 6O2 and 1Ox 
$dsorption3rocess (61$3). Dit proces, ontwikkeld door het Deense FLS-miljö, beoogt een 
belangrijke reductie van de secundaire afvalstromen bij de zuivering van rookgassen van 
elektriciteitscentrales. Het aandeel van het LCT in de ontwikkeling van deze nieuwe 
technologie situeert zich in twee onderzoeksdomeinen. Enerzijds werd een bench-scale 
experimentele opstelling gebouwd voor kinetisch onderzoek naar de adsorptiekarakteristieken 
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van SO2 en NOx op het adsorbens. Anderzijds werd de ontwikkeling gestart van hoogwaardige 
Computational Fluid Dynamics (CFD) software.  
 
Ondanks het wijdverbreide gebruik van de riser technologie blijft de ontwikkeling en de 
opschaling van risers gecompliceerd, vooral door de hydrodynamica van de twee-fazen 
stroming in de riser enerzijds (en de daaraan gekoppelde moeilijkheden om metingen uit te 
voeren op gas-vast twee-fazen stroming) en de wisselwerking tussen hydrodynamica en 
kinetiek van het proces anderzijds. Een compleet softwarepakket bestaande uit een kinetisch 
model én een reactormodel moet beschikbaar zijn. Pas dan is het mogelijk om binnen wijde 
grenzen door berekening aan opschaling en optimalisatie van een proces enerzijds of 
ontwikkeling van nieuwe technologieën anderzijds te werken.  
 
Met de exponentiële toename van de computercapaciteit kende ook de ontwikkeling van 
steeds nauwkeuriger hydrodynamische modellen een grote vlucht. Hedendaagse modellen 
gebruiken de fundamentele vergelijkingen van de stromingsmechanica: massa-, momentum- 
en energievergelijkingen (behoudswetten van massa, momentum en energie). Analytische 
oplossing van de Navier-Stokes vergelijkingen is meestal niet mogelijk. In deze gevallen moet 
het stelsel behoudsvergelijkingen numeriek opgelost worden. Voor ingenieurstoepassingen 
worden de zogenaamde 5eynolds-gemiddelde ($veraged) 1avier-6tokes (5$16) 
vergelijkingen opgelost: de snelheid wordt ontleed in een gemiddelde snelheid en een 
fluctuerende snelheid. De RANS vergelijkingen bevatten dan gemiddelde termen en de 
fluctuerende termen. De fluctuerende termen introduceren 6 nieuwe onbekenden  die moeilijk 
te berekenen zijn.  De RANS vergelijkingen worden ‘gesloten’ via een gepast 
turbulentiemodel (bv. k-ε model).  Naast de set behoudsvergelijkingen, is er een set 
constitutieve vergelijkingen die verschillende andere modellen, zoals een meesleuringsmodel 
omvat. 
Voor de verdere ontwikkeling van de modellen zijn meer precieze hydrodynamische metingen 
nodig van axiale en radiale vastestof fluxen, van gemiddelde lokale en fluctuerende gas- en 
deeltjessnelheden en van concentratieprofielen. De behouds- en constitutieve vergelijkingen 
kunnen verfijnd worden door het in rekening brengen van deeltjesgroottedistributies, van 
vormfactoren en oppervlakte-eigenschappen, van deeltjesbotsingen,  van turbulentie op grote 
schaal, van de interactie tussen de fasen, van instantane snelheids- en radiale distributie 
functies, van externe krachten (bv. Magnus-effect), van clustervorming… 
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Binnen het kader van de hierboven beschreven problematiek wordt aan het LCT gewerkt aan 
de ontwikkeling van een transiënt driedimensionaal hydrodynamisch model (Euler-Euler) 
voor de beschrijving van de hydrodynamica in riser reactoren, gebaseerd op de 
tijdsafhankelijke RANS vergelijkingen voor de gasfase en de vaste fase, vervolledigd met 
turbulentiemodellen voor de beide fasen, FLOW-ME (De Wilde et al., 2000-2005). Transiënte 
modellen zijn immers zeer schaars (Benyahia et al. 3-D model (1999), Neri & Gidaspow 2-D 
model (2000), De Wilde et al. 3-D model (1999)).  FLOWME moet verfijnd worden voor 
simulaties van risers met kleine diameters (i.e. kleiner dan 0.2 m), waar wandeffecten de 
stroming sterk beïnvloeden.  
 
Het numerieke oplossen van het stelsel behouds- en constitutieve vergelijkingen resulteert in 
snelheids- en concentratievelden voor de beide fasen in axiale en radiale richting in een riser. 
Indien aan FLOW-ME een kinetisch model gekoppeld wordt (FLOW-MER) kunnen 
vervolgens conversies en product opbrengsten berekend worden. Om de modellen toegepast 
in FLOW-ME(R) met voldoende vertrouwen te kunnen toepassen is validatie nodig. Validatie 
van de hydrodynamische berekeningsresultaten kan door het opmeten van  de snelheidsvelden  
in een geometrisch gelijkaardige, experimentele opstelling met voldoend grote afmetingen.  
 
Deze overwegingen resulteerden in de bouw van een pilootinstallatie voor de studie van het 
hydrodynamisch gedrag van gas-vast mengsels in risers. Er werd geopteerd voor een 
zogenaamde cold-flow opstelling. Het onderzoek wordt dus beperkt tot het opmeten van niet-
reactieve stroming. In de riser van de pilootinstallatie worden de snelheidsprofielen van de 
vaste deeltjes opgemeten in 3 dimensies.  
 
In september 1999 werd het ontwerp van de cold-flow installatie aangepakt. De eigenlijke 
bouw van de installatie werd gerealiseerd van januari 2001 tot en met maart 2002. Op 15 april 
2002 werd de eenheid operatief. De eerste experimenten werden uitgevoerd in april 2002.  
 
Het doel van dit doctoraat is het ontwerp en de bouw van de cold-flow installatie (Hoofdstuk 
2) en de oplevering van experimentele gegevens (Hoofdstukken 3, 4, 5, 6), om het 
hydrodynamisch model FLOW-ME, ontworpen op het LCT, te valideren. 
  
De cold-flow installatie bestaat uit een 8,7 m hoge PMMA riser met een interne diameter van 
0,1 m, een 4 m hoog gefluïdizeerd bed met een inwendige diameter van 0,3 m, met inbegrip 
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van een 2m hoge geaëreerde standpijp met een inwendige diameter van 0,08 m en twee glazen 
cyclonen, die de scheiding van vaste stof en lucht, met het oog op de recirculatie van vaste 
deeltjes uit de riser naar het gefluïdizeerd bed, garanderen. De vaste stofflux wordt 
mechanisch geregeld door middel van een diafragma regelafsluiter. Lucht wordt geleverd 
door een 90 kW schroef compressor. De droge lucht geleverd door de compressor wordt 
bevochtigd door stoom toe te voegen. De vaste deeltjes zijn silica zand deeltjes (260µm, 2650 
kg/m³) of geregenereerd FCC katalysator deeltjes (77 µm, 1550 kg/m³). De pilootinstallatie 
werd voorzien van een 3D /aser 'oppler $nemometer (/'$) waarmee de meting (2D en 
3D) van de vaste fase (deeltjes) snelheden mogelijk is. De recirculatie lus voor de vaste 
deeltjes bevat ook een snelsluitklep die gebruikt wordt voor de meting van de flux aan vaste 
stof. De werkingscondities van de cold-flow installatie komen overeen met FCC en 
kolenverbranding procesvoorwaarden (Geldart A en B deeltjes, gemiddelde deeltjes diameter 
77 µm - 260 µm, vaste stof flux 0-400 kg/m²/s (of massadebieten tot 11,5 ton/hr), superficiële 
gas snelheden van 4-15 m/s (gasdebieten van 115-425 m³/hr), temperatuur en druk: 25 ° C en 
1.2 bar abs. relatieve luchtvochtigheid: 60-80%). 
  
Experimentele studies (Hoofdstuk 3) in de 0.1 m diameter riser van het LCT tonen aan dat de 
stroming sterk transiënt is en dat deze met karakteristieke frequenties oscilleert. Gemiddelde 
en fluctuerende snelheden van niet-bolvormige (silica, FCCU, glas) deeltjes worden gemeten 
voor deeltjesfluxen (2-10 kg/m²/s) en luchtsnelheden (5-10 m/s) op verschillende riser 
hoogtes. De grootte, vorm en de beweging van deeltjes en van de deeltjes clusters zijn sterk 
tijdsafhankelijk en 3D van aard, en dit vooral in de (vaste stof) inlaat- en uitlaatzone van de 
riser. Het gas-vast stromingspatroon in de riser volgt een kern-ringvormige structuur, met 
name bij lage snelheden van het gas (< 4 m/s). De kern wordt opgemeten in het centrum van 
de riser en gekenmerkt door een hoge  gas concentratie en een lage  vaste stof concentratie. 
De ring wordt opgemeten nabij de wand en vertoont een aanzienlijk hogere vaste stof fractie 
en, als gevolg hiervan, een lage gassnelheid. Afhankelijk van de werkingscondities kan, 
vooral nabij de uitlaat van de riser een neerwaarts georiënteerde stroming van vast materiaal 
opgemeten worden. De gemeten profielen zijn asymmetrisch, waaruit blijkt hoe belangrijk in- 
en uitlaat effecten kunnen zijn (zie volgende hoofdstukken). Een wervelende beweging in een 
horizontaal vlak werd tevens gedetecteerd.  
  
Snelheidsmetingen onthullen anisotrope fluctuaties: fluctuerende deeltjessnelheden in de 
axiale richting zijn 2 tot 3 keer groter dan de fluctuerende deeltjessnelheden in radiale 
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richting. De verhouding van axiale, radiale anisotropie neemt toe met de hoogte in de  riser. 
Dit bevestigt dat turbulenties anisotropie inherent is aan volledig ontwikkelde gas-vast 
stroming. (Deeltjes)turbulentie intensiteiten worden groter dan 10% in het centrum van de 
riser en meer dan 20% in de buurt van de wand. Bovendien vertonen tijdsreeksen voor de 
laagste snelheden karakteristieke oscillaties (0,5-2 Hz), typisch voor meso schaal fenomenen 
zoals clustervorming. Deze en andere experimentele gegevens kunnen gebruikt worden voor 
de validatie van verschillende aspecten van de huidige 3D-hydrodynamische modellen voor 
gas-vast stroming. 
 
Een volledig 3D stromingsbeeld wordt experimenteel verkregen, niet alleen in de zone met 
volledig ontwikkelde stroming (de zone halverwege de riser hoogte), maar ook werden inlaat 
en uitlaat effecten adequaat in kaart gebracht. De invloed van de inlaat-configuratie op het 
stromingspatroon in risers (bij verdunde stroming) wordt onderzocht in Hoofdstuk 4. 
Simulatieresultaten voor een zijdelingse inlaat configuratie worden kwalitatief vergeleken met 
behulp van 3D-LDA data die opgemeten worden in de cold-flow CFB installatie op het LCT 
(Hoofdstuk 5). De zij-inlaat is hierbij 0.58m hoger gepositioneerd dan de gasinlaat en maakt 
bovendien een 35 ° hoek (Y-inlaat configuratie) met de riser-as. De cold-flow installatie 
wordt geopereerd in het verdunde stromingsregime met superficiële gas snelheden van 5.3-7.4 
m/s en vaste stof fluxen van 0,5-4,5 kg/m²/s. Experimentele en simulatie resultaten leren dat, 
in de buurt van de vast stof inlaat, radiale gas-vast menging wordt belemmerd en dat bypass 
van de vaste stof jet (inlaat) door het gas optreedt, resulterend in grote snelheidsgradiënten en 
niet-centraal gepositioneerde maxima in het snelheidsveld van de vaste deeltjes.  
 
De werkingsvoorwaarden en de aard van de vaste stof (deeltjesgrootte, dichtheid) hebben een 
invloed op de menging van de vaste deeltjes en het gas, vooral in de nabijheid van de vaste 
stof inlaat van de riser: grote deeltjes breiden de versnellingszone uit (i.e. een volledig 
ontwikkeld stromingspatroon wordt minder snel ontwikkeld) en lage gas stromingssnelheid 
en/of hoge deeltjes fluxen resulteren in een neerwaartse gerichte jet (inlaat) van vaste deeltjes, 
resulterend in zones met bypass van de vaste deeltjes door het gas. Hoge 5oot 0ean 6quare 
(506) fluctuerende deeltjessnelheden worden waargenomen in en rond de stroming bij de 
inlaat van de vaste deeltjes. Een niet-beluchte Y-inlaat configuratie veroorzaakt vortex 
vorming in de buurt van de inlaat en resulteert in een kleine terugvloeiing van vaste deeltjes in 
het bovenste gedeelte van de standpijp (vaste stof inlaatpijp). De invloed van verdunning en 
beluchting van de vaste stof stroom in de standpijp wordt ook onderzocht. Beluchte inlaten 
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resulteren in een verbeterde radiale menging van gas en vaste deeltjes, in een verbeterde 
meesleuring door het gas, in minder uitgesproken bypass zones en in een stevige afname van 
de neerwaartse georiënteerde beweging van de vaste stof deeltjes, en dus in meer uniforme 
fluctuaties. In de 0,1 m diameter riser worden via radiale menging de niet-uniformiteiten snel 
gedissipeerd.  
  
De LCT softwarecode FLOW-ME(R) laat toe al deze experimenteel waargenomen 
fenomenen te berekenen. Radiale menging van vaste stof wordt belemmerd, als gevolg van 
het omzeilen van het gas via de buitenste ring rondom de inlaat deeltjes jet. Ter hoogte van de 
inlaat, stroomt het gas preferentieel langs deze jet van vaste deeltjes en bij lage 
inlaatsnelheden is dit vooral in regio tegenover de inlaat van vaste deeltjes in de riser. Dit 
resulteert in vortex vorming, die verantwoordelijk is voor de primaire menging van gas en 
vaste deeltjes.  
  
De LCT risersimulaties tonen aan dat inlaat- en uitlaatconfiguratie-effecten niet onafhankelijk 
zijn, maar interactief. Ook dit heeft een invloed op de radiale menging. De bypass-effecten, 
beschreven voor de deeltjes jet, verdwijnen niet altijd even snel. In- en uitlaat effecten kunnen 
interfereren met elkaar of kunnen zelfs samenwerken, resulterend in een globaal complex 
stromingsgedrag, i.e. zonder zone met volledig ontwikkelde stroming.  
  
Uitlaateffecten geïnduceerd door een L-uitlaat en T-uitlaat met verschillende extensiehoogtes 
(0 m-0.13 m-0.34 m) en uitlaatopeningen (0.1-0,05 m diameter) worden experimenteel en 
rekenkundig bestudeerd in de LCT cold-flow riser (Hoofdstuk 6), in het verdunde 
stromingsregime met superficiële gas snelheden van 2.65-7.43 m/s en vaste stof fluxen ~ 3,0 
kg/m2/s. De gemiddelde en de fluctuerende snelheden worden opnieuw gemeten met behulp 
van de 3D-LDA. Een T-uitlaat configuratie induceert recirculatie (vortex vorming) in het 
gedeelte van de extensie boven de riser uitlaat, wat  resulteert in grote snelheidsgradiënten en 
niet-centraal gelegen maxima in deeltjessnelheidsprofielen. De vortex is 3D van aard, maar 
recirculeert de deeltjes hoofdzakelijk langsheen de riser wand tegenover de uitlaatopening, tot 
ongeveer 0,1 m stroomopwaarts van de uitlaat. Hoge RMS fluctuerende deeltje snelheden 
worden opgemeten nabij de grenzen rondom de recirculatielus. Anisotropie tussen axiaal en 
radiaal fluctuerende deeltje snelheden worden opnieuw waargenomen. De recirculatielus 
wordt beïnvloed door de extensiehoogte en strekt zich uit met toenemende extensiehoogte.  
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Het gebruik van een L-uitlaat configuratie (uitlaat zonder extensie) vermindert aanzienlijk de 
grootte van de waargenomen vortex. Met afnemende uitlaat oppervlakte, wordt de totale hold-
up in de riser groter en breidt de recirculatie zone zich hoofdzakelijk uit aan de zijde 
tegenover de riserwand. Met toenemende gasstroom wordt de vortex groter. De fluctuerende 
RMS snelheden zijn het grootst nabij de randen van deze vortex, maar de axiale en radiale 
positie van de vortex en de anisotropie van de fluctuerende deeltjessnelheden worden 
nauwelijks beïnvloed. Een kleiner uitstroomopening van een T-uitlaat resulteert in hoge axiale 
en radiale deeltjessnelheden in de buurt van de uitlaat opening, wat resulteert in een 
verhoogde hold-up van vaste deeltjes in het extensie gedeelte van de T-uitlaat.  
 
De experimentele metingen werden ook hier gebruikt voor het valideren van de 
rekenresultaten verkregen met FLOW-ME(R). In het algemeen, zowel voor de T- als de L-
uitlaat configuratie, zijn de 3D-simulatie resultaten in overeenstemming met de experimenteel 
waargenomen verschijnselen: een 3D vortex wordt berekend, maar de exacte lengte, vorm en 




































1       position vector in Cartesian system                  m 
2      position vector in Cartesian system                  m 
3      position vector in Cartesian system                  m 
a  constant        - 
A(riser)  cross sectional area of riser      m² 
Ar  Archimedes number       - 
C  constant        - 
d     diameter        m 
df  fringe spacing        mm 
dp      particle diameter       m 
D     diameter        m 
Dv50  50% cut particle diameter      µm 
e  restitution coefficient particle-particle collisions   - 
ew  restitution coefficient of particle-wall collisions   - 
FS  (solids) mass flow rate      kg s
-1   
fD   (Doppler) frequency       Hz  
g  gravity (gravitational constant)     m s-2 
G,Gs   solid mass flux       kg m
-2.s-1 
H     (riser) height        m 
k   turbulent energy gas phase        J kg -1 
L  length         m 
n,m  refractive index       (-) 
n      mol number        mol 
Ne   the effective number of rotations made by the gas in the cyclone - 
Ntc   number of rotations made by the gas in the cyclone   - 
p       pressure         barg 
3       gas phase pressure        N m-2 
Pr     Prandtl number,        - 
3      solid phase pressure                                   N m-2 
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   kinetic energy gas/solid phase         m2 s-2 
4  volumetric Flow rate       m³ h-1 
    position vector       [m, m, m] 
5       ideal gas constant        J mol-1 K-1 
Re     Reynolds number       - 
RH  relative humidity       % 
V    viscous stress tensor            kg m-1.s-2 
S       surface area        m2 
6F      Schmidt number       - 
63       Set pressure         barg 
t  time         s  
7       (gas phase) temperature      K 
X       instantaneous, locally averaged velocity of the gas phase  m s-1  
X′      turbulent fluctuation velocity of the gas phase                   m s-1 
X       time smoothed hydrodynamic velocity of the gas phase    m s-1 
ut, Y      terminal velocity of a single particle     m s
-1 
U  local velocity        m s-1  
Uo  superficial velocity       m s
-1  
Ufd  onset for pneumatic conveying     m s
-1 
Utf  lower bound for fast fluidization     m s
-1 
Y       instantaneous, locally averaged velocity of the gas phase  m s-1  
Y′      turbulent fluctuation velocity vector of the solid phase      m s-1 
Y       time smoothed hydrodynamic velocity of the gas phase    m s-1 
V    volume            m³ 
Z       instantaneous, locally averaged velocity of the gas phase  m s-1  

Z    turbulent fluctuation velocity vector of the solid phase      m s-1 
Z       time smoothed hydrodynamic velocity of the gas phase    m s-1 
W  wall thickness        mm 
Ws  (solids) mass flow rate      kg s
-1 
x       position vector in Cartesian system                  m 
x  fraction        - 
y      position vector in Cartesian system                  m 
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y1  distance of grid point neighbouring a solid wall to the actual m 
 solid wall 
z      position vector in Cartesian system                  m 
z      axial coordinate of the riser      m 

*UHHN1RWDWLRQV
α   (half) angle        °, radials 
β    interphase momentum transfer coefficient       kg m-3 s-1 
ε       dissipation of turbulent kinetic energy of the  gas phase  m2 s-3 
ε  volume fraction         - 
	ε     gas volume fraction       - 

ε       solid volume fraction  ( )ε−= 1      - 
  ,ε   radially averaged solid fraction     - 
12ε      dissipation of turbulence correlation     m
2 s-3 
γ   dissipation of kinetic fluctuation energy of the    kg m-1 s-3 
  solid phase by inelastic particle-particle collision 
γ    dissipation of granular temperature by inelastic    kg m-1 s-3 
 particle-wall collisions 
γ       ratio of specific heat of the gas =  FF /     - 
ρ     particle density of the solid       kg m-3 
ρ    density of the gas       kg m-3 
θ       granular temperature                                                                   m2 s-2  (J/kg) 
θ  (half) angle        °, radials 
ξ         bulk viscosity of solid phase                             kg m-1 s-1 
ξ         bulk viscosity correction of gas phase,     kg m-1 s-1 
         (= 0 for Newtonian fluid )   
12υ    kinematic viscosity of turbulence correlation,    m
2 s-1 

ν     kinematic turbulent viscosity of gas phase    m2 s-1 
λ    conductivity           W m-1K-1 
λ    wave length        nm 
κ    conductivity kinetic fluctuation energy solid phase      kg m-1s-1 
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µ       gas phase shear viscosity             kg m-1 s-1 
µ        solid phase shear viscosity             kg m-1 s-1 
φ ’    specularity factor       - 
φ s  sfericity        - 
W∆      real timestep        s 
]\[ ∆∆∆ ;;    grid size in x,y,z direction      m 

$GGLWLRQDO1RWDWLRQV
      time smoothed mean 
′   fluctuating part 
_  vector 
  tensor 

6XEVFULSWV6XSHUVFULSWV
1,2  medium 1, 2 
acc  acceleration 
b        bottom 
c      collisional, cyclone, compressor 
cat  catalyst 
CH  choking 
d       dilute phase 
e(ff)     effective 
emul  emulsion 
ext  external 
f  fluid, fringe 
g       gas phase 
in        inlet 
int  internal 
L  load 
max  maximum 
mb  minimum bubbling 
min  minimum 
mf  minimum fluidization 
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out      outlet 
o  superficial, z (height) = 0 
or  orifice 
out  outlet 
p       (individual) particle 
s       solid /catalyst 
skel  skeletal  
sp   solid phase 
t     turbulent, tangential, terminal, tube 
tf  transport fluidization (lower bound for fast fluidization) 
tr  transport 
turb  turbulent 
u     upward, unload 
w      wall 
 
$EEUHYLDWLRQV
ASTM  American Society for Testing and Materials 
BSA  Burst Spectrum Analyser 
CFB  Circulating Fluidized Bed 
CFD  Computational Fluid Dynamics 
FAD  Free Air Delivery (Nm³h-1) 
FCC  Fluid Catalytic Cracking 
GSA  Gas Suspension Adsorber 
HWA  Hot Wire Anemometry 
IFP  Institut Français du Pétrole 
KTGF  Kinetic Theory of Granular Flow 
LCT  Laboratorium voor Chemische Technologie 
LDA  Laser Doppler Anemometry 
PDA  Phase Doppler Anemometry 
PIV  Particle Image Velocimetry 
PMMA Poly Methyl Methacrylate  
RH  Relative Humidity 
RMS  Root Mean Square 
SNAP  Simultaneous SO2 and NOx Adsorption Process 
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The Laboratory for Chemical Technology (LCT) engaged into a new research domain, the 
hydrodynamic modelling of gas-solid two phase flows, some 15 years ago. Several projects cover 
both the development of new reactor technologies and highgraded Computational Fluid 
Dynamics (CFD) software. The fundamental approach in this research caused a growing need for 
a new experimental set-up to support the developments. Therefore the LCT of Ghent University 
developed and constructed a cold flow riser unit.  
 
 
This cold-flow pilot plant allows experimental research on the hydrodynamic behaviour of 
(catalyst) particles in so-called riser reactors. Riser reactors or Circulating Fluidized Bed Reactors 
(CFB), find numerous applications in large scale processes of the (petro)-chemical industry. The 
main reasons for the latter are the advantages of CFBs for mass- and energy transport between 
the gas phase and the solid phase in the reactor. Rapid mixing of the solid phase and the gas 
phase results in almost isothermal operational conditions. The operating of CFBs is continuous, 
efficient and reliable. The disadvantages are catalyst attrition and breakage, and erosion of the 
reactor walls due to abrasion by the solid particles. 
 
The best known application of riser technology is the Fluidized Bed Catalytic Cracking (FCC) of 
heavy oil fractions to lighter, more valuable hydrocarbons (Figure 1.1). Over the years this 
important catalytic process has evolved from an important gasoline production process to a 
flexible refinery process; an evolution which is closely linked to the ever improving activity of 
new cracking catalysts. Moreover FCC is subject to the development of new reactor technologies 
like R(eactor)2R(egenrators) by IFP, D(ual) S(olid) C(racking), etc… . FCC and in particular the 







Figure 1.1: Fluid Catalytic Cracking Unit 
 
A more recent application of riser technology is the SO2 and NOx Adsorption Process (SNAP, 
Figure 1.2). This riser application, developed by the Danish company FLS-Miljö, aims at the 
reduction of secondary waste streams by cleaning the flue gases of modern power plants (De 
Wilde et al., 2000). The LCT contribution in the development of this technology is on the one 
hand the construction of a bench-scale experimental set-up for kinetic research on the adsorption 








integrated simulation tool including both a kinetic model and a reactor model for the complete 
simulation of the SNAP process. 
 
 
Figure 1.2: SO2 and NOx Adsorption Process by FLS-Miljö 
 
Besides this, the LCT is also involved in the application of riser technology for the oxidation of 
o-xylene into phthalic anhydride using a V2O5/TiO2 catalyst. The commercially used fixed bed 
technology for the latter reaction suffers from low capacities and selectivities due to the explosive 
behaviour of some of the o-xylene/O2 mixtures. The use of riser technology can avoid this 
problem. The development of a new fluidized bed technology for the oxidation of o-xylene into 
phthalic anhydride does not only require a detailed description of the kinetics (using Temporal 
Analysis of Products (TAP), plugflow reactor), but it also includes a hydrodynamic study of the 
flow phenomena in a fluidized bed technology for this process, including the determination of the 
fluidization properties and attrition sensitivity of the (new) catalyst.   
 
Except for the 3 processes studied at the LCT, numerous other processes make use of CFB’s (e.g. 
coal combustion (Figure 1.3), Fischer Tropsch synthesis (Sasol), partial oxidation of n-butane to 






(Exxon), selective oxidation of alkanes/alkenes). These CFB applications are not always 
commercialized yet, due to problems arising in the development phases: complexity of the 
reactor set-ups, uncertainty about scaling-up from pilot plant to commercial plant, development 
of attrition resistant catalysts, existence of a reactor model (kinetic + hydrodynamic). 
 
 
Figure 1.3: Coal Combustion Unit 
 
Despite their widespread application and application possibilities, the fluid mechanics of CFBs 
are not very well understood yet. This can be attributed, on the one hand, to the very complex 
hydrodynamics of these systems (and its impact on reaction kinetics) which complicate a 
thorough theoretical description and understanding and, on the other hand, to very specific and 
significant difficulties encountered in measuring local fluid mechanic properties in dense gas-
solid two phase flows. At the LCT, software is developed aimed at the scale-up of riser reactors. 
However, to use this software with confidence, validation of the codes is necessary. 
 
A complete hydrodynamic model which can be used for calculating the flow field in a fluidized 
bed reactor is based on the solution of the Navier-Stokes equations for both the gas phase and the 








solving these equations in 3D, yields the velocity and concentration (+ enthalpy) profiles for both 
gas and solid phases, both in axial, radial and azimuthal direction. Validation of the 3D-model 
requires the measurement of these profiles in 3D. TAP and plugflow experiments give good 
information about intrinsic kinetics; however they apply to completely different flow regimes 
than those seen in CFB reactors.  
 
Recent experimental and simulation studies show that the flow inside risers is strongly transient 
and oscillates with characteristic frequencies depending on the conditions of the flow (Gidaspow 
et al., 1994). The size, shape and the movement of particles and clusters of particles are highly 
time dependent and 3D in nature. The gas-solid flow pattern in the riser follows a core-annular 
structure, especially at lower gas velocities (< 4 m/s). The core is situated in the center of the riser 
where the majority of the gas flows and the solids fraction is low(er). The annulus is formed near 
the wall with a considerably higher solid fraction and, hence, a lower, sometimes even 
downwards oriented solids velocity. 
 
A complete 3D simulation is desirable not only to resolve such complex flow patterns inside the 
riser, but also to account for the riser inlet-outlet effects adequately. Transient (i.e. time-
dependent) 3D simulations of the gas-solid flow in risers are performed using a new density- 
based solution algorithm (De Wilde et al., 2000) for the set of conservation equations. Contrary 
to the conventional pressure-based solution algorithm used so far for riser simulation, the density-
based solution method uses the pre-conditioning of time derivatives, has no internal pressure and 
velocity correction loop and hence provides a much faster convergence. The conservation 
equations for both phases are constructed based on an Eulerian-Eulerian approach. The gas phase 
turbulence is modelled using a k-ε model and the solid phase turbulence properties are obtained 
by applying the Kinetic Theory of Granular Flow (KTGF) (Gidaspow et al., 1994). Nevertheless, 
the accuracy of the KTGF is not yet experimentally verified. Although KTGF looks the most 
promising theory to predict hydrodynamics in gas-solid systems an important goal is to verify its 
validity for using it in future two-phase reactor modelling. 
 
These considerations resulted in the need for the design and the construction of a pilot installation 






commercial reactors, for the study of the hydrodynamic behaviour of gas-solid mixtures in 
fluidized bed reactors. Further development and validation of the applied models requires precise 
measurements of axial and radial solid fluxes, of local mean and fluctuating gas and particle 
velocities, of concentration profiles. The governing conservation equations can be further tuned 
by using the appropriate, validated constitution equations, and by taking into account 
experimentally determined particle size distributions, particle shape factors, particle-particle 
collisions, particle-wall collisions and evalutating the effects of turbulence, interaction of phases, 
transient effects, external effects, wall effects, external forces, cluster formation, etc ….   
 
The project presented in this work consists of hydrodynamic and not kinetic research. Thus, it 
suffices to develop a so called cold-flow installation, which basically means that it suffices to 
blow sand or catalyst (or any other kind of particle) and through a (plexi)glass set-up. Both 
aspects (kinetics study and hydrodynamics study) are split into two parts, on the one hand for 
practical reasons, on the other hand because the mutual interaction/influence between kinetics 
and hydrodynamics can be neglected.  
 
A pilot scale cold-flow unit for hydrodynamic research on gas-solid two phase flow in risers was 
entirely designed and constructed at the LCT. In september 1999 the design of the cold-flow pilot 
was finished, together with the choice of an appropriate measuring system to carry out the 
velocity measurements: 3D Laser-Doppler-Anemometry. Construction of the unit took place 
from january 2001 to march 2002. On april 15th, 2002, the installation was commissioned. Full 




Laser Doppler Anemometry has become an important tool for non-intrusive measurement of 
velocities and turbulence in multiphase flows. So far, only 3 techniques for the measurement of 
turbulent fluctuations are available which have sufficiently high spatial and temporal resolution 
to cover the size distribution of turbulent eddies (Van Maanen, 1999): Laser Doppler 
Anemometry (LDA)- Phase Doppler Anemometry (PDA), Particle Image Velocimetry (PIV) and 








wire, the latter is not suited for the use in gas solid flows. PIV is a suitable technique, but is 
limited to measurements in 2D. Moreover, LDA-PDA enables the measurement of higher 
turbulence intensities. The disadvantages, however are the high noise level, especially in 
backscatter applications and the random sampling caused by the need of “seeding the flow” (Van 
Maanen, 1999). 
The invention of LDA resulted in an increasing number of publications focussing on local 
velocity measurements of both gases and/or solid particles in dilute and/or dense phase gas-solid 
flows (risers, pneumatic conveying tubes, jets, etc…). An excellent review of LDA can be found 
in Durst Melling and Whitelaw (1982). Other researches were done by Birchenough and Mason 
(1976), Lee and Srinivasan (1978).  
Tsuji and Morikawa (1984) measured air and particle velocities in a horizontal tube. Two kinds 
of plastic particles (3.4 and 0.2 mm diameter) were investigated. Later on, their work was 
extended to gas solid flow in vertical cylindrical tubes. Five kinds of plastic particles (3 mm to 
200 µm) were conveyed in a 30 mm diameter tube with mean air velocities from 8 to 20 m/s and 
solid loadings till 5. Gas flow was seeded with ammonium chloride particles and signal 
discrimination was based on the pedestal of the Doppler signal. It was found that large particles 
increased air turbulence while small particles reduce air turbulence intensity.   
Other research in vertical tubes was done by Maeda et al. (1989) using two kinds of glass beads 
(45 and 136 µm) and one kind of copper beads (93 µm) in 38 and 56 mm tubes with solids 
loadings less than 0.8 and gas velocities between 4.1 to 5.7 m/s. Lee and Durst (1982) conducted 
experiments in a 42 mm tube with air velocity at 5.7 m/s for four kinds of particles (100, 200, 
400, 800 µm) and loading ratios of 1.5-3.   
Zhou et al. (2000) characterized turbulence structures in the transition zone of a CFB with square 
cross section (222 * 222* 3 m) for a superficial gas velocity of 4.3 m/s and corresponding solids 
circulation rate of 13 kg/m²/s. Particles conveyed in the riser were 500 µm particles with density 
2300 kg/m³. Axial and radial velocity profiles were measured at different heights. Mean profiles 
show a core annulus structure while the temporal evolutions of solid velocity fluctuate with 
respect to time and space coordinate showing agitation and non homogeneities (clusters) with a 
time interval of about 0.1-0.2 s. Measurements also revealed anisotropic turbulence and turbulent 






particle fluctuating velocities showing anisotropic turbulence at all scales proving the local 
chaotic behaviour and fractal nature of turbulence. 
Wang et al. (1993) performed PDA measurements in a riser with square cross section (222 * 
222* 3 m) for superficial gas velocities of 4.2 m/s to 6.8 m/s and corresponding solids circulation 
rates 13 – 27.8 kg/m²/s. Particles conveyed in the riser were 530 µm particles with solid density 
2300 kg/m³. Vertical velocity profiles confirmed the core annulus flow structure, while particle 
turbulent energy profiles support the preferential formation of clusters in the annulus (low 
turbulent energy near the wall). Additional information such as time series embedding, principal 
component analysis and correlation dimension analysis computation can be found in Zhou et al 
(1999).  
Yang et al (1991) reported local particle velocity measurements for FCC particles (59 µm, 1474 
kg/m³) in a cylindrical riser with 140 mm inner diameter and 11 m height. Gas velocity was 4.33 
m/s and solids circulations rates 7.6-31.9 kg/m²/s. 
In Zhang and Arastoopour (1995-1996) an LDA system is used for the measurement of gas/solid 
velocities and particle sizes in a 2.74 high PVC riser with 5.08 cm inner diameter. FCC particles 
with 70 µm diameter and 1650 kg/m³ density were used. Axial and radial mean gas velocities, 
fluctuating gas velocities, mean solid velocities and fluctuating solid velocities and local size 
distribution were measured for superficial gas velocities between 1.85 and 4.5 m/s and solids 
fluxes 10-120 kg/m²/s. Simultaneous measurement of gas and solid velocities was possible due to 
amplitude discrimination, Arastoopour and Yang (1992).   
Van Den Moortel (1998) focussed on PDA measurements of glass spheres (2400 kg/m³, average 
120 µm) in the dilute zone of a cold flow CFB pilot (0.2 * 0.2 * 2 m square riser) with solid 
volume fraction till 3 % for a range of gas velocities from 0.8 to 1.2 m/s. Instantaneous axial and 
radial velocities and particle size were measured at different heights. A segregation phenomenon 
has been reported. 
The measuring technique was also used by Lesinski et al (1981) for simultaneous measurement 
of gas and solid velocities in an air jet in which a spherical powder (97 µm or 13.7 µm) was 
injected from one side. Gas flow was seeded with talcum 12 µm particles. Signal discrimination 
was done knowing that the PDF of the velocity output shows two distinct peaks corresponding to 








Ibsen et al. ( 2002) used PDA and PIV for obtaining particle velocities in various types of risers 
(glass particles in a 0.032m cylindrical CFB; various Geldart B type particles in a 1/9th scale cold 
CFB boiler with rectangular riser; IUSTI pilot scale CFB with rectangular riser with glass 
particles) at various conditions corresponding to (coal) boiler operations. In this study, also 
numerical predictions using an Eulerian-Eularian model are evaluated against the experimental 




This PHD focuses on the one hand on the design of a cold-flow pilot plant with sufficiently large 
dimensions (and which are hydrodynamic similar) as compared to commercial reactors, for the 
study of the hydrodynamic behaviour of gas-solid mixtures in fluidized bed reactors. Secondly, 
experimental data are obtained in the cold-flow riser and hereby testing a multiphase gas-solid 
flow model based on the Eulerian-Eulerian approach (De Wilde et al., 2001). The main goal is 
the provision of accurate velocity profiles (both mean and fluctuating velocities) in a cold-flow 
pilot plant and to highlight the weaknesses of the current model/code FLOW-MER. From the 
local instantaneous velocities, the mean and RMS velocity and stresses can be calculated and can 
be used for evaluating the overall predictability of the numerical code (both mean and fluctuating 
gas-solid flow in the riser). One refers to model ‘testing’, i.e. the evaluation of agreement of 
simulation results with experiments. 
Breton and Grace (1193) experimentally observed that the actual riser flow is highly transient 
with continuous formation and breakage of solid micro-structures called clusters. Pressure and 
voidage fluctuation studies in CRB risers (Dry and Christensen, 1988, Bai et al. 1996, Lin et al. 
2001) demonstrate that the gas solid flow is highly dependent with oscillations of different 
amplitude and frequency. 
The low frequency oscillations are well correlated and therefore occur globally in the entire riser 
causing large amplitude oscillation. The high frequency oscillations are not-well correlated. The 
latter exist even when the global loop instability manifested as large amplitude oscillations, is not 
present. Therefore, these high frequency oscillations in the riser are caused by cluster formation 
and breakage (Agrawal et al, 2001). The KTGF with a gas turbulence formulation is used. Since 






etc., it is necessary to perform the time dependent calculations on a fine grid. However, for 
situations where the effect due to meso-phase fluctuations are not so important (e.g. a flow with 
lower solid fractions (< 0.001), it is possible to obtain a reliable simulation using steady state 
calculations, cutting back enormously on computational time (especially an issue when using de 
in-house code FLOW-MER. 
When the flux is high (> 100 kg/m²/s), the interaction of the core and annulus increases 
significantly, leading to a continuous formation and breakage of solid meso-structures in the 
entire cross section of the riser. This causes a highly random fluctuation of the flow variables in 
the gas-solid suspension of the riser (Lin et al., 2001). However, the sizes of clusters and the 
probability of their formation usually decrease with an increase in the gas velocity (Wei et al., 
1994). The probability of cluster formation increases as the solid mass flux is increased of gas 
velocity is lowered. Thus for a very dilute phase flow (< 0.05), one can neglect the effect of 
clustering to a large extend. As the size of a cluster and the probability of its formation decrease 
with increasing gas velocity and decreasing solid flux, the calculations and the validation 
experiments in this PHD, are limited to dilute conditions (solid flux 0-12 kg/m²/s with most used 
3 kg/m²/s; gas velocities 3-15 m/s; solids concentration < 0.01%) where cluster formation is 
limited (only at very low velocities one observes clusters). Moreover, the LDA measurement 
technique has its limitations: in a region of high solid volumetric concentrations (3-5 %) light 
scattering from particles outside the measuring volume and blockage of the laser light become 




The thesis consists of a design part (Chapter 2) and an experimental part (Chapters 3-4-5-6). 
Chapter 2 describes basic and detailed engineering of the cold-flow pilot that was designed, 
constructed, commissioned and taken into service during this PHD. The remaining of Chapter 2 
also introduces principles behind the measuring technique LDA. Subsequent Chapters present 
experimental data obtained in the cold-flow pilot plant of the LCT. Chapter 3 is a pioneering 
publication (presented on the Fluidization IX conference in Italy (2005)) written in the early stage 
immediately after commissioning of the cold-flow pilot in 2002, in fact testing the facility. 








cylindrical riser low solid fluxes (2-10 kg/m²/s) and medium air velocities (5-10 m/s using (non-
spherical) silica particles. The original paper was upgraded (§3.7 and further) with more recent 
new data obtained in the period 2002-2005 focusing on the fully developed zone and using (non-
spherical) FCCU-E catalyst and (spherical) glass beads). The measured profiles are asymmetric, 
showing the importance of in- and outlet effects. Chapter 4-5 and 6 take a closer look at the 
experimental findings obtained in a 35° (aerated and non-aerated) Y-type inlet (Chapter 4-5) and 
in various (extended) T and L-type outlets (Chapter 6). These Chapters were published as A1-
papers in scientific journals (Powder Technology, Chemical Engineering Science resp.). In these 
Chapters, numerical model predictions are also tested against the experimental findings. The 
thesis is then closed in Chapter 7, with a conclusion and further recommendations for future 
work. Some additional information can be found in the Appendices A-D (A: pressure loop 
calculation of a CFB, B: cold-flow operating manual, C: additional paper testing the Eulerian-
Eulerian model in Fluent, D: slip versus no-slip solid phase boundary condition – comparison of 
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This paragraph describes the design of a cold-flow pilot that was constructed, commissioned and 
taken into service at the LCT during this project. Chapter 2 consists off: 
- A general description  
- Basic engineering (determination of equipment) 
- Detailed engineering (determination of dimensions)
The design of the cold-flow was performed by taking into account 2 theoretical design particle 
diameters, typical for Geldart A and B powders that are commonly used in CFB’s. Significant 
overdesign has been taken into account during design phase. The experiments were performed 
with real materials (Chapter 3), including particle size distributions. It is not until Chapter 3 that 




The cold-flow set-up, Figure 2.4-2.5, mainly consists of a 8.7m (plexi)glass riser having an 
internal diameter of 10 cm, a 4 m high fluidized bed with an internal diameter of 30 cm including 
a 2 m long aerated standpipe with an internal diameter of 8 cm and two glass cyclones, to 
guarantee a good recirculation of solids from the riser. The solids flux is mechanically controlled 
by means of a diaphragm valve. Air is delivered by a 90 kW screw compressor having a Free Air 
Delivery of 1000 m³/hr. The dry air coming from the compressor is humidified by adding steam. 
The solid particles are either silica sand particles (260 µm, 2650 kg/m³) or FCC regenerated 
catalyst particles (77 µm, 1550 kg/m³). The set-up is completed with a 3D Laser Doppler 
Anemometer which enables measurement (2D and 3D) of solid phase velocities. Pressure taps, 
attached each 0.5 m, ensure the measurement of the pressure drop along the riser. The 
recirculation loop also includes a quick closing valve used for the measurement of the solids flux. 
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Working conditions of the cold-flow installation correspond to FCC and combustion process 
working conditions (Geldart A and B particles, mean particle diameter 77 µm to 260 µm, solid 
fluxes 0-400 kg/m²/s (mass flow rates up to 11.5 tons/hr), superficial gas velocities of 4-15 m/s 
(gas flow rates of 115-425 m³/hr), temperature and pressure: 25 °C, 1.2 bar abs., relative 





















































1-5 RISER 18 REGENERATOR CYCLONE 
6 Outlet (elbow, T) 19 Dipleg 
8-9 Standpipe 20 Compensator 
10 Distribution plate 21 Air inlet 
11 Regenerator (fluid bed) 22 Solids inlet 
12 Dipleg 23 Diaphragm valve 
13 Regenerator (freeboard) 24 Primary cyclone 
14 Dipleg 25 Secondary cyclone 
15 Dipleg 26 Filter 
16 Dipleg 27 Quick closing valve 
17 Dipleg   
 
Figure 2.4: Schematic of the cold-flow CFB pilot at the LCT 
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In the riser particles (silica, FCC catalyst,  …) are transported upward by means of compressed 
air. The riser consists of a (plexi)glass cylinder of 8.765m height, consisting of 5 flanged 
segments. Initially a construction of plexiglass above pyrex glass was preferred because of the 
LDA measurements. Pyrex glass impacts the accuracy because of astigmatism (the wall thickness 
is not uniform) resulting in deformation or displacements of the measurement volume formed by 
the intersecting LDA laser beams. With 3D measurements, it is extremely difficult to make the  
intersect. All segments are moulded, leaving no stresses inside of the material segments and 
hereby avoiding changes in the polarity of the laser beams that could possibly impact on the 
interference pattern. Moreover, moulded segments have no internal stresses, resulting in a higher 
resistance towards external forces, making it more robust to vibrations and possible damage 
(breakage). A disadvantage of plexiglass is that it is less resistant to scratches. For this reason, the 
segments that are extremely sensitive to erosion (especially inlets and outlets, cyclones), are 
contructed from glass (Pyrex). The riser itself is believed to be less subsequent to high solids 
velocities because of the core-annulus flow pattern.  
Each interface between glass and plexiglass, is bounded by a compensator [20], compensating for 
the different thermal expansions between the materials and making the pilot more robust to 




The procedure for the design of the riser is the following. One must determine the type of 
transport (dilute or dense phase transport), the materials, the range of transport velocities, the 
riser geometry (inlet and outlet section), the transport tube height (constant solids velocity section 










2.2.1.2. Determination of the operating window 
 
The minimum allowable velocity of the gas in the riser, if carryover of solids is needed for 
circulation (fast fluidization, pneumatic conveying), is given by the minimum (vertical) transport 
velocity (choking velocity), required to be higher than the terminal velocity of the particles. The 
maximum allowable velocity is determined by the pneumatic conveying regime, where the 
system requires comparatively high gas velocities, with accompanying high frictional pressure 
drops, rapid attrition of the catalyst and severe erosion of the riser wall. In order to minimize 
these effects, the velocity should be kept as low as possible, governed by a lower limit 
determined by the conditions where solids settle out of the flowing stream. 

2.2.1.3. Calculation of the choking velocity 
 






































CH is the voidage in the pipe at the chocking velocity UCH. Equation (1) represents the solids 
velocity at chocking and assumes Uslip=Ut. Equations (1) and (2) must be solved simultaneously 






This results in the following values for for calculated choking velocity for Geldart A (typical 
FCC-catalyst, 70 µm, 1400 kg/m³) and Geldart B (silica sand, 260 µm, 2650 kg/m³) particles. 
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Table 2.1: Calculated chocking velocity 
Gs (kg/m²/s) UCH (m/s) CH (-) 
Geldart A 1400 kg/m³  
100 4.20 0.98 
200 5.17 0.97 
300 5.89 0.96 
400 6.46 0.96 
Geldart B 2650 kg/m³  
100 4.91 0.99 
200 5.71 0.98 
300 6.28 0.98 
400 6.74 0.97 
 
Another method is proposed by Bi and Fan (1992), applicable for Reynolds numbers from 2.42-
2890, particle sizes from 23.6-5000 µm, densities from 660-4510 kg/m³, that is Geldart A/B and 





















The analysis of the regime boundary for the fast fluidization regime is given by following 
empirical approach by Bi and Fan (1992), applicable for Geldart A and B in small risers (<0.3m), 



















The upper bound (onset for pneumatic conveying) Ufd is given by the following empirical 
























Table 2.2: Onset velocity of Fast Fluidization/Pneumatic Conveying  
Geldart A      
Density 
(kg/m³) 
dp (µm) Utr (m/s) Utf (m/s) Ufd (m/s) Gs (kg/m²/s) 
1400 7.00E-05 1.56 2.17 3.04 50 
1400 7.00E-05 1.56 2.56 3.88 100 
1400 7.00E-05 1.56 3.02 4.95 200 
1400 7.00E-05 1.56 3.33 5.71 300 
1400 7.00E-05 1.56 3.56 6.32 400 
      
Geldart B      
Density 
(kg/m³) 
dp (µm) Utr (m/s) Utf (m/s) Ufd (m/s) Gs (kg/m²/s) 
2650 2.60E-04 2.85 3.2 6.36 50 
2650 2.60E-04 2.85 3.77 8.11 100 
2650 2.60E-04 2.85 4.45 10.3 200 
2650 2.60E-04 2.85 4.9 11.9 300 
2650 2.60E-04 2.85 5.24 13.2 400 
 
Based on the properties that predict the onset of carryover, the range of operation for the 
developed riser, is determined:  
- Vmin = 2 m/s for solids entrainment into fast fluidization and this need to occur at the 
bottom of the bed where the gas pressure is highest 
- Vmax = 15 m/s for which friction becomes important with the system requiring 
comparatively high gas velocities, with accompanying high frictional pressure drops, 
rapid attrition of the catalyst and severe erosion of the riser wall. This always occurs at the 
top of the bed where the pressure of the gas is the lowest.  
 
2.2.1.4. Determination of the maximum saturation carrying capacity – maximum solids flux 
 
Kunii and Levenspiel (1991) stated that for Geldart A powders the volume fraction in fully 
developed riser flow is less then 0.02, and less than 0.01 for Geldart B particles. This results in 
the following maximum expected solids fluxes for this cold-flow pilot (Table 2.3): 
 
( ) 9;:	<	:	= > ?@:9ACB = = DEEFG9;:	<	:	= > ?@:9ACB = = DEEEE XYY* ,,max, ερερ −==  
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Table 2.3: Max. carrying capacity 
 ut Gs (vg =4-15 m/s) 
Geldart A 0.2 m/s 106 – 414 kg/m²/s 
Geldart B 2 m/s 53 – 345 kg/m²/s 
 
2.2.1.5. Determination of the riser diameter 
 
The overall design of the air supply is greatly determined by the “inverted” relationship between 
gas velocity and pressure drop in the lower velocity regions: an increase in the gas velocity at a 
constant solids flux, results initially in a decrease of the  pressure drop. With a centrifugal blower, 
this can result in blower type choking (see next). In the higher velocity regions an increase in the 
gas velocity results in again higher pressure drops due to friction.  
 
The riser diameter is determined by finding the optimum between compressor power versus 
pressure drop across the riser keeping the delivery of superficial gas velocities between 4-15 m/s: 
limited to 0.08-0.1m in order to keep an acceptable compressor power and not smaller than 0.08-
0.1m in order to keep frictional effects within acceptable limits (Table 2.4).  
 
In practice, due a core-annulus flow at higher solid fluxes, the gas will flow in a virtual core that 
is smaller than the entire riser diameter (up to 50 % surface reduction). This implies that frictional 
effects will play an more important role. The equivalent riser diameter with 0.08m core = 0.11 m 
diameter (= flow surface area equal to tube of 0.08 m when no back-mixing occurs).  The aspect 
ratio approaches 85, a typical value for industrial scale FCC reactors. 
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0.025 m 26.5 m³/hr 
0.05 m 106 m³/hr 
0.08 m 271 m³/hr 
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0.15 m 954 m³/hr 
 
In a small cold flow pilot, wall effects cause solids bridging in the standpipes and slugging in the 
fluidized beds (Knowlton, 2000). A large cold-flow pilot eliminates these problems, but these 
units are expensive and complicated. Therefore it is better to build a plant which is neither too 
large nor too small. Knowlton (2000) experienced that for building a so called “goldilock” cold 
model, in general, certain minimum section sizes should be met. He recommended the following 
minimum diameters for three important sections of a CFB cold-flow unit (Table 2.5). 
 
Table 2.5: Minimum equipment sizes for cold-flow units according to Knowlton, 2000 















In combustor and other CFBs with non-catalytic gas-solid reactions, powders belonging to the 
Geldart B classification are used. In catalytic applications, such as FCC, Geldart A powders are 
used. The two main applications of this technology differ widely in both design and operational 
characteristics (Table 2.6).  
 
Table 2.6 (Berruti et al. (1995)): Design characteristics of FCC versus coal combustion unit 
 FCC Combustion Cold-flow Pilot 
Superficial velocity 4-10 m/s 2-6 m/s Upto 15 m/s designed 
Riser Diameter 1-2 m 8-10 m D=0.1 m 
Temperature 250-650 °C > 800 °C Ambient 
Pressure ≥ 100kPa 100kPa Ambient 
Solids Reinjection System Mechanical Non-mechanical  Mechanical 
Exit Geometry Smooth, abrupt Abrupt Smooth, abrupt 
Particle diameter 50-150 µm 250-500 µm 70 and 260 µm 
Geldart  classification Geldart A Geldart B Geldart A and B 
Solids Circulation Rate > 250 kg/m²/s 5-100 kg/m²/s 0-400 kg/m²/s   
 
 
Hence, choosing a diameter of 0.1m (avoiding an important frictional pressure drop, but keeping 
the compressor power acceptable), maximum operational characteristics of the LCT riser are 
determined (Table 2.7): 
Table 2.7: Cold-flow riser - maximum operating window  
0.1 m ID Riser 
Qgas,max  = 425 m³/hr = 548 kg/hr 
Qsolid = 3.14 kg/s = 400 kg/m²/s 
 
2.2.1.6. Determination of the riser height 
 
The riser height is determined by the several factors: 
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- Supplying enough “head” (standpipe and fluidized regeneration bed) in order for the 
circulation loop to function, see minimum height of standpipe and fluidized bed (= 4m), 
see corresponding paragraph on regenerator development. 
- Supplying enough “height” (= path) in order to provide enough dipleg length in order for 
the cyclones to function, minimum height diplegs (2m), see corresponding paragraph on 
dipleg development. 
- Supplying enough “height” (= path) in order to provide enough length for the particles in 
the riser to accelerate and achieve a fully developed flow regime without being impacted 
by inlet and outlet effects. 
- Possible restrictions imposed by available space (= 12m high technical hall). 











































Table 2.8: Geldart A - Lacc 
Lacc (m) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 8.71 10.51 11.74 12.71 6.14 7.27 8.07 
5 6.61 7.96 8.89 9.63 4.70 5.54 6.14 
6 5.28 6.35 7.09 7.67 3.78 4.44 4.91 
7 4.37 5.24 5.85 6.33 3.158 3.68 4.06 
8 3.71 4.45 4.96 5.36 2.70 3.13 3.45 
9 3.21 3.84 4.28 4.63 2.35 2.72 2.99 
10 2.82 3.37 3.76 4.06 2.08 2.40 2.63 
11 2.51 3.00 3.34 3.61 1.86 2.14 2.35 
12 2.26 2.69 3.00 3.24 1.69 1.93 2.11 
13 2.05 2.44 2.72 2.93 1.54 1.75 1.92 
14 1.88 2.23 2.48 2.68 1.41 1.61 1.75 
15 1.73 2.05 2.28 2.46 1.31 1.48 1.62 
20 1.22 1.44 1.60 1.72 0.95 1.06 1.15 
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Table 2.9: Geldart B - Lacc 
Lacc (m) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 3.05 3.68 4.12 4.46 2.15 2.55 2.83 
5 2.32 2.79 3.12 3.37 1.65 1.94 2.153 
6 1.85 2.22 2.48 2.69 1.32 1.55 1.72 
7 1.53 1.84 2.05 2.22 1.10 1.29 1.42 
8 1.30 1.56 1.74 1.88 0.94 1.10 1.21 
9 1.12 1.34 1.50 1.62 0.82 0.95 1.05 
10 0.99 1.18 1.32 1.42 0.73 0.84 0.92 
11 0.88 1.05 1.17 1.26 0.65 0.75 0.82 
12 0.79 0.94 1.05 1.13 0.59 0.67 0.74 
13 0.72 0.85 0.95 1.03 0.54 0.61 0.67 
14 0.65 0.78 0.87 0.94 0.49 0.56 0.61 
15 0.60 0.71 0.79 0.86 0.46 0.52 0.56 
20 0.43 0.50 0.56 0.60 0.33 0.37 0.404 
 
 
Maximum acceleration lengths, at the worst conditions of lowest gas velocities at highest solids 




For flow in the fast fluidization regime, which applies to fine particle systems where Uo = 2-10 
m/s the free-board entrainment model (Kunii and Levenspiel, 1991) can be used directly to give 
the vertical distribution of εs and so gravity pressure drop in such systems. When velocities are 
higher than the transport velocity, the axial voidage profile is found to have a typical profile 
described by a simple exponential decay function from the base of the riser, eventually reaching a 
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Figure 2.6: Exponential decay of solids fraction in the riser 
 




Taking into account  
- the restrictions imposed by available space (= 12m technical hall). 
- keeping 1m extra free space under the technical hall roof crane beam.  
- keeping 1m to construct gas inlet connections. 
- 1m extra height imposed by the primary and secondary cyclone geometry 
 
9m height available for the riser construction is available. Based on the above, 9m height suffices 
to ensure a fully developed flow zone (Figure 2.6). 
 
2.2.1.7. Wall thickness 
 
Refraction through the wall results in distortion of the laser beams measuring volume. Moreover, 
it impacts on the overall location of the measering volume inside the riser, possibly resulting in 
horizontal and vertical displacements, elongations, distortions. For these reasons the wall 
thickness should be minimized as much as possible, but still large enough in order to provide 
&+$37(5  _`abc	d`_
`efce``gcefbe_hiejagkhacieilﬀaﬂmﬃ`hid_  l d!in$o%cd!ia&ba /&7
______________________________________________________________________________________________ 

enough resistance against riser pressure and vibrations. The wall thickness was limited to 5mm, 
limiting the impact on the accuracy of the LDA measurements (refraction effects), but providing 
enough pressure resistance up to +/- 1 barg (also see paragraph on LDA).       
 
Underneath the riser, PVC piping is used to connect for the compressed air to the riser[21]. A 
Roots type compressor (screw compressor, see next) is providing air, delivered through a 
network of conduites and valves.  
 
2.2.1.8. PMMA (plexiglass - B.A.G) 
 *;C ** ¢¡¢*6 ;£	¥¤  ¡¢*%*£	¤ *¦C;¨§¢£6¡ª©«ﬂ¬ ­¬ ®¬L¯%£6¡¢*°* ;¤¥ 6¥¤ ¥± ¡;¥° ²
B.A.G. nv, specialised in the processing, design and sale of synthetic materials for many years,  
has been the supplier of the PMMA parts for the riser.  Its stock consists of sheets, pipes, rods and 
sections made from various synthetic materials. A selection from this range is PMMA, PC, PVC, 
PVC foam, PP, PEHD, PS, PTFE, PA, POM, PVDF, PET, Trespa, synthetic resin bonded fabric, 
… B.A.G. is able to make use of their own expert knowledge and experience and of the high 
degree of support it receives from their manufacturers (on a chemical, technical and mechanical 
level).  
Poly Methyl Methacrylate (PMMA) is a transparent thermoplastic, often used as an alternative 
for Pyrex glass. Chemically, it is the synthetic polymer of methyl methacrylate and is known on 
the market under the trademark Plexiglas (Perspex). PMMA is an economical alternative to 
polycarbonate (PC, also known as Makrolon) when extreme strength is not necessary. 
Additionally, PMMA does not contain the potentially harmful bisphenol-A subunits found in PC. 
It is often preferred because of its moderate properties, easy handling and processing, and low 
cost, but behaves in a brittle manner when loaded, especially under an impact force, and is more 
prone to scratching as compared to conventional inorganic glass. 
 
PMMA is a strong and lightweight material. It has a density of 1.17–1.20 g/cm3 which is less 
than half that of pyrex glass. It also has good impact strength, higher than pyrex glass. However, 
PMMA’s impact strength is still significantly lower than PC and some engineered polymers. 
PMMA ignites at 460 °C. 
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PMMA transmits up to 92% of visible light (3 mm thickness), and gives a reflection of about 4% 
from each of its surfaces on account of its refractive index (1.4914 at 587.6 nm). It filters 
ultraviolet (UV) light at wavelengths below about 300 nm (similar to ordinary window glass). It 
has the opportunity to be moulded, resulting in more stress free materials. Moulded PMMA 
enables to ensure an equally distributed wall thickness, which is also important for the LDA 
measurements (see LDA considerations).  
 





Table 2.10: PMMA properties 
µ¶·%¸ ¹ º;»½¼¹ ·¾À¿¶ÁÃÂÄ¼ÆÅ%Ç¾À¿¶ÁÃÂÈ;¸ É%Ê!ËºªÌÍ¼ÆÅ%Ç¾À¿¶ÁÃÂÎÈ;Ï¨Ê·ÐºªÌ
PMMA 
(plexi) 
PMMA POLYMETHYLMETACRYLAAT 1,19 
kg/m³  
-40 °C - 90 °C 
 
3HUPLVVLEOHRSHUDWLQJWHPSHUDWXUH
PMMA glass deforms at temperatures of 90°C and higher. At sub-zero temperatures plexiglass 
can be used safely at temperatures as low as -40 ºC. These temperature limits should be regarded 
only as a guideline and must always be modified in accordance with the actual operating 
conditions of a given application.  
3HUPLVVLEOHRSHUDWLQJSUHVVXUH
The maximum permissible operating pressures shown in the tables apply to plexiglass 
components as a function of their principal nominal size DN or diameter D (in the case of 








:[3 Ñ Ò¢Ó  (B.A.G. plastics catalogue) 
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50 40 5 6.3 
80 70 5 3.6 
100 90 5 2.8 
300 290 5 0.9 
 
The weakest part of the CFB loop therefore is identified as the 30 cm diameter fluidized bed with 
a design pressure of 0.9 barg. Further details with regard to PMMA can be found in the technical 




The solids are injected via an asymmetric Y-shaped side inlet [22] which is inclined 35° with the 
vertical Z-axis in the YZ plane (Figures 2.4 and 2.5). The solids inlet (φ=0.08 m) is located 0.5 m 
above the gas inlet and is positioned 51° counter-clock-wise of the outlet in the YZ plane, near 
the right-hand side wall at R= 0.05 m (Figures 2.4 and 2.5). The air inlet [21], φ=0.05 m, 




Figure 2.7: Detail of the riser Y-shaped inlet 
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The outlet geometry of the set-up can be modified. The effects of the outlet configuration on the 
flow was investigated experimentally, using one 90° elbow and five different outlet geometries of 
an abrupt T-type (Figures 2.8-2.9), namely (a) a 0.34m extension (0.1m diameter) T-outlet 
(Figure 2.2), (b) a 0.13m extension (0.1m diameter) T-outlet, (c) a 0m extension (0.1m diameter) 
L-outlet, (d) a 0.13m extension (0.07m diameter) T-outlet and (e) 0.13m extension (0.05m 
diameter) T-outlet. All the geometries can be easily replaced by one to another by means of the 
compensator [20], see Figure 2.4-2.5 (T-outlet in (6)). The outlet surface area for the first three 
configurations equals the entire cross section of the riser (0.00785 m2). For the last two 
configurations the surface area is reduced with a factor of 2 and 4 respectively. 
 
Figure 2.8: Detail of the riser outlet - 90° elbow and T-type outlet with 0.34m extension 
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Figure 2.9:  T-outlet configurations:   Reduction of the extension height 
     (a) 0.34m extension (round top)  
     (b) 0.13m extension (flat top)  
     (c) 0m extension (L-outlet, flat top)  
         
     Reduction of the connector outlet opening (0.13m)   
     (d) 0.13+m extension (Dout=0.07m)  
     (e) 0.13++m extension (Dout=0.05m)  
 
The 90° elbow takes less pressure drop, though results in more erosion of the outlet geometry. 
The T-outlet geometry minimizes the erosion effects, results in less attrition of the catalyst, 




Due to a large gas flow rates and in order to limit the compressor power, no gas distributor was 
installed. It should be noted however, that the gas vortex flow meter, installed upstream of the 




Along the riser height (in fact all along the circulation loop), 16 pressure taps were provided. The 
distance between two taps is 0.5 m. Each tap individually consists of a 10 cm long inox tubing, 
provided with a separate clamped porous metal sintered filter (+/- 1 cm, 15 µm size), avoiding 
particle ingress towards the pressure transmitters. Each tap is aligned parallel with the riser wall, 
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minimizing impact on the riser flow. Because of budget reasons, only a very limited number of 




The recirculation loop recycles the particles that leaving the upper part of the riser, by sending 
them first to the fluidized bed. The recycle loop essentially consists of a gas/solid separation, a 
fluidized bed and interconnecting piping (standpipes, cyclone diplegs). 
 
2.2.5.1. Gas/solid separation 
 
Two high efficiency glass cyclones [24], [25], connected to the fluidized bed by means of diplegs 
[15], [16], [17], [19], guarantee a good recuperation of solids from the air flow: the overall 
efficiency of the riser cyclones during the experiments for particle sizes larger than 35 µm can be 
considered to be higher than 98%. For particles smaller than 35 µm, this overall efficiency drops 
considerably. Additionally, a medium efficiency glass cyclone is connected to the outlet ([18] of 
the fluidized bed [11], [13], recuperating the entrained particles from the fluidized bed by means 
of a dipleg [12], [14]. The efficiency of this cyclone for particle sizes smaller than 35 µm is about 
95%. At the end, a bag filter [26] assures that no particles escape from the pilot to the 
environment. Malvern analysis showed that mainly particles of size 5–35 µm are found in the bag 
filter. An initial start-up of about 2 days is necessary when using fresh (but regenerated) catalyst 
in order to stabilize the particle size distribution of the fresh catalyst. Losses by attrition are not 




Cyclone separators are one of the least expensive means for dust collection (both investment and 
operation costs are low). Furthermore, their major advantages are easy construction, reliability 
and low pressure drop. The efficiency of cyclone separators is low for collection of particles 
smaller than 5-10 µm. But, for high dust concentrations (over 230 g/m³), cyclones will remove 
particles even smaller than 5 µm. Although cyclones may be used for particles larger than 200 
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µm (Geldart B), inertial separators are usually satisfactory. They are cheaper and less subject to 
abrasion. To keep the design general for both Geldart A and B particles in this project (70 µm 
and 260 µm) two cyclones in series are part of the set-up. The use of cyclones in series is 
justified, because the powders have a rather broad Particle Size Distribution (PSD) and are  most 
probably abrasive. Velocity dependable operation is critical (velocities varying from 4-15 m/s in 
the riser). Fan limitations generally dictate a maximum allowable pressure drop. The latter 
corresponds to a cyclone inlet velocity in the range of 6(8)-21(30) m/s (Perry, 1984). 
Consequently, the cyclones in the set-up are designed for an inlet velocity of 15 m/s (secondary 
cyclone). The design of the cyclones is done for Geldart A (FCC) particles. A cyclone separating 
Geldart A particles, will definitely separate Geldart B particles (larger and heavier), when 
working under the same operating conditions. 
Zenz (1976) derived the following equation for the critical particle diameter, that is the size of the 















where Ntc is the number of rotations made by the gas in the cyclone before exiting, s is the 
particle density and  is the gas density. 
 
Figure 2.10: Zenz type Cyclone (Perry, 1984) 
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with Ne the effective number of rotations made by the gas in the cyclone. When Ne is taken equal 
to Ntc the theoretical cut-size can be calculated. The number of effective rotations Ne is related to 
the gas velocity by an empirical relationship derived by Zenz in 1976. 
 
00760.03440.03344.005826.0002872.0 5.05.12 −++−= ïïïïï 99991  
 
Accounting for the above relations and taking into account that Bc equals Dc/4 one finally obtains 
the equation to calculate the cyclone diameter as function of a given dp,min 
 


















Without taking into account possible particle flocculation, the particle collection efficiency in 
cyclones increases with increasing gas velocity, with an increasing number of gas rotations and 
with an increasing particle density. Consequently, the smallest cyclone diameter (referred to as 
the worst case scenario) is determined by the lowest gas velocity and the lowest particle density. 
The least dense particles used are the FCC catalyst particles (1550 kg/m3). Due to fan limitations 
and pressure drop considerations, the inlet gas velocity in cyclones is mostly restricted to 6-21 
m/s. Taking 6 m/s asWKHORZHVWH[SHFWHGJDVYHORFLW\DQG PIRUWKHVPDOOHVW particle size to 
be collected (smaller particles will be collected by means of the bag filter), one obtains 31.7 cm 
for the cyclone body diameter Dc.  
 
Moreover, the other cyclone dimensions can be calculated (Table 2.12). 
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Bc = 7.93 cm 
De = 15.85 cm 
Hc = 15.85 cm 
Lc = 63.47 cm 
Sc = 3.97 cm 
Zc = 63.47 cm 
Jc (arbitrary, usually) = 7.93 cm 
 
The inlet gas velocity can be calculated when the cyclone geometry and gas flow are known: 

    õõ6ö
õ
/+
49 =     
 
Combining these equations and taking into account that all cyclone dimensions are related to the 
cyclone internal diameter Dc (Table 2.12), this results in the following expression for the 






























































The cyclone dimensions and the inlet gas velocity of the gas can now be determined by using the 
following iteration scheme: 







 (4-15 m/s)). 
- calculate N. 
- calculate Dc . 
- determine Heand Le using Table 2.12. 




 with Qg fixed). 
- recalculate N. 
- recalculate Dc . 
- recalculate He and Le .  




















ÕÚÛØÚÕÕÜØÚÛ×ÚÔÝÞÚßÖÜàÝÖØÞÚÞáﬀÖﬂâﬃÕÝÞÙÔ  á Ù!Þã$ä%ØÙ!ÞÖ&×Ö /&7
______________________________________________________________________________________________ 

This procedure results in the following solutions for dpc = 5 µm (Table 2.13).  
 
Table 2.13: Calculated cyclone dimensions for primary, secondary riser cyclone 
Dc (m) Dpc (µm) Ve (m/s) N (-) Qg (m³/s) 
þ¥ß   ¥ß þ*þ
Õ
þ  ß   þ¥ß þ
	
0.161 5.00E-06 6.5 2.2 0.029 
0.168 5.00E-06 7 2.3 0.031 
0.175 5.00E-06 7.5 2.4 0.033 
0.181 5.00E-06 8 2.5 0.036 
0.187 5.00E-06 8.5 2.6 0.038 
0.193 5.00E-06 9 2.7 0.040 
0.198 5.00E-06 9.5 2.8 0.042 
0.204 5.00E-06 10 2.9 0.045 
0.20 5.00E-06 10.5 3.0 0.047 
0.215 5.00E-06 11 3.1 0.049 





þ   ß  þ¥ß þ

0.230 5.00E-06 12.5 3.3 0.056 
0.234 5.00E-06 13 3.4 0.0585 
0.239 5.00E-06 13.5 3.4 0.060 
0.244 5.00E-06 14 3.5 0.063 
0.248 5.00E-06 14.5 3.6 0.065 
0.253 5.00E-06 15 3.7 0.0675 
0.257 5.00E-06 15.5 3.7 0.069 
0.261 5.00E-06 16 3.8 0.072 
0.265 5.00E-06 16.5 3.9 0.074 
0.269 5.00E-06 17 3.9 0.0765 
0.273 5.00E-06 17.5 4.0 0.078 
0.277 5.00E-06 18 4.0 0.081 
0.281 5.00E-06 18.5 4.1 0.083 
0.285 5.00E-06 19 4.2 0.085 
0.289 5.00E-06 19.5 4.2 0.087 
þ¥ß  ¥ß þ*þ
Õ
þ ¥þ ¥ß  þ¥ß þ
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Primary cyclone: maxmin/3∆ = 78-1114 Pa 
Dc dpc Le He Dinlet Qg (m³/hr) Ve Do 




6.5 cm 13.7 cm 10 cm 113-424 





Solids outlet: DN 100 
 
Secondary cyclone: maxmin/3∆ = 267-3803 Pa
Dc dpc Le He Dinlet Qg (m³/hr) Ve Do 




4.7 cm 9.9 cm 8 cm 113-424 6.7-25.3 m/s 
6.3-23.5 m/s 
9 cm/8 cm 





Primary cyclone: maxmin/3∆ = 267-3803 Pa 
Dc dpc Le He Dinlet Qg (m³/hr) Ve Do 




4.7 cm 9.9 cm 8 cm 113-424 6.7-25.3 m/s 
6.3-23.5 m/s 
9 cm/8cm 
Solid outlet: DN 80 
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Secondary cyclone: maxmin/3∆ = 1362-19202Pa (1362-8399 Pa for 4-10 m/s)
Dc dpc Le He Dinlet Qg (m³/hr) Ve Do 













Solid outlet: DN 50 
 
Solution I has a lower efficiency (up to 10 µm particles (4 m/s) are separated) but can work 
within 4-15 m/s riser gas velocity in the primary cyclone, without too much abrasion problems 
(6-25 m/s gas velocity in the secondary cyclone) and without too high pressure drop. Solution II, 
however has a better efficiency (up to 5 µm particles), but solution II will suffer from some 
abrasion problems and from a high pressure drop at higher riser gas velocities (12-15 m/s in the 
riser corresponds to 37-57 m/s in the secondary cyclone). Solution II is optimal for riser gas 
velocities of 4-11 m/s (corresponding to 15-34 m/s in the secondary cyclone). However, solution 
II also suffers from lower dipleg diameters (8-5 cm compared with 10-8 cm for solution I) and 





QVF Glastechnik Gmbh. process plant and pipeline components, manufactured from borosilicate 
glass 3.3, are widely used as the basis for the construction of complete process plants in the 
chemical and pharmaceutical industry, as well as many related areas such as food and drink 
production, dye works and the electroplating industry. One reason for this widespread use is the 
special properties of borosilicate glass 3.3 (see below), complemented by the use of other highly 
corrosion resistant materials such as PTFE (PMMA, see earlier) and ceramics.  
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The very wide use of this material, over the world, in the chemical and pharmaceutical industry 
as well as many other industries, is mainly due to its chemical and thermal properties (see also 
ISO 3585) together with a great number of other benefits that distinguish borosilicate glass 3.3 
from other materials of construction. These include special properties such as 
- smooth, non-porous surface. 
- no catalytic effects. 
- no adverse physiological properties. 
- neutral smell and taste. 
- non-flammability. 
- transparency. 
- very low thermal expansion coefficient (3.3 ± 0.1) x 10-6  K-1 
 
Secondly, borosilicate glass is an approved and proven material in the construction of pressure 
equipment. Another point which should be mentioned in this context is the great reliability of the 
positive and high performance connection of all components. This is achieved by the use of flat 
buttress ends, properly designed and optimized throughout the range of nominal sizes to comply 
with the special requirements of the material, and a reliable flange system. 
 
Borosilicate glass 3.3 shows no appreciable light absorption in the visible area of the spectrum, 
and consequently it is clear and colourless. With borosilicate glass 3.3, the transmission of UV 
light, which is of great importance for photo-chemical reactions, is somewhat greater in the 
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The cyclones described here are designed for the separation of particulate solids from gases. The 
overall degree of separation can be as high as 99%, but this number is governed to a very large 
extent by the following parameters: 
- Liquid loading of the gas or vapour or the solids loading of the gas. 
- Particle size range. 
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- Particle size distribution. 
For the standard air/water system at ambient temperature and with a gas velocity of 15 m/s in the 
dip tube, limiting droplet diameters are approximately 2.5 P IRU WKH '1  DQG DN 150 
nominal sizes and approximately PIRUQRPLQDOVL]HV'1DQG'17KH pressure 
drop then varies from 25 to 30 mbar. Considering the design issues explained earlier, QVF type 
cyclones CY12 and CY9 are installed as primary and secondary riser cyclones, CY6 is installed 





Figure 2.11: QVF cyclones catalogue 
 
2SHUDWLQJUDQJHV
The admissible values for operating temperature and pressure are never independent from one 
another. The reason for this is the thermal stresses that result from temperature differences 
between the inner and outer surfaces of the glass components. These stresses are superimposed 
on the stresses resulting from the operating pressure of the apparatus.  
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Higher thermal stresses therefore result in a reduction of the admissible operating pressure. 
Thermal insulation reduces the thermal stresses and can, therefore, become a requirement of the 
installation being developed. 
$GPLVVLEOHRSHUDWLQJWHPSHUDWXUH
Borosilicate glass only deforms at temperatures which approach its transformation temperature 
(approximately 525 ºC) and up to this point it retains its mechanical strength. The admissible 
operating temperature is, however, considerably lower – normally around 200 °C – for glass 
components, provided that there is no sudden temperature shock and that the components are not 
specially marked. Under exceptional conditions, which call for special precautions, temperatures 
up to 300°C are  possible. At sub-zero temperatures the tensile strength of borosilicate glass tends 
to increase. Borosilicate glass 3.3 can, therefore, be used safely at temperatures as low as -80 ºC.  
These temperature limits should be regarded only as a guideline and must always be modified in 
accordance with the actual operating conditions of a given application.  
7KHUPDOVKRFN
Rapid changes in temperature across the glass walls should be avoided during operation, both 
indoors and outdoors. They result in increased thermal stresses in the glass which, as described 
above, have an adverse effect on the admissible operating pressure of the plant components. 
Although it is not possible to give a definite number applicable to all the operating conditions 
likely to be encountered in practice, a maximum admissible thermal shock of 120 K can be taken 
as a general guide. 
$GPLVVLEOHRSHUDWLQJSUHVVXUH
Glass components in all nominal sizes that are basically cylindrical can be used under full 
vacuum (-1 barg), provided they are not specially marked otherwise. 
Likewise the maximum admissible operating pressures (ps) shown in the tables apply to these 
glass components as a function of their principal nominal size DN or diameter D (for spherical 
vessels) and the internal (product side) and external (ambient) temperature difference (DQ). 
Further details with regard to the sizing of borosilicate glass 3.3 components can be found in the 
technical information of the QVF-catalogue. 
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Table 2.14: Pressure resistance of QVF cyclones 
 
Depending on the shape and the particular working conditions, glass components can be used 
under given conditions at higher internal pressures.  
*HQHUDORSHUDWLQJGDWD
- Operating temperature 200 °C . 
- Temperature differences below 180 K. 
- Heat transfer coefficients indoors equaling 1200 Wm-²K-1, outdoors equaling 11,6 
Wm-²K-1 . 
- All components are suitable for full vacuum = -1 barg. 
 
*HQHUDOUHPDUNV
All the components and apparatus in the 2002 edition of the QVF catalogue have been subjected 
to a risk analysis in accordance with Directive 97/23/EC and the corresponding countermeasures 
are documented by QVF. To exclude (dust explosion) risks above and beyond these values,  
resulting from an improper use (Directive 97/23/EC, Appendix I, Section 1-3) the following 
points should be observed: 





• If there is any concern that there may be a reduction in wall thickness, the required 
minimum wall thickness should be checked at regular intervals. 
• Unstable substances that can decompose (dust explosions), call for special safety 
precautions in the use of glass components.  
• The permissible operating conditions should be observed and compliance ensured, if 
necessary, by means of additional measures such as pressure relief valves, bursting disks, 
and temperature limiters (see next). 
Permissible operating pressures: 
The admissible operating pressure is always observed by means of pressure transmitters (riser, 
regenerator, cyclones) and pressure relief and diversion valves are provided. 
Admissible operating temperature: 
The maximum operating temperature for glass components is 200°C that can withstand thermal 
shocks up to 120°C. Any operation at temperatures in excess of 120°C is rare (a cold flow set-up 
is developed), but possible, e.g. due to electrical heating or steam injection. The latter is 
monitored by different temperature measurements and pilot operated shutters. 
Extra loads: 
Bellows are included in interconnecting pipework to ensure a stress-free connection to the glass 
components. 
Mechanical damage / protective measures: 
The tubular structure supporting the equipment or plant also provides protection against damage 
from external sources and prevents other items coming into contact with it.  
Parts of the plant which are located outside the structure must be protected against mechanical 
damage. Parts of the plant, which can reach a surface temperature higher than 60 °C in operation 
and which are located outside the support structure, must be provided with protection against 
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contact. Additional safety devices are available in the form of safety screens, spray guards, coated 
and wrapped glass components. 
 
2.2.5.1.4. Bag filter [26] 
 
At the end of the cylone outlets, a bag filter assures that no particles escape from the pilot to the 
environment (Figures 2.4-2.5-2.12). 
  
 
Figure 2.12: Cyclone exits and bag filter 
 
The galvanized filter box (605x605x550mm) was installed in an existing window (920x773 mm) 
with aluminium exhaust grid (600x600mm), including a bag filter with 15µm cut size and having 
two inlets (1x DN100 (riser) and 1x DN50 (regenerator)), connecting the riser/regenerator outlets 
with the bag filter inlets. The design flow rate = 400 m³/h and maximum assumed air flow rate 
1000 Nm³/h (maximum free air delivery of the compressor).  
 
2.2.5.1.5. Solid flux measurement 
 
The recirculation loop for the solids also includes an AKO-pinch valve (27) to measure the total 
solids mass flow rate. The solids flux can be measured with a shutter valve (to be openend/closed 
on the main control panel or at the 3rd stage of the set-up), installed downstream the joint of the 
diplegs of the primary and secondary cyclones and measuring the total recycled solids flow 
towards the fluidized bed. Air pressure is used as the controlling medium between the valve body 
and the sleeve to ensure a 100% closure (even for large abrasive particles) of the pinch valve. 
Exhausting this pressure causes the valve to immediately re-open. When open the sleeve allows 
full, unobstructed flow. The valve is operated via a solenoid/control valve. Therefore, it does not 
need an expensive actuator. 





The total recycled solids flow is then calculated by monitoring the time (t) needed to accumulate 
a given volume (V) of solids (level) during a carefully controlled shutter time (valve closed). The 
solids mass flow can then be calculated from  
 
OOO W
9: ρε≈  
 
The time is monitored with a timer, the pre-installed level is indicated by a capacity detector (or 
manually self monitored with a laser pointer). It is assumed that the solids fraction nearly equals 
the solids fraction at minimum fluidization, as can be found in literature. 
A calculation learns that with a solids flux of 400 kg/m²/s or 3.14 kg/s solids circulation rate, for 
Geldart B particles (silica sand), per second of measuring time, the level in the fluidized bed will 
drop by 1.7 cm, corresponding with a pressure drop of 277 Pa. For Geldart A particles (FCC), the 
level will decrease by 4.4 cm per second, again resulting in a 277 Pa pressure drop. This pressure 
drop, induced by the solids flux measurement, is of the same order of magnitude as the pressure 
drop in the upper section of the riser set-up, which is an acceptable value. Typically, a level of 
0.3m was accumulated in the 0.08m cyclone dipleg during shutter time. The level measurement 
was reproducible up to 1-2cm, resulting in an experimental error of around 3-7%. The bulk 
density of the particles was carefully determined in advance, by weighing (netto) an equivalent 
0.08 diameter PMMA pipe (0.3m height) filled with particles on an accurate microbalance. 
 




Figure 2.13: Closing valve – AKO pinch valve 
 
Advantages: 
- Simple construction. 
- No mechanical parts. 
- 100% leak tight seal. 
- True bore - No blockages. 
- New elliptical shaped body (uses less air), quick closing. 
- No actuator is required (reduces costs), operated with solenoid valves. 
- New re-enforced sleeves. 














The procedure for the design of a fluidized bed is as follows. First the minimum fluidization 
velocity and the terminal velocity of the solid particles are calculated. Next, a range of operating 
velocities is determined. The expanded bed height, the transport disengagement height (Æ 
freeboard height), the entrance position of the cyclone outlets (just above the Transport 
Disengagement Height (TDH)), the total height of the vessel, the materials, the total pressure 
drop across the fluidized bed, a distributor and the vessel diameter, are determined. 
 
2.2.6.2. Determination of the operating window 
 
The minimum and maximum allowable velocity of the gas in the bed, if carry-over of solids is to 
be avoided is given by the minimum fluidization velocity and the terminal velocity of the solid 
particles. 
 
2.2.6.3 Calculation of the minimum fluidization velocity 
 
The superficial velocity at minimum fluidizing conditions umf is calculated from the following 









































Table 2.15: Calculation of minimum particle fluidization velocity 
 Geldart A Geldart B Geldart B 
Density (kg/m³) 1400 2650 2650 
Particle diameter (µm) 70 260 260 
φs (-) 0.7 0.86 0.67 
εmf (-) 0.6 0.43 0.53 
umf (m/s) 0.006(0.006) 0.0817  0.0643(0.052) 
Qregenerator (m³/hr) 1.5 20.8 16.4 
∆Pbed =(1-εmf ) ρs g Hmf (Pa) 
 
10987 29636 24437 
 
 
2.2.6.4. Calculation of the terminal velocity 
 



















          for 0.4 < Rep < 500

( ) ( ) ( )











=      for 2 < Rep <1000 
 







r p@stu v w;xy
z
GJX −=   for Rep< 2 
 
This results in (Table 2.16) 
 





Table 2.16: Calculation of terminal particle velocity 
 Geldart A Geldart B 
Density (kg/m³) 1400 2650 
Particle diameter (µm) 70 260 
ut,spherical (m/s) 0.36/0.24/0.2 (0.2) 2.07/1.72 
 (1.9) 
Rep(-) 1.8/1.18/1 37.8/31.4 

 
Based on the minimum fluidization and terminal particle velocity values, the range of operation 
in the regenerator (avoiding carry-over of the solid particles), is determined:  
- Vmin = 0.01 (A)-0.1 (B) m/s for minimum fluidization. The latter value is required  at the 
bottom of the bed where the gas pressure is highest. 
- Vmax = 0.2 (A) – 2 (B) m/s for which entrainment becomes important. The latter value is 
obtained at the top of the bed where the gas pressure is the lowest. Since carry-over is to 
be avoided, one should not exceed the terminal velocity for the particles to be used. 
- Pressure drop/L = 0.05-0.15 barg/m   
 
Note that during the onset of fluidization, the bed will typically expand to 0.2-0.4 times the 
original height of the bed. With increasing gas velocities, beyond umf, the bed wil first expand 
smoothly, without gas bubbles being observed. However, when further increasing the gas 
velocity to a value umb, the minimum bubbling velocity, gas bubbles begin to form and bed height 
will slightly decrease. The transition from smooth to bubbling fluidization is determined by the 
minimum bubbling velocity. The larger the particles (Geldart B), the sooner bubbles appear and 
umf and umb are nearly equal. For small particles (Geldart A) umf is smaller than umb. Abrahamsen 
and Geldart (1980) correlated values of umb following the correlation: 
 










































2.2.6.5. Determination of the fluidized bed diameter 
 
The fluidized bed diameter is determined  
- by finding the optimum between compressor power versus pressure drop keeping the 
value of the superficial gas velocities between 0.1-1 m/s (Table 2.17).  
- by means of the minimum total inventory of solid particles of 100 kg (Geldart A) and 200 
kg (Geldart B) in order to supply a maximum solids flux of 400 kg/m²/s, resulting in 
residence times ranging from 37 to 64 sec. 
- enabling proper solids flux measurements with the quick closing valve, without disturbing  
- In a small cold-flow pilot, wall effects cause solids bridging due to slugging in a fluidized 
bed (Knowlton, 2000). Therefore, it is better to build a plant which is neither too large nor 
too small. Knowlton (2000) recommended the following minimum diameters for the 
fluidized bed: 15-20 cm  
 
The power requirement in the early design stage can be estimated through (p1= 1 bara, p2= 9 bara, 
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The regenerator diameter is therefore determined to have superficial gas velocities between 0.1-1 
m/s: limited to 0.15-0.2m minimum size according to Knowlton and have a value lower than 0.4 
m in order to keep the compressor power within acceptable limits, that is keeping the power as 
low as possible (Table 2.17).  
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0.1 m 28 m³/h 
0.2 m 113 m³/h 
P PñK
0.4 m 452 m³/h 
0.5 m 707 m³/h 
 
2.2.6.6. Determination of the fluidized bed height 
 
The fluidized bed height is determined by the several factors: 
- Supplying enough “head” (standpipe and fluidized bed) in order to keep the circulation 
loop functioning and avoid backflow in the standpipe towards the fluidized bed.  
- Supplying enough “height” (= path) in order to provide enough dipleg length to keep the 
cyclones functioning (see standpipe/diplegs). 
- Supplying enough room for expansion of the bed during fluidization (1.2-1.4 times the 
original bed height for bubbling fluidized beds). 
- Possible restrictions imposed by available space (riser 9m).  
- (In practice, the fluidized bed height will be determined also by residence time). 
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2.2.6.73 Determination of the “head” in order for the circulation loop to keep functioning 
 
Maximum total pressure drops for the riser operation (taking into account pressure drop in the 
riser bottom section (mainly driven by gravity and acceleration) and the riser upper section fully 
developed flow zone (mainly driven by friction), including pressure drop in the primary and 
secondary cyclones and the pressure drop over the IRIS diaphragm valve (regulating the particle 
flow from fluidized bed to riser)) are given below (see pressure loop calculations) (Table 2.18). 
 
Table 2.18: Total pressure drop of the cold-flow CFB loop 
Geldart A 
dp (Pa) Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 4204.5 8133.8 12947.2 18706.3 
5 4160.4 7704.8 12237.3 17717.7 
6 4350.0 7751.3 12067.3 17343.6 
7 4667.1 7997.7 12241.1 17444.2 
8 5081.7 8385.8 12601.4 17775.9 
9 5577.1 8884.0 13100.9 18276.4 
10 6143.3 9473.2 13711.9 18908.5 
11 6774.2 10141.5 14416.5 19649.2 
12 7465.3 10880.9 15203.3 20482.8 
 
Geldart B 
dp (Pa) Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 10023.8 15180.2 20085.7 25113.1 
5 9056.8 13419.9 17517.3 21731.0 
6 8651.3 12649.3 16368.9 20199.9 
7 8536.3 12352.4 15879.2 19513.1 
8 8607.6 12336.7 15766.6 19300.0 
9 8815.4 12512.6 15901.9 19391.2 
10 9132.3 12832.4 16216.7 19697.9 
11 9541.7 13268.0 16671.2 20168.5 
12 10032.9 13801.8 17240.7 20771.1 
 
This head should be supplied by the pressure loop, mainly driven through gravity: 
 
¶·
¸¸ J+3 ρε=∆  
 





yielding the fluidization height (standpipe + regenerator) necessary for maintaining the CFB-loop 
(Table 2.19): 
 
Table 2.19: Length needed for the fluidization loop to function  
Geldart A ( min.fl=0.4) 
H (m) Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 0.76 1.48 2.35 3.40 
5 0.75 1.40 2.22 3.22 
6 0.79 1.41 2.19 3.15 
7 0.84 1.45 2.22 3.17 
8 0.92 1.52 2.29 3.23 
9 1.01 1.61 2.38 3.32 
10 1.11 1.72 2.49 3.44 
11 1.23 1.84 2.62 3.57 
12 1.35 1.98 2.76 3.72 
  
Geldart B ( min.fl=0.6) 
H (m) Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 0.64 0.97 1.28 1.61 
5 0.58 0.86 1.12 1.39 
6 0.55 0.81 1.04 1.29 
7 0.54 0.79 1.01 1.25 
8 0.55 0.79 1.01 1.23 
9 0.56 0.80 1.01 1.24 
10 0.58 0.82 1.03 1.26 
11 0.61 0.85 1.06 1.29 
12 0.64 0.88 1.10 1.33 
 
The maximum height, at worst conditions (highest/lowest gas velocities and highest solids fluxes 
is +/- 4m for Geldart A particles (2m for Geldart B). Proportional with the larger solid densities, 
the driving force is already obtained with lower fluidized bed heights. 
 
2.2.6.8. Determination of the additional freeboard needed 
 
Besides the bed expansion, erupting gas bubbles make solid particles splash far into the 
freeboard. If the gas exit of the fluidized bed would be installed immediately above the 
fluidization level, a considerable amount of solids would be entrained by the gas. With a gas 
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outlet at a higher position, this amount considerably lowers and finally a gas exit position is 
reached above which particle entrainment becomes approximately constant. The height above 
which entrainment becomes constant is called Transport Disengagement Height (TDH). For 
economic design, the gas exit should not be located higher than the TDH. 
 
Despite its importance, a very limited information on TDH values in a fluidized bed is available, 
except for some correlations for FCC catalyst. The empirical correlation of Zenz and Weil (1958) 
was used to determine the TDH for Geldart A (FCC) particles (at minimum fluidization velocity 
smaller than 0.1 m/s upto 1 m/s). For beds with Geldart B particles, wherein a considerable 
fraction of the solids may be too large even to be elutriated, this method is conservative.  
Taking into account the fluidized bed size (diameter 30 cm), one obtains TDH/dt = 4-9 Æ TDH= 
1.2m (min. fluid) – 2.7m (1 m/s). 
 
 
Figure 2.14: TDH as a function of fluidized bed dimensions (Kunii and Levenspiel, 1991) 
 
2.2.6.9. Choosing fluidized bed height 
Taking into account  
- the restrictions imposed by available space (= 9m riser). 
- keeping 1m extra free space between riser and regenerator (centerline to centerline), 
resulting in a 1.75m long connection line between the standpipe (Egger IRIS valve) and 
the riser (35° inlet section), implying 1.5m extra height (space) to take into account. 





- keeping in mind a 4 m fluidized head (fluidized bed + standpipe) to provide the necessary 
driving force in order for the circulation loop to keep functioning. 
- keeping in mind a 2 m additional freeboard to limit fines entrainment. 
- taking into account a bed expansion of 1.2 times the original bed height (the expansion of 
a  4 m bed equals 0.8 m) 
- 0.5 m extra height imposed by the primary and secondary cyclone. 
 
one obtains 8.8 m of height available for the regenerator and standpipe construction, which is 
matching closely the available riser height of maximum 9 m.  
 
2.2.6.10. Gas/solid separation above the fluidized bed: determination of the cyclone diameter  
 
Taking into account the extra freeboard of 2 m, a constant (small) entrainment of fines is to be 
expected from the fluidized bed. The method of Zenz (1976) (see riser) results in the following 
solution for the fluidized bed cyclone.  
 
Fluidized bed cyclone maxmin/3∆ = 68 - 6864 Pa 
Dc dpc Le He Dinlet Qg (m³/hr) Ve Do 
15 cm 5 µm 
13.1 m/s 
3.15 cm 6.6 cm 5 cm 35 -254 
(0.1-1 m/s 
in reg) 
3.4 -33.9 m/s 
 
6 cm/5cm 
Solids outlet: DN 50 
 
2.2.6.11. Additional pressure protection of the fluidized bed 
 
In addition, the admissible operating conditions (maximum allowable pressure of 0.6 barg taking 
a safety margin (given by a 30 cm diameter PMMA cyclone with design pressure of 0.9 barg) are 
carefully monitored while compliance is ensured by installation of a 5 cm diameter graphite 
bursting disk (with the same size as the cyclone inlet) with a set pressure of 1.5 bara on top of the 
fluidized bed. Additional pressure protection is described in the design of the air supply chain of 
the fluidized bed (pressure transmitter, mechanical pressure switch and diversion valve).  
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2.2.6.12. Choice of a gas distributor 
 
The quality of bubbling fluidization is strongly influenced by the type of gas distributor used. For 
few air openings (multi-orifice plates), the density of the bed fluctuates severely, resulting in a 
poor fluidization.  A perforated plate or wire mesh has the disadvantage that particles are apt to 
fall through the orifices when the gas flow is stopped. Gas channeling and slugging may be 
severe. All the above problems can be countered be installing a porous plate distributor. For 
many air openings (ideally using sintered or porous plates) the density fluctuations are less, 
resulting in a better quality of fluidization. Bubbles are smaller and less channeling and slugging 
occurs. These distributors have a flow resistance high enough to give a uniform distribution of 
gas across the bed (ideal distributor). Moreover, the porous plate distributor can operate 
satisfactorily over a wider range of gas velocities better than any other type of distributor. 
 
A polyethylene (PE) porous ring plate (outer diameter of 304.8 mm, inner diameter of 80 mm, 
thickness of 2 cm and porosity of 60%) was used. Although the quality of fluidization is superior 
when porous plates are used, porous plate distributors have the serious drawback of high(er) 
pressure drops. The pressure drop can be appoximated by the Karman-Cozeny equation for 















resulting in maximum 0.2 barg pressure drop for 20 m³/h gas flow (Geldart B particles minimum 
fluidization). Taking into account a total bed pressure drop of 0.6 barg, the pressure drop is well 
within the rule of thumb given in Kunii and Levenspiel (1991): the pressure drop over the porous 
distributor is larger than  0.14 times the pressure drop over the fluidized bed, and lies between 0.2  
to 0.4 times the pressure drop over the fluidized bed. In order to limit the pressure drop, the PE 
porous ring plate distributor is only recommended to be used for minimum fluidization state of 
the fluidized bed. For segregation studies (velocities 1 m/s) another -low pressure drop- type 
distributor, like a perforated plate distributor, is to be preferred. 






2.2.6.13. Axial pressure transmitters fluidized bed  
 
Along the height of the fluidized bed (in fact all along the circulation loop), pressure taps were 
provided. The distance between two taps is 0.5m. Each tap individually consists of a 10 cm long 
inox tubing, with a separate clamped porous metal sintered filter (+/- 1 cm), avoiding particle 
ingress towards the pressure transmitters (for details, see identical aeration tappings). Each tap is 
aligned parallel with the riser wall, minimizing impact on the flow. Because of budget reasons, 
only a very limited number of pressure transmitters were installed in advance (cyclones, inlets).  
 
2.2.6.14. Additional connections for loading/unloading the regenerator vessel 
 
 
Additional connections provided with ball valves were provided on the top of the fluidized bed 











In dense phase transfer legs (standpipe and cyclone diplegs), two types of flow can exist: aerated 
flow and stick-slip flow. One can distinguish over-flow and under-flow standpipes (Knowlton, 
2000). Over-flow standpipes do not have a bed of solids above the standpipe. A cyclone dipleg is 
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an over-flow standpipe. In under-flow standpipes the solids are introduced from the bottom of a 
fluidized bed or hopper, and a bed of solids is observed above the standpipe. The standpipe with 
the diaphragm valve is an under-flow standpipe. In the pressure loop, the standpipe is the 
dependent part of the loop. The standpipe pressure drop will automatically adjust to balance the 
pressure drop produced by the other independent components. The pressure drop adjustment is 
realized differently for over-flow and under-flow standpipes. In over-flow standpipes (cyclone 
dipleg) the pressure drop is adjusted by changes in the bed height (see next). In under-flow 
standpipes, the standpipe is operating in fluidized bed mode and it is full of solids. Changes in 
bed height are not possible. Therefore the length is long enough to generate more pressure than 
required. The excess of pressure is then burned up across the diaphragm valve in order to balance 
pressure drop changes in the other loop components. 
 
For practical design and operation, one must determine the type of flow, the optimum geometric 
configuration for the leg, the materials, the leg height, the maximum rate of discharge from the 




Most research on hydrodynamic studies in CFB systems is done on Geldart A or Geldart B 
powders. The fluidization curves for Geldart A and Geldart B powders however are different. In 
the beginning of the operation, for both types of solids, the ∆P/L over the bed increases linearly 
with vr. At some velocity umf, the solids become fluidized. When vr is increased above umf, for 
Geldart A particles, the solids expand without bubble generation for a given gas velocity range. 
Because of the bubbleless expansion, the ∆P/L over the bed decreases over this velocity range. 
When the velocity reaches umb, the bubbles begin to form. ∆P/L decreases slowly as the bubble 
volume in the bed increases. 
For Geldart B particles however, almost all gas, excess to the amount required to realize umf, is 
used for the formation of bubbles. Increases in vr above umf  immediately results in bubble 
formation and ∆P/L remains relatively constant at first (in contrast with Geldart A) but a further 
increase of vr, increases the bubble volume in the bed and consequently the ∆P/L decreases. 
Bubbles, especially large gas bubbles are undesirable in a standpipe. They hinder and limit the 
solids flow rate (Knowlton and Hirsan, 1978). The larger the gas bubbles, the larger the 





hindrance. Bubbles also reduce the apparent density of the solids in the standpipe, which causes a 
lower pressure build-up in the standpipe. Therefore, for optimum fluidized standpipe operation: 
 
A) Geldart A Vr should be maintained in a range just slightly below umb to just slightly above umf 
B) Geldart B Vr should be maintained just slightly above umf 
                  (Knowlton, 2000) 
 
As stated above, Geldart B powders will cause more problems in standpipe design then Geldart A 
powders, because of the bubble formation.  
Grace (1986b) suggested an empirical relation to distinguish group A particles from group B 
particles, i.e. the maximal particle diameter dp for which umb is appreciably larger than umf. 
 
dp= 101 (µg2/ρg ∆ρ g)1/3  (∆ρ/ρg)-0.425 

Group A particles give rise to turbulent fluidization, while group B particles are more prone to 
bubbling fluidization. Kunii and Levenspiel (1991) stated that for Geldart A powders the volume 
fraction in fully developed riser flow is less then 0.02, while it is less than 0.01 for Geldart B 
particles. Brereton et al. (1993) stated that the behaviour of Geldart A particles throughout the 
column is similar to that of group B particles in the lower section of the riser (due to interaction 
forces). 
 
In under-flow standpipes the flow type for fine particles (Geldart A) is aerated flow (Kunii and 
Levenspiel, 1963). For coarse particles (Geldart B) it is stick-slip flow (Kunii and Levenspiel, 
1963). An under-flow standpipe can be in completely vertical, completely angled or hybrid 
configuration (both vertical and angled). Angled standpipes do not perform as well as vertical 
standpipes (Karri and Knowlton, 1993). In angled standpipes gas and solids tend to separate. The 
gas bubbles are flowing upwards along the upper part of the standpipe while the solids flow 
downwards along the bottom part of the standpipe. However, in the LCT cold-flow pilot set-up 
solids need to be transferred both horizontally as well as vertically. A hybrid angled standpipe 
with a short horizontal (angled) section therefore seemed to be the best solution to the problem. 
Karri and Knowlton (1995) reported that the pressure build-up in hybrid standpipes is lower than 
that in a vertical standpipe and consequently the solids flux in a hybrid standpipe will be less than 
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in a vertical standpipe. The solids flow rate however, can be increased with a bypass line (Karri et 
al., 1995). The bypass line allows the bubble gas from the angled section to bypass the vertical 
section and move to the freeboard section of the fluidized bed. So far, a bypass line is not 
considered, because only riser studies will be of interest. Because of the short horizontal part of 
the standpipe, one can consider a vertical standpipe and estimate an upper limit for the solids flux 
during a numerical study of the riser set-up.  
The material of the standpipe is plexiglass (5 mm wall thickness). 
The maximum discharge rate from a transfer leg is limited to the maximum possible solid flux 
through the orifice at the bottom of the leg. The discharge rate is controlled by the use of a 
diaphragm valve. In the LCT cold-flow pilot the maximum solids flux is set at 400 kg/m²/s,  
equaling 2 kg/s in a 0.08 m ID riser and 3.14 kg/s in 0.1 m ID riser (= saturation carrying 
capacity).   
When solids descend without aeration in a long vertical pipe, the discharge rate of the solids 
(stick-slip flow) has been studied by Rausch (1948) for particles ranging in size from 0.127 to 
12.7 mm with bulk densities from 0.73 to 6.74 gm/cm³, in vertical tubes from 7.6 to 20.3 cm ID 
and orifices from 0.059 to 5.08 cm ID.  
 
    






















The above equation results, for Geldart B particles (260 µm, bulkdensity 1625 kg/m³), in the 
values found in Table 2.20:  
 
Table 2.20: Maximum discharge rates of the standpipe – Geldart B 
FS  dor  30 % open 40% open 




5.08 cm  
4.58 cm  
3.95 cm  
































It should be mentioned that in a hybrid standpipe, the solids fluxes will be overpredicted. It is 
very important to keep the angled piece of the standpipe as small as possible.  
 
The maximum stick-slip discharge rates for Geldart A (60 µm, bulkdensity 513 kg/m³) are (Table 
2.21): 
 
Table 2.21: Maximum stick slip discharge rates of the standpipe – Geldart A 
FS dor 30 % open 40% open 




6.69 cm  
6.02 cm  
5.22 cm  


























Note that only stick-slip flow is being considered at this point. With additional aeration (for fine 
particles the required amount of air is limited) the solids will become suspended and the solids 
flow rate will increase considerably. In a typical case of FCC-catalyst in a 1.27 cm vertical pipe, 
the discharge rate goes from stick-slip maximum of 200 g/min to 7500 g/min with additional 
aeration (Kunii and Levenspiel, 1963). 
 
For aerated flow (Geldart A), Trees (1962) measured solids flow rates coming from fluidized 
beds through both open/end sloping pipes, flowing into another fluidized bed. For pipes from 
2.62 to 10.5 cm ID and from 92 to 274 cm length, the solids flow rate is given by: 
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( ) 5.2410*19.9 θÅÆ G) −=  
 
This results for Geldart A and Geldart B particles in (Table 2.22): 
 
Table 2.22: Standpipe sizing of the cold-flow CFB 
FS dt (90 °) dt (65°) Dstandpipe (30%,90° ) Dstandpipe(40%,90°) 









































One can conclude that aerated solids fluxes FS correspond with lower standpipe diameters while 
higher solids fluxes in aerated pipes are achieved with smaller standpipe diameters. 
As a result of these calculations, one can conclude that a hybrid standpipe of 8 cm ID (with short 
angled section) will be able to provide (with slide-valve opening of 30-40%) solids fluxes up to 
400 kg/m²/s in the 0.1 ID developed riser set-up for Geldart A particles (aerated flow). For 
Geldart B particles (stick-slip flow, slide-valve opening 30-40%) solids fluxes no higher than 200 
kg/m²/s can be achieved. These operating values are in the range of the typical FCC and 
combustion industrial operating ranges. It is possible to achieve higher fluxes with diaphragm 
valve openings exceeding 40%. However, these fluxes are not well defined (problems of 
controlling the experimental set-up). 
The contact angle with the riser is 35°, which is smaller than 45° and thus safe to ensure an easy 
transport of the solids without the risk of creating additional obstructions. 
 
 





2.2.7.2. Aeration of the standpipe/diplegs 
 
In under-flow standpipes (aerated flow), aeration gas is added to keep the solids fluidized. If there 
is no aeration, the solids defluidize near the bottom of the pipe. Defluidization results in less 
pressure build-up and a reduction of the flow rate in the recirculation loop. The aeration is done 
uniformly along the standpipe, to avoid large bubbles forming when aeration is performed at a 
single position. Care should be taken not to over-aerate the standpipe, resulting in excessive 
bubble formation, blocking the standpipe flow rather than improving it. 
Aeration is calculated using the following procedure: 
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Step 5 : calculate the absolute pressure at the slide-valve 
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The above procedure results in the following aeration flows for Geldart A and B particles (Table 
2.23): 
 
Table 2.23: Aeration flows needed on the standpipe of the cold-flow CFB 
Geldart A – aeration needed Geldart B – aeration needed 
1.1 m³/hr 0.47 m³/hr 
 
Several aeration nodes were provided on the cold flow unit. This is necessary because as a result 
of the higher pressure, the air gets compressed in the lower (higher pressure) sections of the set-
up. This should be compensated with air, otherwise it would result in a poor fluidization quality. 
Each aeration node consists of: 
- Pressure regulator (0-4 barg) Wilkerson – type R21-C4-200 
- Manometer ½” (0-4 barg) 
- Flow needle valve 
- Rotameter (ABB-D10A11 with max. 5.2 m³/h at 1 barg/30 °C) provided with a plexi 
safety sheet 
- Safety valve installed in front of the rotameter and downstream the needle valve (Baily 
DN 15 ½” in bronze, packing in EPDM, outlet in ¾”with SP = 1 barg (lowest points 





regenerator and standpipe) or SP = 0.6 barg (highest points regenerator and cyclone 
diplegs) protecting the (plexi)glass of the CFB unit but also the (glass) rotameter 
- Flexible connection with intrusive inox aeration tap, see Figure 2.16 (8 mm diameter, 10 
cm long tubing provided with a 1 cm long RVS sintered filter of 15 µm), limiting the 
overall flow to +/- 1 m³/h. 
 
Figure 2.16: Aeration taps installed on the CFB unit 
 
As for the fluidized bed, the quality of bubbling fluidization is strongly influenced by the type of 
gas distributor used. A porous metal sintered distributor (15 µm) was used in the aeration taps. 
Although the quality of fluidization is superior when porous plates are used, the latter distributors 
have the serious drawback generating a high pressure drop. The pressure drop was appoximated 















resulting in max. 1 barg pressure drop for 1 m³/h gas flow, impacting the overall pressure needed 
for the air supply (see next). 
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The recuperated solids from the fluidized bed losses are recycled towards the fluidized bed by 
means of a 15 cm diameter cyclone with 5cm inlet and a 5cm diameter cyclone dipleg (5 mm 
wall thickness). In comparison with the riser dipleg, this cyclone is a negative pressure cyclone, 
meaning that the pressure drop imposed by the cyclone, results in a lower pressure above the 
solids level in the dipleg, comparable to the pressure above the fluidized bed (communicating 
vessels). Therefore, the level in the cyclone dipleg rises above the level of the fluidized bed 
(suction). The minimum dipleg height for the fluidized bed  cyclone [18] comes from the balance 
between the cyclone pressure drop and the gravity compensation through 







( pressure drop in regenerator cyclone) 




Table 2.24: Calculated dipleg heights for the fluidized bed cyclone 
 
Geldart A Geldart B 
dP15 (reg) – (Pa) dHdipleg (m) dHdipleg (m) 
67.7 0.0 0.0 
270.8 0.0 0.0 
609.4 0.1 0.1 
1083.4 0.2 0.1 
1692.8 0.3 0.2 
2437.6 0.4 0.2 
3317.8 0.6 0.3 
4333.5 0.8 0.4 
5484.6 1.0 0.5 
6771.1 1.2 0.7 





yielding a required dipleg with a height of minimum 1.2 m and this in order to ensure that no 
solids enter the fluidized bed cyclone due to backflow. The contact angle with the fluidized bed  
vessel is 35°, which is less than 45° and which is safe to ensure an easy transport of the solids 
without the risk of obstructions. 
Note: flanges are also provided in order to be able to install additional orifices for further 




The solids recuperated from the riser via the two cyclones in series are recycled towards the 
fluidized bed.  95% is recuperated by means of a 30 cm diameter primary cyclone with a 10 cm 
inlet and a 10 cm diameter cyclone dipleg (5 mm wall thickness) and 5% by means of a 22.5 cm 
diameter secondary cyclone with an 8 cm inlet and a 8 cm diameter cyclone dipleg (5 mm wall 
thickness) joining the first dipleg (10 cm). In comparison with the regenerator dipleg, this is a 
positive pressure cyclone, implying that the pressure drop imposed by the cyclone, results in a 
higher pressure above the solids level in the dipleg, as compared with the pressure above the 
fluidized bed (communicating vessels). Therefore, the level in the cyclone dipleg drops below the 
level of the fluidized bed (pression). The minimum dipleg height for the riser cyclone is 
determined via the balance between the cyclone pressure drop and the gravity compensation. 
 







(pressure drop riser cyclone) 
 
resulting in  (Table 2.25) 
 
Table 2.25: Calculated dipleg heights for the riser cyclones 
 Geldart A Geldart B 
dPcyclone (riser) – (Pa) dHdipleg (m) dHdipleg (m) 
212.0 0.038 0.013 
331.3 0.060 0.021 
477.1 0.086 0.030 
649.4 0.118 0.041 
848.2 0.154 0.054 
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1073.6 0.195 0.068 
1325.4 0.241 0.084 
1603.8 0.291 0.102 
1908.6 0.347 0.122 
2240.0 0.407 0.143 
2597.9 0.472 0.166 
2982.2 0.542 0.191 
 
yielding a required dipleg with a height of minimum 0.55 m below the fluidized bed level and 
this in order to ensure that no gas blow-through towards the fluidized vessel is possible. 
Conservatively, a distance of 0.75 m is taken. The contact angle with the fluidized bed vessel is 
35°, which is smaller than 45° and thus safe to ensure an easy transport of the recuperated solids 
without the risk of obstructions. Note: flanges are also provided in order to be able to install 




The riser can not be considered as an isolated entity in the CFB-loop: the pressure drop in the 
riser must be balanced by what is imposed by the flow through its accompanying components 
(fluidized bed, standpipe, diplegs). The riser flow characteristics can be significantly affected by 
the behaviour of all the components in the recirculation loop. Therefore, a total pressure balance 
calculation is included in Appendix A. The results are given below.  
 
A typical pressure drop profile is shown in Figure 2.17. Line a-b-c-d represents the pressure drop 
in the riser. Line e-f includes the cyclone pressure drop (and additionally extra pressure drops 
across the outlet geometry and the horizontal duct). Line f-g-h-i represents the pressure build-up 
by gravity in the fluidized bed with standpipe. Line pa-j-a is equivalent with the pressure drop 
across the solids circulation controle device. The pressure around the loop requires calculation of 
the pressure drop in each component (along each line). 
 






Figure 2.17: Typical pressure loop in a CFB (Fan and Zhu, 1998) 
 
A summary of the calculated pressure profiles to be expected around the cold-flow CFB loop, 
both for Geldart A (FCC particles) and Geldart B (silica sand) is finally given below. 
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Figure 2.18: Calculated pressure loop in the LCT cold-flow CFB 





The solids flux (0-400 kg/m²/s) is mechanically controlled by means of an EGGER – IRIS 
Diaphragm Control Valve [23]. The unique IRIS valve by Emile Egger & Cie SA uses the same 
principle as a camera (Figure 2.19), with a continuously varying aperture to provide precision 
flow control. Hysteresis free with excellent regulation characteristics, the IRIS valve aperture can 
vary from 0 to 100% with an enhanced segment edge design and maintains a central flow axis for 
outstanding performance. Highly precise control of the flow rate through concentric Iris® 
diaphragms (similar to a camera diaphragm) is possible. 
 
 
Figure 2.19: Diaphragm valve principle 
 
Non-clogging, self-cleaning and designed for continuous operation, the IRIS valve has a free 
passage design enabling low turbulences and a smooth flow to reduce unnecessary pressure 
losses. The latter does not only result in energy cost savings and low noise emissions, but also 
increases the performance accuracy by optimizing the valve apertures. 
Operations and drives for the IRIS® diaphragm control valve can be manual, electric and 
pneumatic. For cost saving reasons, in this application a manual control was installed. 
 
Benefits of the above described typical slide/valves, often used in CFBs: 
 Precision flow control with variable aperture. 
 Free passage design for smooth flow and low turbulence. 
 Aeration possible (can also be used in applications involving powders). 
 Reduced friction and pressure losses due to larger channel openings. 
 Large energy cost savings.  





 Energy-saving and low-noise valve due to flow-optimized construction. 
Flange sizes available from DN 80 millimetres. Maximum service pressures of 3-6 bar and 
temperatures up to 120 °C. 
 
Figure 2.20: Diaphragm controle valve (IRIS®) 
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Air is delivered by a 90 kW screw compressor (GA90 VSD13 from Atlas Copco (Free Air 
Delivery 1000 m³/hr), installed exterior to the CFB set-up.  
 
In activities such as fly ash or cement production, dense phase pneumatic conveying is used to 
transport material (goods). A cost-efficient stream and reliable stream of low pressure 100% 
certified oil-free compressed air is essential to keep the production running smoothly. To 
maximize productivity in these, often harsh and dusty, environments, the reliable compressors of 
Atlas Copco incorporate the latest technologies in the most reliable design. The compressors are 
designed as fully integrated and compact packages to ensure optimum cost efficiency. Combined 
with low noise and vibration levels this makes the screw compressor the perfect solution for air 
flow in the dilute phase pneumatic conveying regime. 
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Atlas Copco’s VSD blowers balance the two key prerequisites when choosing a 
blower/compressor: reliability and energy efficiency. Integrating the proven benefits of screw 
technology, the VSD reduces energy costs by an average of 30-35% as compared to lobe (Roots) 
technology. The VSD offers 100% oil-free air – which is absolutely essential to avoid 
contamination of the fluidized bed. The VSD is supplied as a state-of-the-art, ready-to-run 
package with completely integrated VSD convertor and proven Elektronikon® controller. 
Advantages: 
- 5HOLDELOLW\ – Incorporating proven screw technology and long-standing internal 
engineering practice of Atlas Copco. 
- 0D[LPXPHQHUJ\VDYLQJV – Integrating the proven benefits of screw technology, the 
VSD range reduces energy costs by an average of 30-35% as compared to lobe 
technology. VSD technology closely follows the air demand by automatically adjusting 
the motor speed and lowering the pressure, resulting in even greater energy savings. 
- &HUWLILHGRLOIUHH –VSD blowers provide with 100% pure, clean air that complies 
with the ISO 8573-1 CLASS 0 (2010) certification. CLASS 0 means zero risk of 
contamination; zero risk of damaged or unsafe products; zero risk of losses from 
operational shut-downs. In 2006 Atlas Copco was the first manufacturer in the world to 
receive the certification of an oil-free compressor. 
 
- (DV\LQVWDOODWLRQ – Delivered ready for use, VSD blowers/compressors come as all-in-
one packages including the state-of-the-art Elektronikon® controller, integrated 
converter, forklift slots, check valve, air filter and silencers. The compact design 
eliminates the need for extra components and reduces installation time to an absolute 
minimum. 










2.2.10.1. Blower versus compressor 
 
The overall design of the air supply is greatly determined by the “inverted” relationship between 
gas velocity and pressure drop in the lower velocity regions: a decrease in the gas velocity at a 
constant solids flux, initially results in an increase of the pressure drop. With a centrifugal blower 
the latter can result in blower type choking (Figure 2.21): the increase in pressure drop is larger 
than what can be provided by the blower. As a result the gas flow rate is further reduced. The 
reduction continues to conditions where the gas flow is no longer sufficient to maintain the 
required riser flow. The major advantage of a (screw) compressor is that it supplies a constant 
flow, independent of the counter pressure and that it is not sensitive to blower chocking. For the 
latter, the increase in pressure drop is less than can be provided by the compressor. An increase in 
the gas flow rate results from the compressor response to operational changes and a steady 
operation is re-established. 
 
                   BLOWER        COMPRESSOR 
 
Figure 2.21: Blower versus compressor curves in a CFB (Fan and Zhu, 1998) 
 
2.2.10.2. Compressor design 
 
The basis for the design of the experimental cold-flow set-up are the set-up components that will 
consume the compressed air. Therefore, these must be mapped, as a starting point for all other 
dimensioning activities of the set-up. The nominal compressed air requirement is determined by 
the individual air consumers (Table 2.32).  
 
 




Table 2.32: Air requirement for the cold-flow CFB - summary 
 Geldart A (400 kg/m²/s) Geldart B (400 kg/m²/s) 
Flow regenerator (m³/hr) 0-1 m/s 1.5 (min fl) - 250 21 (min fl) - 250 
∆P total fl bed, max (Pa) 0-1 m/s 





Flow riser (m³/hr) 4-15 m/s 113-425  113-425  






Aeration (m³/hr) 1.1  0.47  
∆P total aeration, max (barg) 0.365 0.624 
Total flowrate – riser 
Total flowrate – fluidized bed 
Total flowrate - aeration 
425 m³/h @ 1.13 barg = 
480 Nm³/h FAD 
250 m³/h @ 1.18 barg = 
295 Nm³/h FAD 
1 m³/h @ 1.37 barg = 
1.37 Nm³/h FAD 
425 m³/h @ 1.25 barg = 
531 Nm³/h FAD 
250 m³/h @ 1.36 barg = 
340 Nm³/h FAD 
0.5 m³/h @ 1.62 barg = 
0.81 Nm³/h FAD 
Total supply Pressure Proces ~0.365 barg ~0.624 barg 
 
The set-up development steps that must be examined include the calculation or assessment of the 
air requirement (the installation contains three compressed air consumers with the following data: 
(see above) 777 to 875 m³/h FAD, a reserve capacity and the possibility for future expansions. 
20% overdesign is a good practice, resulting in 1000 Nm³/h FAD). 
 
The operating pressure is a critical factor, as this significantly impacts energy consumption. The 
compressed air equipment in an installation determines the requisite operating pressure. Different 
types of equipment (riser, regenerator, aeration taps) demand different pressures within the same 
set-up. The highest pressure (the aeration taps just above the IRIS valve) determines the requisite 
installation pressure. Other equipment will be fitted with pressure reducing valves at the position 
of air consumption (see next). The correct operating pressure does not just only depend on the 





compressor, but also on the design of the compressed air system and its piping, valves, 
compressed air dryers, filters, etc. 
 
Table 2.33: Pressure drop over the air supply chain – operating pressure of the compressor 
 
 Geldart B (400 kg/m²/s) 
End user = aeration tap (barg) = design pressure PMMA 0.63 barg 
∆P DD filter 0.1 (SOR)-0.5 barg (EOR) 
∆P PD filter 0.1 (SOR)-0.5 barg (EOR) 
∆P piping network 0.1 (recommended) -0.7 barg  
∆P quick closing valve 0.05 barg 
∆P regulator + flow control 0.3 barg 
∆P steam separator 0.5 barg 
∆P cyclone 0.05 barg 
∆P bag filter 0.2 barg 
∆P aeration tap 1 barg 
∆P distributor plate (min. fluid) 0.2 barg 
Compressor maximum operating pressure 4.4 barg ~ 4.5 barg 
 
Assuming that the combined pressure does not exceed 3.77 barg, a compressor with a maximum 
working pressure capability of no less than 0.6 barg + 3.8 barg = 4.4 barg is suitable for the set-
up that is being developed. 
 
The power requirement in the early design stage can be estimated through (p1= 1 bara, p2= 5.5 
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This requirement is met by a compressor with an installed motor shaft power of a 90 kW screw 
compressor (GA90 (Water cooled) VSD from Atlas Copco (Free Air Delivery 1000 m³/hr)). The 
latter compressor is able to supply air up to 11 barg, but is only dimensioned for 9 bara. The 
minimum pressure delivered by this compressor is 4 barg. Thus, there remain possibilities 
possible future expansion. A typical lay-out  as provided by Atlas Copco, is given below (Figure 
2.22)., It is ready for use, comes in as an all-in-one package, including the state-of-the art 
Elektronikon® controller, integrated converter, check valve, safety valve, air filter, oil / water 
filter, pressurised tank and silencers.  
 
  
Figure 2.22: Typical compressor layout 
 
 
2.2.10.3. Screw compressor (Atlas Copco): 
 
 
The GA90 VSD13 is a stationary, single stage, oil-injected screw compressor driven by an 
electric motor. The principle for a rotating displacement compressor in twin screw form was 
developed during the 1930s, when a rotating compressor with high air flow rate and stable flow 
under varying pressure conditions is required. The twin screw element main parts are the male 
and female rotors, which rotate in opposite directions while the volume between them and the 
housing decreases (Figure 2.23).  






Figure 2.23: Screw compressor - principle 
 
 
Figure 2.24: Screw compressor – schematic flow diagram 

 
Each screw element has a fixed, build-in pressure ratio that is dependent on its length, the pitch of 
the screw and the form of the discharge port.  
Inlet air is drawn through a filter (1) and check valve (2) into the compressor 
element (3) ( Figure 2.24). Compressed air and oil flow into an air/oil separator 
vessel (5). In the air/oil receiver, most of the oil is removed centrifugally. The 
balance is removed by an oil separator element (14). The oil is collected in the lower 
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part of the air/oil receiver (type OSD 90), which acts as an oil sump (11). The air is 
discharged through the outlet valve via a minimum pressure valve (6), an air cooler 
(7) and a condensate drain (9). The minimum pressure valve prevents the receiver 
pressure fom dropping below a minimum and includes a check valve which prevents 
back-flow of compressed air from the air vessel. The cooling system comprises an air 
cooler and an oil cooler (air cooled/water cooled). A condensate drain (9) is equipped 
with a valve for automatic condensate draining during operation. During air 
consumption, when the pressure is higher than the set-value, the VSD-regulator will 
decrease automatically the motor speed. If the pressure keeps on rising, the motor will be 
stopped as well as restarted when the pressure reaches the set value. 
The compressor in enclosed in a sound-insulating framework (Figure 2.25). 
  
 
   
Figure 2.25: Screw compressor – sound insulated framework 






The front panel comprises an emergengy stop button and an Electronikon control 
module, including start/stop buttons (Figure 2.26). 
 
 
Figure 2.26: Screw compressor –Electronikon panel 

2.2.10.4. Air receiver 
 
One air receiver is included in the compressor installation. Its size is a function of the compressor 
capacity, regulation system and the air requirement pattern of the consumer. The air receiver 
forms a buffer storage area for the compressed air, balances pulsations from the compressor, 
cools the air and collects condensates. Consequently, the air receiver must be fitted with a 
condensate drainage device. The following relation applies when dimensioning the receiver’s 














































Figure 2.27: Compressor air receiver 
 
The selected air compressor has a loading/unloading regulation with a maximum cycle frequency 
of 30 seconds. Using the loading/unloading regulation, the selected compressor is subject to a 
pressure fluctuation between 8 and 7.5 barg, that is 0.5 barg. 
A free Air Delivery 780 Nm³/hr (without taking into account a 20% overdesign) yields +/- 3000 
liters (3m³) calculated volume for the air receiver (Type LV 3000-11B (AIB)). For compressors 
with Variable Speed Control (VSD) the required air receiver volume is substantially reduced.  
 
2.2.10.5. Extra filtering 
 
Most compressor installations are fitted with an after-cooler as well as a water separator, in order 
to separate as much condensation water as possible from the compressed air. With the right 
choice and sizing of the water separator, an efficiency of 80-90% water removal can be achieved. 
The remaining water flows with the compressed air as a water mist into the air receiver. Oil under 
the form of droplets is separated partly in an after-cooler, a condensation separator or a 
condensation tap and flows through the system with the condensation water. This oil/water 
emulsion is classified from an environmental point of view as waste oil and must not be drained 
off into the sewage system or directly into nature. New and more stringent laws are continuously 
being introduced with regard to the handling of environmentally hazardous waste. The 
condensate collection and drainage are complex and expensive. An easy and cost-effective 





solution to this problem is the installation of an oil/water separator, for example, with a 
diaphragm filter to produce clean drainage water and to drain off the oil into a special receiver.  
In the developed experimental set-up, a filter type DD260 for general purpose filtration is used 
(particle removal down to 1µm with a maximum oil carry-over of 0.5 ppm). A high efficiency 
filter type PD260 is also installed downstream the DD filter (particle removal down to 0.01µm 
with a maximum oil carry-over of 0.01 ppm). 
 
2.2.10.6. Pressure protection 
 
In addition, the admissible operating conditions are carefully monitored and compliance is 
ensured by installation of an additional pressure relief valve on the air receiver. SP = 11 barg. 
 
2.2.10.7. Piping towards CFB unit 
 
Piping from the compressor to the air consumption positions is made from PVC (diameter 76 
mm), with a pressure design in accordance with the maximum full design supply pressure of 
max. 9 barg.  
Immediately downstream the DD, DP filters are provided, while  upstream the CFB unit, two 
manual block valves are provided in order to be able to separate the compressor from the CFB 
unit at all times under safe (location) circumstances.   
 
2.2.10.8. The Quick Closing Valve (pinch valve) – Schubert and Salzer (Figure 2.28) 
 
In case of emergencies (that is high pressures, high temperatures, emergency handswitch , …) the 
air supply is cut off to 0 by means of a 3” pneumatic piston operated stopvalve of Schubert and 
Salzer (Type 8041 Sliding gate stop valve (short design)) which is an universally applicable stop 
valve with a low installation height, to be used for neutral and aggressive media in the chemical, 
process engineering and plant construction industries. The sliding gate principle implies that this 
valve only requires a very short stroke, and, therefore, achieves extremely short switching times 
(2 ms) and a high switching power. The valve leakage is limited to 0.00(0)1% of the Kvs-value. 
The fail action of this valve is obviously “air failure close”. 
 





Figure 2.28: Pneumatic piston operated stopvalve of Schubert and Salzer (Type 8041) 
 
Air supply 
Immediately downstream the piston operated stop valve, the installation contains three 
compressed air consumers provided by three separate air supply chains for 1) the riser, 2) the 
fluidized bed, 3) the standpipe aeration. Each supply chain has been provided with a pressure 
controller, a flow manual control valve, a flow measurement, a humidity/temperature 
measurement and pressure protection equipment (safety valves).  
 
The aeration supply chain was already described earlier (see aeration). Each aeration node has 
been provided with a separate local air regulator (R21-C4-200), a ½” manometer, an ABB 
rotameter (0-5.2 m³/h), a safety valve (SP=0.6-1 barg) and a needle control valve. In total 6 
aeration nodes are fed using a common feed aeration line at an operating pressure of 9 bara, 





additionally provided with a 4 mm orifice, limiting the overall flow rate to 30 m³/h and delivering 
6 x 5 m³/h for the 6 aeration nodes.   
 
The riser/fluidized bed supply chain is provided with a self-regulating pressure controller, a 
manual flow control valve, a steam injection, an accurate flow measurement, a 
humidity/temperature measurement and some pressure protection equipment (safety valves). 
  
2.2.10.9. Pressure regulators  – Schubert and Salzer (Figure 2.29) 
 
The air supply (both to riser and fluidized bed) is regulated by means of pressure regulators of 
Schubert and Salzer (Type 8010 self operating valve (short design)) which is a universally 
applicable regulator valve with low installation height for neutral and aggressive media in the 
chemical, process engineering and plant construction industries. Configuration as a pressure 
reducer (downstream pressure regulator) or an over-flow valve (upstream pressure regulator) is 




Figure 2.29: Pressure regulators Schubert and Salzer (Type 8010) 
 
The riser regulator (diameter DN 25) reduces the pressure from 9 bara to 1.1-1.3 bara, calculated 
at a maximum air flow of 425 m³/h (0.1-0.3 barg pressure range). 
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The fluidized bed regulator (diameter DN 15) reduces the pressure from 9 bara to 1.1-1.6 bara, 
calculated at a maximum flow of 32.5 m³/h (0.1-0.6 barg pressure range). 
 
2.2.10.10. Flow controller – Schubert and Salzer (Figure 2.30) 
 
The air supply (both to riser and fluidized bed) is flow-controlled by means of a manual flow 
control valve of Schubert and Salzer (Type 8051 sliding gate manual valve (short design)) which 
is a precisely operating manual valve with low actuation force. 
 
               
 
Figure 2.30: Flow control valves Schubert and Salzer (Type 8051) 
 
The riser flow control valve (diameter DN 80) is calculated at a maximum flow of 425 m³/h (0.1-
0.3 barg pressure range, 0-425 m³/h flow range). 
Because of the broad range of velocities expected in the fluidized bed, going from minimum 
fluidization velocity (lower than 0.1 m/s) to 1 m/s, the fluidized bed flow control set (diameter 
DN 25) is calculated at a maximum flow of 32.5 m³/h in a first stage (0.1-0.6 barg pressure range, 
0-35 m³/h flow range for minimum fluidization studies only). It should be noted that for a design 









2.2.10.11. Pressure protection equipment 
 
The fail (closed) actions of the pneumatic operated stop valve and the pressure regulators are 
inherently safe. In addition; the admissible operating conditions (maximum allowable pressure = 
0.6 barg, taking a safety margin from the design pressures of a 30 cm diameter PMMA vessel = 
0.9 barg and a 30 cm diameter glass cyclone = 1 barg) are carefully monitored and compliance 
ensured by installation of additional pressure relief valves, diversion valves, bursting disks and 
temperature/pressure limiters. 
 
The admissible operating pressure in the riser is observed in every experiment by means of a 
pressure transmitter and an independent mechanical pressure switch. The mechanical pressure 
switch with SP = 1.25 bara activates (closes) the main pneumatic piston-operated stop valve in a 
few ms. The independent pressure transmitter with SP=1.3 bara on the other hand is coupled to 
the activation of a full size diversion (bypass) valve, installed downstream the steam injection, 
but upstream all the measurement equipment and exhausting in a closed box guided towards a 
safe location. The activation of the stop valve (1.25 bara) is preferably initiated before the 
activation of the diversion valves (1.3 bara), because of the impact of noise. The diversion valve 
(which is an exact copy of the pilot-operated stop valve), is only used under extreme conditions, 
e.g. broken pilot-operated stop valve in combination with broken pressure regulator combined 
with fully open manual control valve and full obstruction in the riser (blocked outlet). The above 
scenario is, in most design work, already considered as a double contingency scenario.  
 
The admissible operating pressure in the fluidized bed is observed under all conditions by means 
of a pressure transmitter and an independent mechanical pressure switch. The mechanical 
pressure switch with SP = 1.6 bara activates (closes) the main pneumatic piston. The independent 
pressure transmitter with SP=1.7 bara on the other hand is coupled to the activation of a full size 
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2.2.10.12. Temperature protection equipment 
 
Any operation at temperatures in excess of the maximum allowable temperature DT= 60 °C 
(given by DT PMMA 90°C) is rare (cold flow unit), but possible, e.g. due to electrical heating, 
steam injection. Temperatures are carefully monitored by different temperature measurements 
(integrated in the humidity sensors) and compliance is ensured by installation of temperature 
limiters activating magnetic shut-off valves in the steam supply (but keeping the air flow open). 
 
2.2.10.13. Air humification 
 
The cold-flow unit is provided with a separate air humification line. Dry air (20-30% Relative 
Humidity (RH)) from the compressor is moistened with steam (0-10 kg/hr) to 50-60-80 % RH.  
 
Electrostatic loading occurs, especially when dry air transports particles with low electrical 
conductivity in a riser/fluidized bed made from plexi(glass). Humification of the air therefore is 
needed in order to minimize electrostatic charging (safety issue) and its effects on the 
hydrodynamics in the riser/fluidized bed (Guardiola et al, 1996). Electrostatic charges could 
initiate dust explosions. Electrostatic charging of the particles also result in solids sticking on the 
riser wall, making the riser internals less accessible for the LDA and impacting on the separation 
efficiency of the cyclones. An alternative could be the addition of fine antistatic powder (e.g. 
Larostat, a quaterny ammonium salt, BASF) that could also act as a tracer for gas flow 
measurements. However, the problem is that these fine particles (<10µm) would not be separated 
by the cyclones, nor by the bag filter and would result in expensive reloads every now and then. 
Moreover antistatic agents are mostly effective in environments at 15% RH, which would require 
additional drying of the air (initially 20-30% RH). A third alternative would be the coating of the 
solids particles, or even the PMMA tubing with an antistatic layer. Both these coatings are very 
expensive, have poor resistance to erosion (small lifetime) and, in addition, its effect on the LDA 
measurements is unknown. Therefore, humidification by steam is the cheapest solution to 
minimize the electrostatic effects. Additionally, the riser and fluidized bed (plexi)glass tubing are 
connected to earth by means of a copper wire, wounded around all the riser/fluidized 





bed/standpipe/dipleg wall segments. The metal earthed equipment will also contribute to leak 
streams through conduction, removing further electrical charges on the particles.  
  
From the psychrometric air/water diagram follows that in order to humidify dry air at ambient 
conditions up to 12-16 g water/kg dry air is needed. In the experimental range (that is 15 m/s = 
425 m³/hr gas flow in a 0.1 m ID riser) in the riser, the latter implies 425 m³/h * 1.2928 kg/m³ * 
1l/kg = 550 kg dry air/h * 0.012 –0.016 kg water/kg dry air = 6.6-8.8 kg water/h = 6.6-8.8 l 
water/h. This defines the capacity required for the boiler to provide the steam. For the full air 
delivery of 1000 Nm³/h a total of 12-16 kg water/h would be needed. Basically, because the 
compressed air is not completely dry (20-25 % RH), the expected steam consumption is less than 
10 kg/h. 
 
Finally, an electrical boiler in RVS304 (ESG RVS 15) material with a kettle of 168.3 mm 
diameter (maximum load of 24 liter) was installed by SRM, able to provide 15 kg/h feed water at 
15°C (Table 2.34, Figure 2.31). 
 
Table 2.34: Steam heater data 
Heated surface 0.625 m² 












A removable flanged heating element of 9kW, at 2W/cm², determines the necessary heat load. A 
3/8” steam injection line is provided, including check valve and separate block valves and control 
set. An extra water separator is installed immediately in front of the control set, in order to assure 
completely dry steam towards the riser/fluidized bed. Appropriate electrical tracing and isolation 
is installed. Emergency magnetic shutters, monitored by proper flow switches (at riser and 
fluidized bed exit) and temperature/pressure measurements, triggered by “no flow” conditions, 
“high temperature alarm” or “high pressure alarm”, close of the steam supply whenever 
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necessary, with a response time of 20-30 ms. The fail action of the control set is obviously “air 
failure close”. 
 
The steam generator applies to all regulations and is provided with a safety valve, a water level 
control, a low level protection and a pressurostate. Water supply is provided by a vertical 
Grundfos feed pump, (RVS, type CR1-2; max. 12.8 barg, 0.37 kW, 110 °C, 3 phase) through the 
feed line, consisting of a magnetic valve, check valve, blockvalves. Pre-treatment of the water is 
provided by a water filter element and a water treatment softener (MINI FL8) with dosing pump 
DMS8 and appropriate feed tank. Condensates are drained in a 15 liter drain vessel, provided 
with a mechanical vlotter 1/2”.  
 
 
Figure 2.31: Steam heater flow schematic 
 
Steam is injected by means of the Venturi principle via the main supply chains of the 
riser/fluidized bed and was initially controlled by 2 DN 15 manual control valves. Later, for the 
riser, an automated controle valve (2mm element, 0- 10 kg/h range) has been added.  
 





The RH of the air is carefully monitored by capacitive humidity sensors (see next). However, the 
RH may not be larger than 90% RH. Furthermore, no free liquid is allowed, because of the risk of 
water sticking on the particles. Therefore, an additional liquid condensation trap has been 
installed downstream the steam injection node on the riser supply chain. This liquid trap consists 
of several gulfed plates, contained in a metal box. Due to the gulfed plates, the air stream is 
diverted, catching liquid droplets as they continue on their straight path due to inertion. An 






The solid particles used are FCC (referred to as Geldart A type) particles, with a mean volume- 
averaged diameter of about 79 µm and a solids density of 1550 kg m-3 , and silica sand (referred 
to as Geldart B type) particles, with a mean volume-averaged diameter of about 260 µm and a 
solids density of 2650 kg m-3. The particle sizes were measured using a Malvern Particle Sizer, 




Figure 2.31: Malvern Partice Sizer - principle 
  
Particle size analysis and measurement is an important parameter in many industries, and 
Malvern Instruments offers leading instrumentation for all types of particle size analysis and 
characterization. Malvern has a range of particle size analysis solutions from sub-nanometer to 
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millimeters in size. Malvern Instruments is the worlds leading supplier of particle size 
measurement instrumentation. 
During the laser diffraction measurement, particles pass through a focused laser beam. These 
particles scatter light at an angle that is inversely proportional to their size. The angular intensity 
of the scattered light is then measured by a series of photosensitive detectors. The number and 
positioning of these detectors in the Malvern Mastersizer has been optimized to achieve 
maximum resolution across a broad range of sizes. The map of scattering intensity versus angle is 
the primary source of information used to determine the particle size. The scattering of light is 
accurately predicted by the Mie scattering model. This model is rigorously applied within the 
Mastersizer software, allowing accurate sizing across the widest possible dynamic range. 
Accuracy: ± 1% on the Dv50 using the Malvern Quality Audit Standard. Instrument-to-
instrument reproducibility: better than 1% RSD on the Dv50 using the Malvern Quality Audit 
Standard. Broad measuring range: measures materials from 0.02µm to 2000µm. 
The particle size distributions are shown in Tables 2.35-2.36.  
 
 
Table 2.35: FCC-catalyst size distribution (Engelhard corp. used in Exxon FCCU-E) 
22Ł     2 62  62Ł 
ID: FCC 5 uit v at Run No:    17 Measured: 4/21/2004 3:24PM
File: CFB2 Rec. No:   16 Analy sed: 4/21/2004 3:25PM
Path: C:\USERS\VENGELG\BACKUP~2\BACKUP~1\USERS\VENGELG\MALVER~1\ Source: Analy sed
Range:  300 mm Beam: 10.00 mm Sampler: MS64 Obs’:   3.8 %
Presentation: 3_AQ313 Analy sis:  Poly disperse Residual:  0.302 %
Modif icat ions: None
Conc. =   0.0071 %Vol Density  =   1.550 g/cm 3^ S.S.A.=  0.0686 m 2^/g
Distribution: Volume Span = 1.187E+00 Unif ormity  =3.665E-01
A.S.T.M Deriv ed Diameters (um)





   79.73    67.07    48.29    31.75
   56.42    37.58    23.36
   25.04    15.03
    9.03
Distribution Moments





   79.73     35.557     0.4152    -0.0239
   56.42     36.268     0.5824    -0.0006
   25.04     28.031     1.7217     2.8647
    9.03     12.022     4.6633    27.9706
Distribution Percentiles (um) -- Volume
Percentile Size Percentile Size
 10.0 %    35.96
 20.0 %    49.38
 50.0 %    77.10
 80.0 %   108.17
 90.0 %   127.50
Distribution Modal Sizes (um)
Mode Size Mode Size





























Table 2.36: Silica size distribution 
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ID: glas 1 (zak) Run No:     2 Measured: 4/21/2004 2:39PM
File: CFB2 Rec. No:    1 Analy sed: 4/21/2004 2:39PM
Path: C:\USERS\VENGELG\BACKUP~2\BACKUP~1\USERS\VENGELG\MALVER~1\ Source: Analy sed
Range:  300 mm Beam: 10.00 mm Sampler: MS64 Obs’:   4.8 %
Presentation: 3_AQ313 Analy sis:  Poly disperse Residual:  1.502 %
Modif icat ions: None
Conc. =   0.0404 %Vol Density  =   2.650 g/cm 3^ S.S.A.=  0.0092 m 2^/g
Distribution: Volume Span = 5.071E-01 Unif ormity  =1.609E-01
A.S.T.M Deriv ed Diameters (um)





  261.78   253.27   230.61   175.21
  245.04   216.45   153.26
  191.19   121.21
   76.85
Distribution Moments





  261.78     52.844    -0.0542     1.2010
  245.04     64.052    -0.9603     2.6677
  191.19    101.461    -0.6027    -0.8423
   76.85     93.740     1.3604     0.2608
Distribution Percentiles (um) -- Volume
Percentile Size Percentile Size
 10.0 %   201.28
 20.0 %   223.34
 50.0 %   258.30
 80.0 %   300.70
 90.0 %   332.25
Distribution Modal Sizes (um)
Mode Size Mode Size























Dry air (RH 20-30%) from the compressor is moistened with steam (0-10 kg/hr) to 50-60-80 % 
RH. In order to closely monitor the humidity, an appropriate capacitive humidity sensor and a 
resistive temperature measurement sensor are installed. EE30 series are designed for the accurate 
measurement of humidity and temperature in the range 0-100% RH and -40°C to 80 °C with an 
accuracy of +/-1-2% (for RH < 90%) and 2-3% (for RH > 90%) in a typical reponse time of 10-
30s. 
 





Figure 2.32: E+E Elektronik EE30 humidity sensor - principle 
 
E+E Elektronik is a specialist for high-quality thin film sensors, transmitters, handled 
instruments, calibrators and data loggers for the exact measurement of humidity, temperature, 
dew point. The basis for this highly accurate transmitter series is created from E+E humidity 
sensorelements of the HC Series. In addition to the measured values of RH and temperature the 
transmitter provides the following data: 
- Absolute humidity  
- Wet bulb temperature 
- Specific enthalpy  
- Dew point temperature  
- Frostpoint temperature  
- Mixture ratio  
- Water vapour partial pressure  
 
The mounting of the sensor head was installed as indicated by the scheme below (Figure 2.33): 
away from the wall, installed in stable conditions, representing the process conditions. Three 
probes (sensors) were installed upstream of the riser/fluidized bed inlets and downstream the riser 
outlet, in order to guarantee that during the operation of the sensor heads no particle impacts, no 
droplet impacts and no friction on the housings surface could occur, even in fault cases. A 
stainless steel sintered filter cap was additionally installed to guarantee sufficient protection 
against these external effects (erosion, impacts). 
 






Figure 2.33: Mounting E+E Elektronik EE30 humidity sensor - principle 
 
Riser inlet and fluidized bed inlet temperatures are displayed on the meters itself; the riser outlet 




When a flowing fluid meets an obstruction, pressure variations are created in the fluid, which 
cause eddies to shed at the obstruction. This phenomenon is utilized in the Vortex and Swirl 
flowmeters. The eddies are formed in the fluid at a geometrically defined obstruction (Vortex and 
Swirl bodies) whose frequency is measured by a sensor. The flowrate of liquids, gases and steam 




Figure 2.34: Vortex and Swirl Flow Meters - principle 
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The Vortex Flowmeter VORTEX-10VT1000 operation is based on the Karman Vortex Street, in 
which the shedding frequency of eddies in a flow stream after an obstruction is measured.  
 
Fixed spiral vanes in the entrance body of the Swirl Flowmeter force the fluid into a rotational 
movement. The frequency of the resulting secondary rotation is then measured. The shedding 
frequency of the eddies and the rotation are – over a wide Reynolds number range proportional to 
the flow rate. 
 
ABB is the only manufacturer offering high-performance Vortex and Swirl flowmeters, which, as 
a result of their innovative DSP-Technology (Digital Signal Processing), are extremely reliable. 
 
In order to provide optimum functionality, the flow profile of the Vortex flowmeter should be as 
undisturbed as possible. This is achieved by using a straight inlet section with a length of 15D 
(pipe diameters) and an outlet section of 5D long. A Swirl-Flowmeter requires virtually no 
straight pipe sections on the inlet or outlet lines. Generally lengths of 3D at the inlet and 1D at the 
outlet are sufficient. 
 
Advantages above other flow measurements: 
- Cost savings due to high accuracy. 
- Low investment cost due to short straight inlet and outlet sections. 
- No wear, no maintenance – no moving parts. 
 
The meter sizes are selected (Table 2.37) as a function of the maximum volume flow rates in the 
riser/fluidized bed (425 m³/h @ 15 m/s and 250 m³/h @ 1 m/s). In order to achieve the maximum 
flow range, this value should not be less than one half of the maximum flow rate listed for the 
meter size in the ABB-catalogue.  
 
Table 2.37: ABB Vortex and Swirl Flow Meter characteristics 
  
Range Accuracy Size 




0-500 m³/h 1% of rate DN50/PN40 
Swirl flow meter model 10ST1000 
 
10ST1102-EE1A5A2 18-350 m³/h 0.5% of rate DN50/PN40 







For the study of hydrodynamics of gas-solid flow, preferably 3D, the u, v, w solid velocities 
(instantaneous velocity, average velocity, fluctuating velocity, turbulence, …), axial and radial 
profiles (segregation, mixing phenomena), local and global solid fluxes and particle size of the 
solid phase are monitored. In the past, different techniques have been adopted in gas-solid two-
phase flow modelling and its validation (Nieuwland, 1994 and Antolinez, 2001). Most of these 
techniques (quick closing valves, pressure gauges, acoustic methods, methods with radioactive 
tracers, X-ray, (extraction) sampling probes, capacitive measurements) all have limitations, in the 
sense that only partial information is obtained (mostly concentration profiles). Quick closing 
valves only give averaged concentration profiles and are combined with a non-continuous 
operation during experiments. Pressure gauges only give information about the average 
concentration, with the assumption that friction effects and acceleration effects are negligible. 
Acoustic methods only yield reliable data near the walls. Methods with radioactive tracers and X-
ray are complex, expensive and dangerous, especially when used in dense environments. In 
addition these methods do not give information on local turbulences (fluctuations). Sampling 
probes on the other hand are intrusive, interfering with the hydrodynamics. Capacitance probes 
are sensitive to electrostatic electricity. 
    
7KH/'$V\VWHP
 
Laser Doppler Anemometry has become an important tool for non-intrusive measurements of 
velocities and turbulence in multiphase flows. So far, only three measuring techniques with 
sufficiently high spatial and temporal resolution to cover the size distribution of turbulent  eddies, 
are  available  for  the   measurement  of  turbulent  fluctuations: Laser Doppler Anemometry 
(LDA), Phase Doppler Anemometry (PDA) and Hot Wire Anemometry (HAW). Since HAW 
measures with a very thin and vulnerable tungsten wire, the latter is not suited to be used in gas-
solid flows. Moreover, LDA-PDA enables to measure higher turbulence intensities in a non-
intrusive way. The disadvantages however are the high noise level, especially in backscatter 
applications and the random sampling caused by the need of “seeding” the flow. It should be 
noted that LDA is a single point measuring technique. The use of LDA results in an increasing 
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literature focussing on local instantaneous velocity measurements of gases and/or solid particles 
in dilute and/or dense phase gas-solid flows (e.g. risers, pneumatic conveying tubes, jets, etc…). 
It also has a large impact on turbulence research in multiphase flows. An extensive overview of 
LDA practice can be found in Antolinez, 2001. More recently, Particle Image Velocimetry (PIV) 
was introduced, in which a pulsed laser sheet enables instantaneous large field measurements 
(instead of single point measurements). Two images of the light sheet, illuminating the particles, 
are recorded. Analysis of the recorded images gives information on the displacement of the 
particles. PIV may be used not only to determine the instantaneous spatial distribution of the 
particles over a finite region of interest in the flow, but also for determination of properties of 
individual particles such as velocity, particle size and shape. However, in 1999-2000 (the time 
that the LDA equipment was ordered for this project), PIV technique was still evolving and did 
not meet the same spatial and temporal resolution as the one obtained with LDA. Moreover, PIV 
will in general not be able to measure components along the axis towards to or away from the 
camera, making it therefore not suitable for full 3D measurements. 
 
2.3.5.1. LDA Equipment  
 
The LDA used in this study, is a compact 3D FiberFlow LDA from DANTEC (Figure 2.35) with 
two 60 mm probes (514.5, 488 and 476.5 nm, 1.35 mm beam diameter, 38 mm beam spacing, 35 
fringes, measurement volumes: 0.14*0.14*2.2 mm, Table 2.38) and a class IV 4W Ar-laser 
(Spectra Physics Stabilite 2016). One, two or three velocity components are measured 
simultaneously. The LDA is operated in backscatter mode (that is the emitting and receiving 
optics are installed in the same probes). LDA signal processing is handled by a general purpose 

















Table 2.38: LDA probe data used in the cold-flow CFB unit 
Fringe spacing LDA1 4.080 µm 
Fringe spacing LDA2 3.879 µm 
Beam separation 3.605 grade 
Focal length (transmitting lens) 300  nm 
Focal length  (receiving lens) 300  nm 
Length of measuring volume 2.195 mm 
Width of measuring volume 0.138 mm 
 
FiberFlow is a modular system that can be configured with one or two probes (one probe emitting 
2 couple of laser beams and one probe emitting one couple of laser beams, to measure the three 
velocity components), and with small air-cooled or large water-cooled (in this set-up) argon-ion 
lasers. The basic elements are:  
• A transmitter comprising beam-splitting and frequency-shifting optics. 
• Fibre manipulators for guiding the laser beams into optical fibres.  
• A range of probes with diameters from 14 mm up to 112 mm.  
 
When the solids flux becomes higher than 100 kg/m2/s, the interaction between core and annulus 
flow in the riser increases significantly, resulting in a continuous formation and break-up of solid 
microstructures referred to as “clusters” and “streamers”. This causes highly random fluctuations 
of the flow variables. The solid phase equations in the simulation model of De Wilde et al. (2000-
2005), however, are not Reynolds-averaged, since no really reliable solid phase turbulence model 
is available in literature. The gas phase equations are time-smoothed (Reynolds Averaged); the 
solid phase equations however are only locally averaged (KTGF). Hence, the set of model 
equations is of the turbulent gas/laminar solid type, and is applied to obtain the mean values of 
the solid phase properties. The solid phase modeling considers random fluctuations and collisions 
at the particle level, the KTGF neglects the meso-phase fluctuations and is not time smoothed 
and, hence, can be considered as a laminar solid phase model. Note that all the solid phase 
equations are only local mean values and not time smoothed. Hence, these equations are only 
applicable for the laminar solid phase conditions where the meso-phase fluctuations are 
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negligible (if a coarse grid of size larger than the characteristic size of a cluster (10-100 dp) is 
performed). In other words, the model is laminar.
Consequently, simulation of clusters should be done by using an extremely fine mesh in the 
simulations (Agrawal et al., 2001). Because of the computational load, such a high resolution 
mesh that resolves meso-scale structures cannot be used for the calculation of industrial size 
risers. The development of decent solid phase turbulence models should overcome this problem 
in the near future. However, it is wellknown that the sizes of the clusters and the probability of 
their formation decreases with an increase in the gas velocity and a decrease in the solids flux. 
Therefore, simulation results presented in this work and consequently also the validating 
experiments, are limited to dilute conditions (a solids flux of 6 kg/m²/s) under which the 
formation of clusters or streamers can be considered limited. 
Moreover, the LDA measuring technique used in the designed experimental set-up, has a severe 
limitation: in the regions of ‘high’ solids volumetric concentrations (3-5 %), the data acquisition 
rate decreases considerably. To a given extent, this can be overcome by alternative traversing 
routes (the choice of measuring points in the set-up riser tube). At higher solids concentrations, 
light scattering from the particles in between the LDA probes and the measuring volume, 
becomes significant and results in unreliable ‘noisy’ measurements. Also, in high density 
suspensions the optical path of the laser beams becomes unclear or even results in a complete 
blockage of the laser light (Arastoopour and Shao, 1997). The only appropriate technique to 
eliminate the blocking effect is to match the index of refraction of some of the solid particles to 
the fluid so that the laser beam path becomes less distorted by the particles. Alternatively, the 
LDA measurements should become invasive, which will evidently cause distortion of the laser 
beam flow pattern, severely affecting the accuracy of the experiments.  

$GYDQWDJHVDERYHRWKHUWHFKQLTXHV
- Developed by Yehand Cummins in 1964. 
- Velocity measurements in Fluid Dynamics (gas, liquid, solids). 
- Up to 3 velocity components (1D, 2D, 3D) measured. 
- Non-intrusive measurements (optical technique). 
- Absolute measurement technique (no calibration required). 
- Very high accuracy. 





- Very high spatial resolution due to small measuring volume. 
- Tracer particles are possible but not required. 





- Difficult to align laser beams coming from 2 probes (for 3D). 
- Cumbersome overall system. 
- “Seeding” particles needed to measure gas velocities. 
-  “Line of sight” optical access needed – needs transparent set-up or measuring ‘window’. 
 
 
Figure 2.35: 3D LDA Fiberflow system (Dantec®) 
 
 
2.3.5.2. Measuring Principle (Figure 2.36) 
 
When a particle passes through the intersection volume formed by the two coherent laser beams, 
the scattered light, received by a detector, has components originating from both beams. These 
components interfere on the surface of the detector. Due to changes in the difference between the 
optical path lengths of the two components, this interference produces pulsing light intensity, as 
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the particle moves through the measuring volume. A pattern of bright and dark stripes/planes 




Figure 2.36: Laser Doppler Anemometry principle 
 
Flow velocity information originates from the light scattered by the particles carried by the fluid 
as they move through the measuring volume. The scattered light contains a Doppler shift, the 
Doppler frequency fD, which is proportional to the velocity component perpendicular to the 
bisector of the two laser beams, which corresponds to the x axis shown in the probe volume. 
  
The scattered light is collected by a receiver lens and focused on a photo-detector. An 
interference filter mounted in front of the photo-detector assures that only the required 
wavelength passes to the photo-detector. This removes noise from ambient light and from other 
wavelengths. 
 
The photo-detector converts the fluctuating light intensity to an electrical signal, the Doppler 
burst, which is sinusoidal with a Gaussian envelope due to the intensity profile of the laser 
beams. The Doppler bursts are filtered and amplified in the signal processor, which determines fD 





for each particle passing through the measuring volume, often by frequency analysis using the 
robust Fast Fourier Transform (FFT) algorithm. The frequency of the burst is determined 
electronically by a counter. A counter uses a high-speed clock to measure the time between the 
pulses. 
 
The fringe spacing, df, provides information on the distance travelled by the particle passing 
though the measuring volume. The Doppler frequency fD provides information on the time the 
particle stays in the measuring volume: t = 1/ fD. Since velocity equals distance divided by time, 













¼IY =  
 
with : v = velocity of the particle (in one dimension) [m/s] 
df = distance between two centers of neighbouring light and dark fringes [m] 
fD = Doppler-frequency [1/s] 
λ = wavelength [m] 
ϑ = half-angle between laser beams [radials] 
To determine two velocity components, two pairs of laser beams (one LDA probe) are needed. 
To determine the three velocity components, three pairs of laser beams (two LDA probes, see 
Figure 2.35) are needed. In the latter case, alignment of the beams to form a measuring volume 
with the three pairs of beams is difficult. 
 
The alignment was done manually (wearing laser safety goggles), by adjusting the individual 
alignment screws of the second (1D) probe and bringing the 1D measurement volume carefully, 
closer to the 2 measurement volumes originating from the 2D (auto-aligned) probe. The quality 
of the alignment was checked with the use of a simple pinhole (0.5-1 mm). The measurements 
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volumes of the three laser pairs did not necessarily coincidence precisely due refractory effects. 
Therefore, the data rates obtained after manual alignment were not always impressive. A full 
automatic adjustment system of the probes is under construction in order to provide more 
efficient, more accurate 3D coincident measurements. 
 
2.3.5.3. BSA Flow Software  
 
The BSA Flow Software is the Windows software package dedicated to Laser Doppler 
Anemometry (LDA) measurements. In combination with the processors of the Dantec Dynamics 
LDA they provide integrated flexible and easy-to-use solutions for all LDA experiments. This 
main software package (BSA Flow Software Version 2-2.1) takes care of the communication 
with the hardware, the acquisition of data, imports data and takes care of the statistical processing 
of the data. It includes wizards for setting up the processors, traverse and traverse mesh 
(traversing is moving/placing the probes). Results can be presented in lists and histograms. The 
basic software version was selected, with several add-ons: 

&\FOLFSKHQRPHQDDGGRQ
As the name implies, this add-on is used in connection with cyclic phenomena, occurring e.g. in 
rotating machinery or wave tanks. Data containing synchronization information from e.g. an 
encoder is sorted according to the phase angle. The statistical values are computed for each user-
defined phase angle interval. 

6SHFWUXPDQGFRUUHODWLRQDGGRQ
The Spectrum part of this add-on is typically used to analyze the periodicity of flow velocity 
fluctuations. If the velocity fluctuations are periodical, this will be observed as a peak in the 
spectrum function. The correlation part of the peaks can be used to determine the integral time 
scale of the velocity fluctuations, which is useful for setting up the time between samples to 
ensure statistically independent samples for calculation of moments. 

$GYDQFHGJUDSKLFVDGGRQ





This add-on includes the 2D plot and vector plot. 2D plots are used for presentation of many 
types of data, e.g. time series and velocity profiles to mention two of them. The vector plot is 




Many experiments using LDA (and PDA) technology require mapping of the fluid velocity in 
space. Often, velocity and/or size information from hundreds or thousands of positions in the 
flow is required. The experimental data discussed in this study are obtained at different heights 
(Z) above the gas inlet. At each height a horizontal 2D (coincident, non-coincident) (a coincident 
meeting assures that the 2D velocity components originate from the same particle) scan at 
different radial positions (from wall to wall along the Y-axis), measuring the axial (Z) and radial 
(X) component of the particle velocity, is done. The high resolution of the Dantec Dynamics 
traverse systems (0.5 mm) meets these requirements, as well as the conditions for boundary layer 
measurements. The traversing system for the LDA equipment was designed specifically for this 
application: a lightweight 2D traversing unit (620x220 mm travel length, Figure 2.37, left) from 
DANTEC is installed on a high accuracy (1 mm) elevator from Lenze (travel height of 8m, 
Figure 2.37, right). The 2D traversing system (left) was designed to rotate (manually) 180° in the 
XY-plane around the riser, which enables 3D-LDA measurements. Axial (Z) and radial (X) mean 
and fluctuating particle velocities along the Y-axis are measured by automatically traversing the 
LDA probes with the 2D lightweight traversing system (left) (wall to wall through the centerline 
of the riser). The Lenze elevator system (right) was used to bring the lightweight system (left) to 
the appropriate height (0-8m). As general precautions to avoid personal damage (and imposed by 
local legislation), the elevator element (containing the 2D lightweight Dantec traversing system) 
was carefully shielded from human acces by means of an aluminium fence, guarded by an 
interlock system on the fence door.  
 




Figure 2.37: Traversing systems (Dantec lightweight (left) and Lenze elevator (right) system)
 
In advance of a data collection (at a specified riser height), the probes were traveled from one 
wall to the other wall checking the overall distance that could be traversed, and hereby defining 
the “end” traversing coordinates that should be traveled during data collection. Approaching the 
riser wall during setting of the traversing coordinates, one observes very high noise levels, 
indicating the end of the riser wall. Then it was checked whether the total travel distance was in 
the order of ~0.1m.  
Indeed, due to vertical alignment of the riser in the construction frame, the overall traversing 
coordinates could differ ~ few mm’s when moving the elevator upward (e.g. traversing between 
200 and 300 mm at 2.35m height and traversing between 203 and 299 mm at 8m height, = riser 
alignment within its structure is order of mm, not µm; accuracy of the traversing unit is 0.5 mm). 











2.3.5.4. Reflection and refraction effects 
 
If a light beam passes the interface of two media of different refractive indices, the light is partly 
reflected and partly transmitted. The normal to the interface of the two media with different 
refractive index, the incident beams, the reflected and the transmitted beams form one plane and 
the beam direction are determined by the angle relationships of Fermat ( 2211 sinsin αα QQ = ). The 
same important phenomena associated with light beams occur when two incident light beams 
enter an optically denser or thinner medium, as for LDA. If the two beams are symmetric as 
compared to the normal to the plane of the interface, there is a displacement of the crossing point 




Figure 2.38: Refraction of two incident light beams on a plane 
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When the two incident light beams do not enter symmetrically to the normal of the interface, 
position changes occur, in the two directions. More extensive calculations for displacement 
compensations are given in De Clercq, 2002. 
 
2.3.5.5. Determination of the (riser) wall thickness  (LDA considerations) 
 
To investigate an internal flow in a tube by means of an optical technique, the light beams should 
have optical access through the tube. Either the beams enter the tube internals through transparent 
windows in the tube or the whole tube is made transparent. In both cases the light passes through 
several layers with different refractive indices. Applying the law of refraction and the geometrical 












































































layers (with different indices of refraction) but also depends on the thickness of the layers, d. For 
d = 5 mm, m1=1 (air) and m2 = 1.5 (plexiglass), \ PPZKLFKLVDERXWWKHOength of the 
measuring volume, which is the maximum acceptable value. For that reason, the wall thickness 
of the riser tube was limited to 5 mm, limiting the impact on the accuracy of the LDA 
measurements (refraction effects), but providing enough pressure resistance up to +/- 1 barg (also 
see riser design).      
 
2.3.5.6. Determination of the (riser) material (LDA considerations) 
 
Taking into account possible distortion of the measuring volume caused by refraction effects, it is 
important to have an equally-sized wall thickness all along the riser. Regular (pyrex) glass suffers 
from astigmatism, which implies that the wall thickness is not always the same. This material 





could act as a lense resulting in deformation or multi-angled displacement of the measuring 
volume or it can even result in ‘no measuring volume left at all’. All this phenomena of course 
also occur in regular cylindrical tubes, however, it can be accounted for by applicable 
displacement calculations. 
Moulded PMMA enables to ensure an equally-distributed wall thickness (more then moulded 
pyrex glass), which is important for the displacement correction calculations. Moreover, moulded 
tubes result in lower stresses. Stresses could impact on the polarity of the laser beams, making the 
beams rotate, deteriorating the interference fringes.  
It should be noted (see riser design) however that PMMA suffers more from erosion. In this 
study, all pieces that are subject to severe erosion were constructed initially (or later) by moulded 
(pyrex) glass. 

2.3.5.7. Laser safety  
 
The LDA measurements require an Argon-Ion laser which is classified as a class 4 radiation 
hazard. Appropriate laser safety measures (imposed by local laser safety legislation) were taken. 
Appropriate laser safety goggles should be weared during laser alignment and operation. As 
general precautions to avoid eye damage, any possible reflection is carefully shielded by means 
of an aluminium black box around the LDA-probes section, so that the laser beams cannot exit 
from the measuring environment (Figure 2.39, left). The 4W Ar-laser beam entering the 
transmitter is shielded on its own by a small cylinder cover (Figure 2.39, right). Probe alignment, 
inside the riser, can be followed by a CCD camera installed inside of the black box. The camera 
images can be followed with a monitor near the operator panel. 
 
 





Figure 2.39: Laser safety shielding (black box and cylindrical cover) 
 
2.3.5.8. Impact to probe layout 
During 2D-LDA measurements, most of the time the 2D probe is aligned with the axial and the 
radial axis of the tube. However, when the 2 pairs of laser beams follow different optical paths, 
due to reflection and refraction, the two pairs of laser beams will not cross in the same point (thus 
influencing the measuring volume).  This problem can be avoided by turning the 2D probe by 
45°. As a result, the two pairs of laser beams have the same origin and the same angle of attack 
with respect to the pyrex glass tube. When using this approach, a transformation matrix is needed 
to transform the measured velocities u1 and u2, into the desired velocities u and v.  
 
In a 3D-LDA set-up velocity measurements are performed with a 2D probe, aligned with one of 
the axes of the tube coordinate system, and a 1D probe positioned at an off-D[LV ZKLFKLVQRW
always 90°. The velocities actually measured are u1, u2 and u3 but the velocities desired are the 
velocities in the (orthogonal) directions, that is u, v and w. The non-cartesian velocity 













































This transformation matrix can be superimposed to the transformation matrix taking into account 
the 45° turn of the LDA-probes and an additional matrix taking into account refraction effects 
and while a possible displacement of the measuring volume can be superimposed as well. The 
LDA software enables to define the coordinate transformation by simply providing the required 
transformation matrix. 
 
2.3.5.9. Measurement quotum 
 
Statistical properties are calculated by taking into account 5,000-10,0000 validated (coincident, 
non-coincident) signals in each radial (r/R) point.  
 
2.3.5.10. Error estimation 
 
The Moments object in the BSA-software is used to calculate moments (One-Time statistics), 
such as mean and RMS on the basis of velocity samples. The formulas used are shown in using u 






&+$37(5  ½G¾I¿&ÀGÁÂ&¾&½M¾&ÃPÄPÁÃG¾I¾&ÅGÁÃPÄRÀ Ã ½RÆ ÇPÃPÈ#¿&Å ÉPÆ%¿&Á2ÇGÃRÇXÊY¿[Ë\¾]Æ ÇPÂ&½  Ê6Â^ÇGÌaÍbÁÂ^ÇX¿cÀG¿ /&7
______________________________________________________________________________________________ 


















Wη  (Transit time (also: residence) weighting). 
 
where N is the number of velocity samples, and ti is the transit time of the i’th seeding particle 
passing the LDA measuring volume. Arithmetic weighting should only be used if the velocity-
samples are independent, meaning that the time between samples exceeds twice the integral 
timescale of the flow. If this is violated, mean-velocity will be biased towards higher velocities. 
In such cases transit time weighting should be used instead making the results bias-free. 
 
The LDA system allows measurements with large spatial and temporal resolution. Taking uRMS /u 
~ max. 0.1-0.5, the statistical uncertainty in the measured values of velocity and RMS-velocity 























(Based on formulas from the following paper: Benedict & Gould, 1996: ”Uncertainty estimates for any 
turbulence statistics”, Proceedings of the 8th international symposium on applications of laser techniques to 
fluid mechanics, Lisbon, Portugal, 1996, Paper 36.1). 
 
For reliable results the expressions above require that N is large (at least 30-50, preferably more), 
which is normally not a problem in an LDA experiment. For each node following criteria was 
fulfilled: min. 2000 samples (measurements near in- and outlets Chapter 4-6) and min. 5000 
samples (measurements in the fully developed flow field Chapter 3) with a min. sampling time of 
120s for one node. These criteria were considered as sufficient to capture small and large scale 
fluctuations. Multiplying with a factor 1.96 gives the 95% confidence limits for velocity (0.4-
2.15%) and for RMS velocity (3.1%).  
 
The uncertainty of the measured mean velocities therefore is < 2 % and of the measured RMS 
velocities < 3 % with a total of 2000-5000 signals validated. In practice, often 20000-30000 
samples were validated (100 000 in cases of turbulence spectra). Consequently, estimated 
statistical absolute errors for mean and RMS values are respectively negligible. 
 






Multiplying with a factor 1.96 gives the 95% confidence limits for velocity (7.8-13.7%), which is 
definitely higher than the mean axial velocity u. 
 
Error bars could be added to show the 95% confidence limits. These bars are so small they are 
hardly seen, therefore these are not included.  
 
The standard deviation values are of the same order of magnitude as the averaged values. The 
latter has already been observed by Van den Moortel et al., 1998 and Bhusarapu et al., 2006. The 
measured particle velocities at a given riser position are thus significantly fluctuating with time, 
implying that the flow is transient, as already discussed by Mathiesen et al., 2000 and Benyahia 
et al.,2007. The core-annulus flow profile is obtained by averaging out > 5000 measured solid 
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particle velocity samples at a given position in the riser under given operating conditions and 
riser geometry. The high number of samples makes the confidence bars very narrow.  

2.3.5.11. Statistical independence 

The low frequency oscillations are well correlated and therefore occur globally in the entire riser 
causing large amplitude oscillation, caused by non-steady input conditions. The high frequency 
oscillations are not-well correlated. The latter exist even when the global loop instability 
manifested as large amplitude oscillations, is not present. It means that although the input 
conditions are steady, there will be random fluctuations with respect to time and space, inherent 
to turbulence. Medium frequency oscillations in the riser are caused by cluster formation and 
breakage (and negligible in dilute phase operation of the riser = pneumatic conveying). 
 
The calculation of the moments and its accuracy is given in §2 and §17. A crucial condition for 
employing the stop criteria is that the velocity samples are statistically independent, or 
uncorrelated. To fulfill this, the sampling interval was taken larger than twice the integral time 
scale I. A way to ensure that the samples were uncorrelated is to use the controlled dead time
acquisition mode of the BSA processor, with a dead time equal to 2 I. To estimate I, the 
Spectrum/Correlation add-on for BSA Flow Software was used. The BSA Flow Project with the 
BSA data collection mode was set to ”Burst” first. Then a 2D Plot (X axis as Time and the Y axis 
as Correlation) was set (acquisition with high data rate, and a large number of samples 
(preferably 10000 or more)). The Correlation plot time scale depends on the flow, but the shape 
of the correlation function typically decays rapidly to near zero and then fluctuates around zero. 
The first time the correlation function passes through 0 = I and the Dead Time should be set 2 I 
or more. The above steps were repeated in different parts of the flow, to find the region with the 
largest I, typically in regions with low velocity. To ensure statistically independent data in all 
parts of the flow, the Dead Time was set according to the largest I. 
 
For the experimental results shown in this thesis, following comparison is given between data 
obtained in “burst” mode versus data obtained in “dead time mode” (40 ms = 40000 µs). One can 





observe that under dilute operation, the different method of measurement hardly changes the 
average flow profiles (mean and RMS particle velocities). Only for velocities < 2.65 m/s case, 
discrepancies can be observed. One can dedicate this to the presence of clusters. 

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Hydrodynamic modeling of gas-solid two phase flows by CFD simulations, 
accounting for inlet and outlet effects, shows that the flow inside riser reactors is 
strongly transient and three dimensional in nature (Das et al., 2002). The models on 
which these CFD simulations are based, consist of partial differential equations 
with several closure terms and parameters which are subject of discussion (Das et 
al., 2002, Berruti et al, 1995, De Wilde, 2000). Berruti et al. (1995) provide a 
comprehensive review of different hydrodynamic models used in the riser flow 
simulation before 1995. Nowadays the use of fundamental models, based on 
solving equations for conservation of mass, momentum and energy, is encouraged 
since fast computing facilities have been developed. Recent important works on 
fundamental modeling are discussed in (De Wilde, (2000) and Das et al., (2002)). 
Most of the fundamental models are so far only applied for 2-D simulations and 
make use of the kinetic theory of granular flow (KTGF) to constitute the 
conservation equations for the solid phase. Turbulence models for the gas phase are 
nowadays widely used, however turbulence models for the solid phase are rarely 
seen (Cheng et al., (1999) and Zheng et al., (2001)). Additionally, most of the 
models use “pressure-based” solution methods to solve the equations of motion. In 
the pressure-based methods, the balance equations are solved in a segregated 
manner. (e.g. SIMPLE algorithm). At the Laboratory for Petrochemical Engineering 
(LPT), transient 3D simulation of the gas-solid flow in risers is performed using a 
new density-based (simultaneous) solution algorithm (De Wilde, (2000), Das et al., 
(2002), De Wilde et al., (2002)). Unlike the conventional pressure-based algorithm 
used so far for riser simulation, the density-based solution method uses a time 
marching procedure and preconditioning of the time derivatives (preconditioned 
advection upwind flux splitting scheme ((De Wilde et al., (2002), Liou et al. (1993) 
and Liou et al. (1999))), it has no internal pressure and velocity correction loop and 
hence it provides a much faster convergence speed. In the model of De Wilde 
(2000) the gas-solid turbulence correlation is taken into account by solving an 
additional transport equation as proposed by Simonin et al. (1993). Experimental 
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data, in particular 3D measurements of local (mean and fluctuating) particle 
velocities, obtained in a cold-flow pilot plant, can contribute to more adequate and 
physically sound models. To use the LPT software (De Wilde et al., (2000-2003)) 




The considerations brought forward in the previous paragraph resulted in the design 
and the construction of a cold-flow pilot plant. The set-up, Figure 3.1, consists of a 
8.5 m high plexiglass cylindrical riser (1-5, internal diameter 10 cm), a 4 m high 
fluidized bed (11,13, internal diameter 30 cm) and a 2 m long aerated standpipe (9, 
internal diameter 8 cm). Two glass cyclones (24-25) guarantee a good recuperation 
of solids from the air flow. The solid flux (0-400 kg/m²/s) is mechanically 
controlled by means of a diaphragm valve (23). Solids are injected via an 
asymmetric Y-inlet (22), 35° with the Z-axis in the YZ plane. Air is delivered by a 
90 kW screw compressor (Free Air Delivery 1000 m³/hr). Dry air (20-30% Relative 
Humidity (RH)) is moistened with steam (0-10 kg/hr) to 50-60 % RH. The air inlet 
(21), 5 cm inner diameter, is a 90° bend (90° with both Z-axis and Y-axis in the XZ 
plane).
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Figure 3.1: Schematic representation of the cold-flow pilot installation for 
hydrodynamic research of gas solid flow in risers at the LPT  
 
The set-up is completed with a 3D Laser Doppler Anemometer. In order to measure 
the total solid mass flow in the riser, the recirculation loop also includes a quick 
closing valve (27). Valve (27) locks the return leg of the primary and secondary 
cyclone and a part of the cylone dipleg tube (16) will get filled, as in a weighing 
unit. A capacity meter indicates when the filling level reaches a particular height in 
tube (16) and valve (27) then reopens the return leg. Operating conditions of the 
cold-flow installation correspond to FCC and SNAP (De Wilde, 2000) conditions 
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(Geldart A and B particles, particle diameter 50-500 µm, solid fluxes 0-400 kg/m²/s 
(mass flow rates up to 11.5 tons/hr), superficial gas velocities of 0-15 m/s (gas flow 
rates of 0-425 m³/hr), temperature and pressure: 25 °C, 1.2 bar abs., relative 
humidity 50-80%, 90° smooth bend (6) or T-piece outlet geometry (both 51° with 
the YZ plane)). 
 
/'$(TXLSPHQWDQG([SHULPHQWDO&RQGLWLRQV
   
Laser Doppler Anemometry has become an important tool for non-intrusive 
measurement of velocities and turbulence in multiphase flows. The Laser system 
which is used in this study, is a compact 3D FiberFlow system from DANTEC (60 
mm probes, 4 W Ar-laser source) and is operated in backscatter mode.  
 
The experimental data discussed are obtained at different heights (Z): 2.53-9.63 m 
above the gas inlet, see Figure 3.1. At each height a horizontal 2D (coincidence) 
scan at +/- 20 radial positions is done. Axial (Z), radial (Y) and radial (X) mean and 
fluctuating particle velocities along the Y-axis (wall to wall through the centre line 
of the riser) are measured for different types of particles (Figure 3.3a-b-c) for low 
solid fluxes (0.5-12 kg/m²/s) and medium air velocities (5-10 m/s). Statistical 
properties are calculated by taking into account 5000-30000 validated (coincident) 
signals in each point. All results were obtained with an elbow outlet installed, 
minimizing the outlet effects. 
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Figure 3.3 (a): Particle Size Distribution of the circulated solids D43=volume 
averaged; D32= surface averaged; D10=number averaged mean diameter (measured 
with Malvern Particle Sizer) (a) silica particles (mean particle size 312µm, density 
2650 kg/m³); sphericity = 0.55-0.65 
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Figure 3.3 (b): Particle Size Distribution of the circulated solids D43=volume 
averaged; D32= surface averaged; D10=number averaged mean diameter (measured 
with Malvern Particle Sizer) (b) FCCU-E catalyst size distribution (Engelhard corp. 
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Figure 3.3 (c): Particle Size Distribution of the circulated solids D43=volume 
averaged; D32= surface averaged; D10=number averaged mean diameter (measured 
with Malvern Particle Sizer) (c) glass beads (mean particle size 275 µm, density 





When the solid flux is higher than 100 kg/m2/s, the interaction between core and 
annulus increases significantly, leading to a continuous formation and break-up of 
solid microstructures called “clusters” and “streamers”. Cluster formation is 
observed in fine grid calculations only, using the single particle drag model 
(Agrawal et al. (2001)). Because of the computational load, such a high resolution 
mesh cannot be used for the calculation of industrial size risers. The development 
of solid phase turbulence models should overcome this problem in the near future. 
As the size of a cluster and the probability of its formation decrease with increasing 
gas velocity and decreasing solid flux, the calculations and the validation 
experiments in this paper, are limited to dilute conditions (solid flux 0-12 kg/m²/s 
with most used 3 kg/m²/s) where cluster formation is limited. Moreover, the LDA 
measurement technique has its limitations: in a region of high solid volumetric 
concentrations (3-5 %) light scattering from particles outside the measuring volume 
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and blockage of the laser light become significant and result in unreliable noisy 
data.  

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Some pioneering experiments were performed in the early period immediately after 
commissioning of the cold-flow pilot in 2002, in fact testing the facility. These 
studies were on silica particles (see Figure 3.3 (a)) and were presented on the 




Time-averaged axial (Z) particle velocities measured along the Y-axis are presented 
in Figure 3.2 for 3 different superficial gas velocities (i.e. 5.31, 6.37, 7.43 m/s) and 
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Figure 3.2: Time averaged axial (Z) particle velocity profiles along the Y-axis (a) at 
2.084 m height,  (b) at 7.663 m height for 3 superficial gas velocities (5.31, 6.37, 
7.43 m/s) 
 
Figure 3.2 shows that for a given height, an increasing superficial gas velocity 
results in an increase of the axial mean particle velocity. Moreover no negative 
velocities are detected near the wall. This could be attributed to the high gas 
velocities used in this study. The measured profiles at 2.084 m have a maximum 
(resp. 6.6, 5.7, 4.7 m/s) at the side opposite to the 90° outlet bend and solid inlet, 
namely at r/R=0.45, especially for the lowest gas velocity. This asymmetric profile 
is due to inlet effects: at low gas velocities, the gas bypasses the solid jet coming 
from the solid inlet (at r/R=-1, which makes a 35° angle with the Z-axis), resulting 
in higher gas and thus higher particle velocities. At higher gas velocities, the 
asymmetry disappears. Also the profiles become more uniform with height (Figure 
3.2b). The profiles at 7.663 m show a maximum (resp. 7.6, 6.3, 4.9 m/s) in or very 
near the centre of the riser. Figure 3.2 reveals that the profiles at 7.663 m height 
have the same turbulent shape and obey the 1/7 power law u=umax(1-r/R)
1/7. 
Furthermore, it is illustrated that near the wall, particle slip occurs. It is clear that 
the particles are still accelerating in the lower part of the riser, causing lower axial 
particle velocities compared to the top of the riser. The mean particle velocity 
decreases along the Y-axis with a value of 2 m/s from the centre to the wall 
(measuring volume is located minimally 3.5 mm apart from the wall) as the 
particles enter the shear layer. Assuming a fully developed gas flow, the slip 
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velocity of the solid phases approaches 1.5-2 m/s, which equals the terminal falling 




Time-averaged radial (X) particle velocities along the Y-axis are presented in 
Figure 3.4 for 3 different superficial gas velocities (i.e. 5.31, 6.37, 7.43 m/s) at 
2.084 m height. Radial profiles at 7.663 m, not shown here, are similar. Figure 3.4 
clearly shows a clockwise swirling movement (XY-plane) of the solid particles as 
they are rising towards the top. The swirling movement can probably be related to 
inlet effects (solid inlet 35° with Z at r/R=-1 in the YZ plane and gas inlet 90° with 
Z in the XZ plane) and outlet effects (outlet: 90° bend which makes an 51° angle 
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Figure 3.4: Time averaged radial (X) particle velocity profiles along the Y-axis at 
2.084 m height for 3 superficial gas velocities (5.31, 6.37, 7.43 m/s) 
 
These results clearly illustrate the 3D nature of the flow. To our knowledge swirling 
flow in cylindrical risers is not studied to a large extend. Ibsen et al. (2002) detected 
a swirling motion in the rectangular riser of a 1/9th scaled cold CFB boiler. Figure 
3.4 also illustrates that the radial (X) velocity along the Y-axis increases with 
increasing gas velocity. The swirling movement becomes very clear and is detected 
along the whole riser.  
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Fluctuating axial (Z) and radial (X) velocities or Root Mean Square (RMS) axial 
(Z) and radial (X) velocities along the Y-axis are presented in Figure 3.5 for 
different superficial gas velocities (i.e. 5.31, 6.37, 7.43 m/s) and 3 heights (a) 0.75, 








-1 -0.5 0 0.5 1































axial (Z) velocity-5.31 m/s
radial (X) velocity-5.31 m/s
axial (Z) velocity-6.37 m/s
radial (X) velocity-6.37 m/s
axial (Z) velocity-7.43 m/s
radial (X) velocity-7.43 m/s
 











-1 -0.5 0 0.5 1
½ﬂ¾¿À ¾$Á5ÂÄÃ











































-1 -0.5 0 0.5 1
æﬂçèé ç$êìëÄí

































        (c) 
Figure 3.5: Time averaged axial (Z) and radial (X) particle RMS velocity profiles 
along the Y-axis (a) at 0.75 m height,  (b) at 2.084 m  (c) at 7.663 m height for 3 
superficial gas velocities (5.31, 6.37, 7.43 m/s) 
 





As shown in Figure 3.5, at all heights axial (Z) and radial (X) fluctuations along the 
Y-axis are observed to increase with increasing gas velocity (0.6 to 0.8 m/s in axial 
and 0.25 to 0.35 m/s in radial direction). Figure 3.5 reveals that axial (Z) turbulent 
fluctuations in the middle of the riser are low (damped) but slightly increase near 
the wall. Moreover, data rate measurements, not shown here, show a higher data 
rate (about 2 times) near the wall. This is the typical core-annulus behaviour (gas 
flowing in the centre and solid particles near wall) which is observed by many other 
researchers as well (Zhou et al., 2000; Azario et al, 1995;Van den Moortel et al., 
1998). A higher particle concentration implies that particle collisions (in the shear 
layer) become more likely, resulting in a higher fluctuating velocity near the wall. It 
should be mentioned that normally the RMS values are expected to drop again very 
near the wall (Van den Moortel, (1998); maximum RMS in the shear layer). In our 
experiments, except for the 5.31 m/s case at 2.084 m height, this phenomenon was 
not detected (measurement position closest to the wall was 3.5 mm).   
There is no clear influence of height on the axial (Z) fluctuations along the Y-axis: 
from the bottom towards 2.084 m height axial (Z) RMS values decrease, while from 
2.084 m height to the top axial (Z) RMS velocities increase again. On the other 
hand, radial (X) fluctuations along the Y-axis clearly decrease with height and they 
do not reveal an explicit radial (along Y-axis) variation at 7.663 m. For 0.75 m and 
2.084 m RMS values tend to increase towards the side opposite to the solid inlet 
(solid inlet at r/R=-1). Here again, data rate measurements give a much higher 
concentration of particles along the riser wall opposite to the solid inlet, resulting in 




Figure 3.6 shows the corresponding solid phase turbulence intensities for 3 gas 
velocities and 2 heights, 2.084 and 7.663 m. Axial solid phase turbulence intensities 
(uRMS,axial/umean,axial) increase towards the wall, which is in accordance with 
increasing RMS velocities in the shear layer (Figure 3.5) and lower axial mean 
velocities (Figure 3.2) near the wall (solid phase axial turbulence intensities 10-15 




% in the centre and 15-20 % near the wall, Figure 3.6). Radial solid phase 
turbulence intensities (uRMS, radial/umean, axial) do not seem to change towards the wall 
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Figure 3.6: Time averaged axial (Z) and radial (X) particle turbulence intensities (a) 
at 2.084 m height,  (b) at 7.663 m height for 3 superficial gas velocities (5.31, 6.37, 
7.43 m/s) 
 
In contradiction with the RMS particle velocities, particle turbulence intensities 
decrease with gas velocity, especially in the middle (2.084 m) and decrease with 
height, especially in the centre. Nevertheless, values near the wall do not seem to 
vary with height. Figure 3.5 reveals an anisotropy of particle velocity fluctuations 
between axial (Z) and radial (X) directions along the Y-axis (0.6-0.7 m/s in axial 
(Z) direction compared with 0.25-0.35 m/s in radial (X) direction), mainly a factor 
2-2.5. The phenomenon is already reported by Ibsen et al. (2002), Azario et al. 
(1995) and Simonin et al. (1995). The ratio of the axial (Z) to radial (X) particle 
velocity fluctuations for a superficial gas velocity of 7.43 m/s at 0.75, 2.084 and 
7.663 m height is shown in Figure 3.7.  
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Figure 3.7: Ratio of the axial (Z) to radial (X) velocity fluctuations along the Y-axis 
at 0.75 m, 2.084 m and 7.663 m height for 7.43 m/s superficial gas velocity   
 
To our knowledge, a clear view regarding the influence of the superficial gas 
velocity and the riser height on the ratio of anisotropy has not been presented yet. 
Van den Moortel et al. (1998) presented a very small variation of this ratio along 
the height in a square riser. They also reported a radial decrease of the ratio from 
2.5 near the centre to 1.5 near the wall. A decrease of the anisotropy near the wall 
was not detected in this study. However, Figure 3.7, clearly shows an influence of 
the riser height on this ratio: anisotropy between axial (Z) and radial (X) velocity 
fluctuations increases from the bottom towards the top. This clearly shows that 
anisotropy of particle velocity fluctuations is inherent to fully developed gas-solid 
flow. It also confirms the findings of Simonin et al. (1995) that particle collisions 
result in more isotropic behaviour. It is clear that at 0.75 m height (0.15 m above 
the solid inlet) a lot of those collisions occur, resulting in isotropic fluctuations. At 
the top, particle inertia increases anisotropy (Simonin et al. (1995)). Ibsen et al. 
(2002) remarked that also large-scale oscillations could lead to increased 





Figure 3.8 shows a time series of instantaneous axial (Z) particle velocities near the 
wall.  

































Figure 3.8: Temporal evolution of the  instantaneous axial (Z) particle velocity near 
the wall (5 mm), superficial gas velocity 5.31 m/s and flux 6 kg/m²/s for silica 
particles (312 µm, 2650 kg/m³) 
 
Axial velocity fluctuations occur with a characteristic time frequency of about 0.5 
to 2 Hz showing the appearance of mesoscale phenomena. Furthermore, 
interparticle times are given in Figure 3.9. Van den Moortel et al. (1998) found 
similar profiles in the centre of a riser with rectangular cross section (Azario et al., 
1995) for a gas velocity of 1 m/s and solid fraction of 1.5 % (120 µm particles, 
2400 kg/m³). They characterized two phases: a cluster phase with very low 
interparticle time spaces (10-4 s) for a number of successive elements ranging from 
10-100 and a second dilute phase corresponding with interparticle spaces of 0.5 s 
over a number of successive elements ranging from 1-5. In this study (Figure 3.9), 
only for the low gas velocity case (5.31 m/s) and higher solid fluxes (>10 kg/m²/s), 
clusters were detected and only in the wall region near the top of the riser. This 
could be attributed to outlet phenomena.  
 





















Figure 3.9: Interparticle times for the low velocity case: 5.31 m/s; 10 kg/m²/s, non-
spherical silica sand particles (2650 kg/m³, 312 µm) 
 
Interparticle times are a little lower as compared to Van den Moortel, (1998). It can 
be explained by the higher gas velocities used in this study. The  cluster  phase  
contains  about  the  same  number of particles (100-150) as in Van den Moortel, 
(1998). The interval at which clusters appear is approximately 0.2 s. Recently, Zhou 
et al. (2000) detected clusters to appear at irregular intervals with an interval time of 
about 0.1-0.2 s in a riser with rectangular section with a superficial air velocity of 
4.3 m/s and a flux of 13 kg/m²/s (500 µm particles, 2300 kg/m³). In contrast with 
Van den Moortel, (1998) and Zhou et al., (2000) negative mean average velocities 
near the wall were not detected. It should also be mentioned that in the experiments 
at higher superficial gas velocities (>5.31 m/s) no mesoscale phenomena are 
detected, confirming that the formation and break-up of solid microstructures only 




Subsequent to the preliminary results that were presented at the Fluidization IX 
conference in Barga, Italy (2003), a more detailed experimental data set (not 
published so far) was obtained during 2002-2005 in the fully developed zone using 
FCCU-E catalyst particles (Figure 3.3 (b)). The most important results (discussed in 
detail in the thesis of Vercoutter (2003-2004) and Marien (2004-2005)) are briefly 
discussed below. Mean and fluctuating velocities of the dispersed solid phase were 




measured at low solid flux (Gs=3 kg/m²/s) and medium superficial air velocities 
(Ug = 2.65, 3.18, 4.24, 5.31, 6.37, 7.43 m/s – gas flow rates 75, 90, 150, 180, 210 
m³/h) for FCCU-E particles (φ=79 µm and ρs = 1555 kg/m³).  Profiles are given for 
3 different heights = 2.35, 4.36 and 6.93m. At each height a horizontal 2D 
(coincidence) scan at +/- 20 radial positions is done with the probe oriented in + 
(aligned with the vertical axis) configuration. Statistical properties are calculated by 




Time-averaged axial (Z) particle velocities measured along the Y-axis are presented 
in Figure 3.10 and shows that for a given height, an increasing superficial gas 
velocity results in an increase of the axial mean particle velocity due to increased 
drag. Negative velocities (max. -1 m/s) are detected near the wall and occur at low 
gas velocities (< 3 m/s). The positive velocities in the centre and negative velocities 
near the wall confirm a core-annulus regime for lower gas flow rates. The measured 
profiles at 2.35 m have a maximum at the side opposite to the 90° outlet bend and 
solid inlet. This asymmetric profile is due to inlet effects and will be investigated 
more in the next chapters (Chapters 4-5-6). At higher gas velocities, the asymmetry 
disappears. The profiles also become more uniform with height. At 4.36m the 
profiles are +/- fully developed, which is in accordance with the calculations in 
Chapter 2. Particle velocities equal +/- the expected gas velocities, with a slip of +/- 
0.2-0.3 m/s max. observed, which is of the order of the terminal velocity. 
Furthermore, it is illustrated that near the wall, particle slip occurs. It is clear that 
the particles are still accelerating in the lower part of the riser, causing lower axial 
particle velocities compared to the top of the riser. For clusters (gas velocities < 3 
m/s), the downward velocity of max. 1 m/s is observed and is larger then the free 
fall velocity of one particle, inversely one could estimate the number of particles in 
a cluster.   
 





Time-averaged axial (Z) RMS particle velocities measured along the Y-axis are 
presented in Figure 3.11. RMS velocities decrease (especially in the centre) with 
increasing height. The asymmetric profile is again due to inlet effects and will be 
investigated more in the next chapters (Chapters 4-5-6). Also, RMS velocities are 
minimal in the centre and tend to increase towards the wall (that is in the shear 
layer). There is no clear relationship between gas flow rate and RMS velocities: 
RMS velocities tend to increase with increasing gas flow rates, however for the 
lowest gas flow rates (2.65 m/s), velocities show again increases in RMS velocities. 
These fluctuations can be linked with cluster formation or densification effects in 
the lower part of the riser. A higher particle concentration implies that particle 
collisions become more likely, resulting in a higher fluctuating velocity near the 
wall. Both positive and negative velocities are detected in the vicinity of the wall, 
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Figure 3.10: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s): time-averaged axial (Z) solids velocity 
profiles along the Y axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, 
gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s  
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(c) 2.35m height 
Figure 3.11: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s) ; time-averaged axial (Z) RMS particle 
velocity profiles along the Y axis at 4.36m height, gas velocities 2.65, 3.18, 4.24, 










Time-averaged axial (Z) particle mean and fluctuating RMS velocities measured 
along the Y-axis are presented in Figure 3.12 and Figure 3.13 respectively, showing 
the influence of increased mass fluxes: with increased mass fluxes the tendency for 
cluster formation grows, so that more particles accumulate against the wall, 
resulting in less surface area available for the gas flow and resulting in higher peak 
values of gas velocities (and as a consequence also higher particle velocities) in the 
centre. At velocities < 3m/s, which defines the onset of recirculation of particles, 
higher solid fluxes result in broader recirculation zones. This was also witnessed 
visually during the experiments. For velocities > 5 m/s, which are velocities that are 
more typical for pneumatic conveying, there is only a tendency for reduced though 
positive particle velocities near the wall. Near the bottom (2.35m), higher solids 
fluxes (introduced by the solids side inlet) result in higher off-centre maxima on the 
side opposite the inlet opening. This is again due to bypass effects and reflection 
phenomena induced by the inlet configuration (handled more in detail in the next 




Time-averaged radial (Y) particle velocities and particle RMS velocities along the 
Y-axis are presented in Figure 3.14 and 3.15. In contradiction with §3.6, radial (Y) 
(instead of X!) velocities are now measured! (The swirling movement in the Y-
direction was been observed also with FCCU-E catalyst particles (see §3.6), but 
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Figure 3.12: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³,solids flux 3 kg/m²/s) ; time-averaged axial (Z) particle 
velocity profiles along the Y axis: influence of gas velocity (2.65, 5.31 m/s) and 
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Figure 3.13: Experiments in the cold-flow riser in the riser for FCCU-
catalyst (79µm, 1550 kg/m³, solids flux 3 kg/m²/s); time-averaged axial (Z) 
RMS particle velocity profiles along the Y axis: influence of gas velocity 
(2.65, 5.31 m/s) and solids flux (1.5-3-4.5-6-12 kg/m²/s) 
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Figure 3.14: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s): time-averaged radial (Y) solids velocity 
profiles along the Y axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, 
gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s  
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Figure 3.15: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s): time-averaged radial RMS (Y) solids 
velocity profiles along the Y axis at 2.35m, 4.36m and 6.93 m height, solids flux 
3 kg/m²/s, gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s 
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Figure 3.14 illustrates that the radial (Y) velocity along the Y-axis increases with 
increasing gas velocity. Radial (Y) velocity fluctuations also become more 
pronounced near the inlet zones, but are damped near the riser wall (clear drop of 
radial fluctuations near the wall). Since the axial velocities are a factor 10-100 x 
bigger compared with the radial velocities, the accuracy of the radial velocities 
obtained for this application is poor, especially when the probes are aligned with the 
axial and radial axis. In order to improve the accuracy of both measurements, the 
probes were turned 45° with the axial and radial axes (also impacting on 
coincidence nature of the data). The accuracy of the measurement however depends 
on the accuracy of the alignment and positioning of the probes with respect to the 
probe axes. A 0.5-1° degree deviation could already result in 0.05 m/s measured 
radial component velocity with a measured vertical velocity of 5 m/s, while this 
could be 0 m/s in practice. An electronic traversing system could improve the 
accuracy of the rotation of the probes. Therefore the overall discussion on radial 




Figure 3.16 shows the corresponding solid phase turbulence intensities 
(uRMS,axial/umean,axial). Turbulence intensities increase towards the wall, which is in 
accordance with increasing RMS velocities in the shear layer (Figure 3.13) and 
lower axial mean velocities (Figure 3.12) near the wall (solid phase axial turbulence 
intensities 10-15 % in the centre and 20-100 % near the wall, Figure 3.16). 
 





Figure 3.16: Time averaged axial (Z) particle turbulence intensities for FCCU-E 
catalyst at 4.36 m height, for 6 superficial gas velocities (2.65, 3.18, 4.25, 5.31, 




Figure 3.5 revealed anisotropy of particle velocity fluctuations between axial (Z) 
and radial (X) directions along the Y-axis for silica particels. The ratio of the axial 
(Z) to radial (Y!) particle velocity fluctuations for FCCU-E catalyst is now shown 
in Figure 3.17.  
 
The anisotropy increases towards the wall from values 3-4 to 10, determined by the 
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Figure 3.17: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s); Ratio of the axial (Z) to radial (Y) 
velocity fluctuations along the Y-axis at 2.35 m, 4.36 m and 6.93 m height for 
gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s. 
 




No clear relationship between anisotropy and solids flux could be observed (not 
shown). An increase of the anisotropy near the wall was detected in this study. 
Figure 3.17, also clearly shows an influence of the riser height on this ratio: 
anisotropy between axial (Z) and radial (Y) velocity fluctuations decreases in the 
central part of the riser from the bottom towards the top. For the core-annulus 
regime, the anisotropy is higher. It clearly shows that anisotropy (ratio +/-3) of 
particle velocity fluctuations is inherent to fully developed gas-solid flow. In Figure 
3.18 axial (Z) and radial (Y) RMS particle velocities along the Y-axis are recapped.  
 
 
Figure 3.18: Experiments in the cold-flow riser in the riser for FCCU-catalyst 
(79µm, 1550 kg/m³, solids flux 3 kg/m²/s); Axial (Z) and radial (Y) velocity 
fluctuations along the Y-axis at 2.35 m, 4.36 m and 6.93 m height for gas velocities 




Cross moments were also measured with high spatial and temporal resolution for 
low solids flux (3 kg/m²/s) and medium air velocities (2.65-7.43 m/s), see Figure 
3.19. 
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axial 2.65 m/s axial 3.18 m/s
axial 4.25 m/s axial 5.31 m/s
axial 6.37 m/s axial 7.43 m/s
radial 2.65 m/s radial 3.18 m/s
radial 4.25 m/s radial 5.31 m/s
radial 6.37 m/s radial 7.43 m/s















               




























MPO Q KLH RVSPMPO Q






Figure 3.19: Experiments in the cold-flow riser, focus on the fully developed zone 
in the riser (solids flux 3 kg/m²/s); Cross-moments (YZ) along the Y axis at 4.36m 
height, gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s 
 
 
Cross moments (or shear stress) shows a standard sinus-shape (0 in the centre and 
near the wall). The shear layer, compared to the overall riser size is quite large, for 
all gas velocities used; showing that viscous effects play a dominant roll in small 
diameter risers. Remarkably, the experiments show that the inlet effects – including 
the bypassing effects – are dissipated quickly by reflection (see next chapters) but 
also through the viscous forces. Radial mixing is very effective in small-diameter 
risers, due to the large impact of these viscous terms. 
 
Turbulent kinetic energy of the solid phase along the Y axis at 4.36m and 6.93m is 
given in Figure 3.20a. As shown in the Figure 3.20a commercial packages like 
Fluent have the tendency in underestimating the turbulent kinetic energy for the 
solid phases (see end of this chapter). 
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Figure 3.20a: Comparison experiments – simulations (Fluent) in the cold-flow riser, 
focus on the fully developed zone in the riser: turbulent kinetic energy of the solid 
phase along the Y axis at 4.36m (Top) and 6.93 m (Below) height, solids flux 3 
kg/m²/s, gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s; per phase 
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Figure 3.20b: Experiments in the cold-flow riser, focus on the fully developed zone 
in the riser (solids flux 3 kg/m²/s); Particle turbulence spectra and Energy Spectrum 
along the Y axis at 6.93m height – fully developed zone (5.31 m/s (a) and 7.43 m/s 
(b) gas velocity). 
 
Axial velocity fluctuations occur with a characteristic time frequency of about 0.5 
to 2 Hz showing the appearance of mesoscale (cluster) phenomena near the wall. 
The energy spectrum analysis (Figure 20b) shows that the occurrence of mesoscale 
phenomena (order of Hz) increase towards the wall (like solids concentration is also 
increasing towards the wall) or show a maximum near the shear layer, while high 
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frequent characteristic fluctuations (representing granular temperature) decrease 
towards the wall for small particles like FCCU-E catalyst.  
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In addition with FCCU-E catalyst, experimental data were also obtained for glass 
beads (Figure 3.3 (c)). The summary of the most important results (limited to axial 
(Z) average and RMS particle velocities in this Chapter) and conclusions, that is its 
comparison with FCCU-E catalyst are given below (all other experimental data are 
available in the thesis of Vercoutter (2003-2004)). Mean and fluctuating velocities 
of the dispersed solid phase were measured at low solid flux (Gs=3 kg/m²/s) and 
medium superficial air velocities (Ug = 2.65, 3.18, 4.24, 5.31, 6.37, 7.43 m/s – gas 
flow rates 75, 90, 150, 180, 210 m³/h) for glass beads (φ=275 µm and ρs = 2650 
kg/m³). Profiles are given for 3 different heights = 2.35, 4.36 and 6.93m. At each 
height a horizontal 2D (coincidence) scan at +/- 20 radial positions is done with the 
probe oriented in + (aligned with the vertical axis) configuration. Statistical 
properties are calculated by taking into account 15000 validated (coincident) signals 




Time-averaged axial (Z) particle velocities measured along the Y-axis are presented 
in Figure 3.21 for different superficial gas velocities (i.e. 2.65, 3.18, 4.24, 5.31, 
6.37, 7.43 m/s) and for 3 heights (a) 2.35m and (b) 4.363m and (c) 6.93m. The solid 
mass flux is 3 kg/m²/s.  
- Negative velocities (max. -1 m/s) are again detected near the wall and 
occurring at low gas velocities (< 3 m/s). The positive velocities in the 
centre and negative velocities near the wall confirm a core-annulus structure 
for lower gas flow rates. 





- More steep velocity gradient in the core-annulus regime (+/- laminar type 
profiles where the flow regime seems in core-annulus regime compared with 
more turbulent profiles where the flow regime is in pneumatic conveying 
regime. 
- Less asymmetric profiles.  
o It is believed that this is overall due to a lower mass flow rate used 
(that is flux = 3 kg/m²/s, but particles are 4x bigger as compared with 
FCCU-E catalyst and 2x heavier, resulting in overall much lower 
(78x) mass flow rates applied for the same flux). The profiles still 
show asymmetry caused by the inlet configuration (side inlet), but 
yet are minimized (also see Chapters on inlets for further 
explanation). The profiles become even more uniform with height.  
o Second, it is visually clear that at 2.35 m height with 2.65/3.18 m/s 
gas velocities a denser fluidized bed is formed where a lot particle 
collisions occurring and resulting in more isotropic conditions 
(Simonin et al., 1993) on its way resulting in more symmetrical 
profiles. 
- At 4.36m height the profiles are not yet fully developed, which is in 
accordance with the calculations in Chapter 2. Particle velocities are lower 
than the expected gas velocities, with a slip of +/- 2 m/s, which is of the 
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(c) 2.35m height 
Figure 3.21: Experiments in the cold-flow riser in the riser for glass beads (275µm, 
2650 kg/m³, solids flux 3 kg/m²/s): time-averaged axial (Z) solids velocity profiles 
along the Y axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, gas 
velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s  
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(c) 2.35m height 
Figure 3.22: Experiments in the cold-flow riser in the riser for glass beads 
(275µm, 2650 kg/m³, solids flux 3 kg/m²/s): time-averaged axial (Z) RMS 
fluctuating solids velocity profiles along the Y axis at 2.35m, 4.36m and 6.93 m 












Time-averaged axial (Z) particle RMS fluctuating velocities measured along the Y-
axis are presented in Figure 3.22 for different superficial gas velocities (i.e. 2.65, 
3.18, 4.24, 5.31, 6.37, 7.43 m/s) and for 3 heights (a) 2.35m and (b) 4.363m and (c) 
6.93m. The solid mass flux is 3 kg/m²/s.  
- A U-shape type profile (that is increasing axial fluctuating velocities) is 
observed in the direction towards the shear layer between core and annulus 
(with again decreasing axial fluctuation velocities observed once through the 
annulus) and only occurring for lower gas velocities (< 3 m/s) = core-
annulus regime 
- An almost constant to inversed U-shape type profile (that is constant to 
decreasing axial fluctuating velocities) is observed towards the wall and 
occurring at  gas velocities (> 3 m/s) = pneumatic conveying regime.  
- Particle inertia increases velocity fluctuations in the centre of the riser (0.8-
1.2 m/s) compared with 0.4-0.6 m/s. Near the walls, velocity fluctuations for 
small (FCCU-E) or big (glass beads) stay in the order of 0.8-1 m/s. 





The above mentioned experimental observations are summarized as follows 
(independent of the type of particles): 
- Increasing  average particle velocity with increasing gas velocity  
- Increasing fluctuating velocities with increasing gas velocity 
- Increasing  average particle velocity with increasing solids flux 
- Increasing fluctuating velocities with increasing solids flux 
- More uniform profiles at higher locations (height) 
- Influences of in- and outlet effects leading to asymmetry in the observed 
profiles 





- Acceleration of the particles along the riser height  
- Distinguish between core-annulus regime and the pneumatic conveying 
regimes 
- Negative (downward) velocities in the annulus (core-annulus regime) at gas 
velocities < 3m/s 





Under all conditions investigated in the small diameter cold-flow riser, radial 
mixing quickly dissipates the non-uniformities introduced by the solids inlet. 
Viscous fluxes are important in the 10 cm diameter riser.  
The gas-solid flow model (FLOW-MER) of De Wilde (2000) and in particular its 
capability of describing the behaviour of the fully developed flow, is validated with 
experimental measurements obtained in the fully developed zone of the pilot scale 
cold-flow riser equipped with a side solids inlet configuration. 
In order to reduce the calculation time needed, simulations of a 1m long 10 cm riser 
were performed, imposing a fully developed gas flow and imposing an estimated 
uniform solids velocity at the inlet. These simulations show that about after 20 cm 
downstream the flow pattern was almost fully developed when using small particles 
(as FCCU-E particles), when no inlets effects (that is side inlets) are implemented.  
 












Table 3.1: Experimental and Simulation conditions for the cold-flow facility. 
 Experiments Simulations 






Inlet type           Gas: bottom 
        Solids: one-side (35°) 
Y-inlet 
 
             Gas: bottom 
                 Solids: Bottom 
(no side inlet) 
 
Sgas inlet                [m
2] 0.002 (φ = 0.05m) 
 
0.008 (φ = 0.1m) 
 
Ssolids inlet             [m
2] 0.005 (φ = 0.08m) 
 
0.008 (φ = 0.1m) 
 
p q
X               [m s
-1] (0, 0, 2.65-7.43) 
fully developed turbulent 
profile 
(0, 0, 2.65-7.43) 
fully developed turbulent 
profile  
(5% inlet turbulence) 
r s
Y                [m s
-1] (0, -1.4, -0.9) 
35° Y-type side inlet  
 (φ = 0.05m) 
 
Homogenous velocity 
 (=gas velocity - 0.2 m/s) 
0.008 (φ = 0.1m) 
 
Average Gs in riser[kg m











vε  0.6 (small jet max. 1*1cm) 
through (φ = 0.08m) 
 
Uniform as per Gs= 3 = 
vs. s s  
 






dp                      [µm] 77 (volume averaged) 
 
77 (volume averaged) 
 
y z




µg                  [N s m-2] 1.82⋅10-5 
Outlet type Abrupt T 
at 8.175 m height 
Free top outlet 
at 1 m height 
(simulated region between 0 
and 1 m) 
Soutlet                  [m
2] 0.00785 (φ =  0.1m) 0.00785 (φ =  0.1m) 








configuration used for 
the 3D simulations. 

For the grid, summarized in Table 3.2., a horizontal grid of 73 nodes, with axial 
mesh refinement within 69 planes is used. 
 






Horizontal grid with 73 nodes 68 vertical 
planes 
Geometrical configuration 
used for the 3D simulations. 
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Figure 3.23: Solid phase velocity (m/s) in the YZ/XZ plane (a) 70 m³/h, (b) 90 m³/h, 
(c) 120 m³/h, (d) 150 m³/h, (e) 180 m³/h, (f) 210 m³/h (solids flux 3 kg/m²/s); 
FCCU-E catalyst.  
 






The results of these simulations were used in a first step to validate the FLOW-
MER code. More details on the model of De Wilde (2000) can be found in the 
publications of next Chapters 5-6. 
The 3D simulation results are generally in agreement with the experimental 
observations. The length of the developing zone however is very short, compared to 
the real observed acceleration lengths (up to 4 m). This is explained by the imposed 
inlet conditions of the simulations. However, fully developed solids velocities 
(centre and wall) are well predicted (a slight underprediction can be observed). 
Negative velocities (2.65 m/s) however are not simulated. The slip with the gas 
phase is slightly overpredicted (especially for the higher velocity cases, see next 
paragraphs). Because the model in FLOW-MER basically is the same as 
Gidaspow’s model in Fluent, this is attributed to the acceleration effects or inlet 
effects, not implemented realistically in the 1m (pseudo)model, as compared to the 
real set-up which is 8.5m of height and in which full acceleration from 0 m/s takes 
place and as compared to inlet effects, where bypass effects occur resulting in 
higher gas and hence higher particle velocities. Finally, flow patterns in developing 
zones (near in- and outlets) are found to bring in more valuable information than 
those in fully developed zones. Further research on the validity of the in-house code 
on predicting flow patterns in developing zones will be discussed in the next 
chapters.  
 
Steady state versus transient simulations 
According to Agrawal et al., 2001) in transient simulation mode using a fine grid, 
the meso-phase turbulence significantly increases the granular temperature due to 
production of turbulence by shear (its dissipation also increases). This results in an 
overall increase in granular temperature as compared to the corresponding values 
when performing a coarse grid simulation. In steady state mode, if a fine grid is 
used, the production of granular temperature (production by gas-particle correlation) 
is similar of magnitude as its dissipation due to viscous damping). The predicted 
granular temperature in steady state mode is smaller compared with transient 




simulations (since the latter includes these meso-phase fluctuations). In addition, 
compared to transient simulation, the steady state calculations generally overpredict 
the drag coefficient by a factor of two, resulting in a significant lower slip velocity. 
 
Drag relations 
It has been indicated that the particle velocities are underpredicted because the gas-
solid slip velocity is overpredicted. The underprediction of the particle velocities is 
not necessarily due to the drag coefficient model that is used and may be related to 
the use of a no-slip boundary condition (see next) for the solid phase at solid walls 
as well. Very recent simulations (not performed in this PHD), of which the results 
are currently gathered in a new manuscript by Pantzali et al.(to be issued), have been 
performed using six different drag correlations: Arastoopour; Wen and Yu, 
Gidaspow, Syamlal-O’Brien, Zhang and Reese, Modified Syamlal-O’Brien. The 
simulation results are rather independent of the applied model. This was confirmed 
by simulations with Fluent by De Moor et al., 2004). The result for the mean solids 
volume fraction is shown in Figure 3.25. Further reference is made to M. Pantzali 
and researchers and the separate manuscript presenting the simulation results of this 
parametric study.  
 
Figure 3.25: Solids volume fractions calculated using different drag models (Pantzali 
et al.)  






Also reference is made to a paper by van Wachem et al. (2001) in which different 
gas-solid flow models are compared, including the gas-solid drag models. Figure 
3.26 illustrates that differences between the simulations results when using different 
drag models, are expected to be important only at solids volume fractions much 
higher than those encountered in the LCT riser. 
 
 
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7
Solids volume fraction
Wen and Yu (1966)
Gidaspow (1994)






























Figure 3.26: Dimensionless inter-phase momentum transfer coefficient, 12 −·¸G µβ , for 
varying solids volume fraction. Comparison of different models. 5H¹  = 45. From 
van Wachem, B.G.M., Schouten, J.C., van den Bleek, C.M., Krishna, R., Sinclair, 
J.L., AIChE J., 47, 1292 (2001). 
 
Elasticity factor 
Particle-particle collisions are assumed to be fully elastic (e=1). Agrawal et al. 
(2001) showed that a high sensitivity of e is due to incomplete resolution of the 
meso-phase fluctuations when the KTGF is applied in a coarse grid (order of cm). 
Using a finer grid (obtained in this study by using the same grid aspect ratio as in De 
Wilde et al., 2001, but now adopted for a 1m peace only, with grid cells order of 
mm), the effect of e is only gradual in nature. A grid dependency study has also 
been added in Chapter 5, focusing more on this subject within the framework of 
inlet simulations.   
Furthermore, the experimental data are gathered in an operational window with a 
dilute flow, as required by the use of LDA. Particle-particle collisions under these 
given conditions are limited. Even with a grid of +/- size of the clusters, such 
approximation would be reasonable to solid fluxes < 50 kg/m²/s, where dissipation 




of granular temperature due to inelastic collisions may not be very large. Therefore, 
e will have a limited effect on the simulation results. The influence of the particle-
particle restitution coefficient e on the simulation results has been studied recently 
by Pantzali et al. (to be issued) at the LCT. The result for the mean solids volume 
fraction is shown in Figure 3.26. Further reference is made to M. Pantzali and 
researchers and the separate manuscript presenting the simulation results of this 
parametric study, since this was not a subject of this PHD.  
 
 
Figure 3.26: Mean solids volume fractions for e=0.9 (dashed line) and e=0.95 (full 
line).  
 
Slip versus no-slip 
The under-prediction of the particle velocities near the wall region may be related to 
the use slip / no-slip boundary condition for the gas phase (note that for the solid 
phase always the slip condition is used). A comparison between the two boundary 
conditions is shown in Figure 3.27, with significant higher velocities obtained with 
the slip condition, resulting in more uniform profiles within the riser. 
 
 




















































     slip       no-slip 
Figure 3.27 Simulated (FLOW-MER) vector plots solid velocity and solid flux 
profiles (V25) in 3D (Slip BC versus no-slip) obtained for the L-type outlet; case 
7.43 m/s gas velocity and 3 kg/m²/s flux. Simulated coordinate system (heights 0-
1m) is translated in equivalent cold-flow coordinate system (heights 7.765-8.765m) 
for easy comparison with Figure 5. 
 
Gas/solid slip velocity 
The slip with the gas phase is slightly overpredicted. This is partially attributed to 
the acceleration effects (besides inlet effects discussed in the next chapters). As 
compared to the real set-up (which is 8.5m of height) and in which full acceleration 
from 0 m/s takes place (even flow reversal effects due ti inlet conditions), this is not 
implemented realistically in the 1m homogeneous (pseudo)model. Especially for the 
higher velocities, Figure 3.28 shows that for the higher velocities slip exceeds > 1 
m/s, which shows that the velocities obtained in these simulations are far beyond 
fully developed. 
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Figure 3.28. Slip velocity (m/s) in the YZ/XZ plane (a) 70 m³/h, (b) 90 m³/h, (c) 120 










Turbulent kinetic energy of the gas phase is given in Figure 3.29. Since the gas-solid 
correlation factor q12 was taken 1, these profiles can be interpreted as being fully 
correlated and representative for solid phase turbulence as well. The typical profiles 
obtained during the experiments (see RMS particle velocity profiles) show the same 
profile: increasing towards the wall and decreasing again very near the wall, with 
the maxima shifting towards the wall at higher velocities. Also, quantitatively 
speaking (comparing values of turbulent kinetic energy), one can observe that the 
simulated values (between 0 and 1 m/s) are well within the experimental observed 
values for turbulent kinetic energy of Figure 3.11 (between, 0 and 1 m/s). 
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Figure 3.28 Turbulent kinetic energy (m2/s2) in the YZ/XZ plane (a) 70 m³/h, (b) 90 






Granular temperatures are given in Figure 3.30. It should be mentioned that 
granular temperatures are not measured directly with LDA. The energy spectrum 
analysis (Figure 20b) shows that high frequent (turbulent) characteristic fluctuations 
(representing granular temperature) have a (very) small tendency to decrease 
towards the wall for small particles like FCCU-E catalyst. As compared to Figure 
3.30, this seems to be in accordance (at least qualitatively) with the observed trends 
of Figure 20b. 
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Figure 3.30 Granular temperature (m3/s2) in the YZ/XZ plane (a) 70 m³/h, (b) 90 










Solids volume fraction: 
 
Solids volume fractions are given in Figure 3.31. High solid fractions occur in the 
zones where granular temperature is lowest, which is in accordance with the 
observations in De Wilde et al., 2001 and Das et al., 2002). The results are only 
shown for information (no quantitative comparison will be shown), since the LDA 
is not capable in measuring solids volume fractions directly. In the lowest part, 
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Figure 3.31. Solids volume fraction (-) in the YZ/XZ plane (a) 70 m³/h, (b) 90 m³/h, 




Simulated radial velocities are given in Figure 3.32. Compared with Figure 3.14, 
radial velocities are an order of magnitude (x 10) lower than the ones 
experimentally observed. The general trend however is well predicted: segregation 
phenomena towards the wall make the particles move towards the wall. Note that 
the deviations near inlet are dedicated to the inlet boundary conditions imposed by 
the simulations. It was stated earlier that the accuracy of the radial velocity 
components measured with LDA was rather low: a small deviation in the probe’s 
vertical alignment, could already add a (vertical) component equivalent in size of 
the normal expected radial velocities. The accuracy of the radial velocity 
measurements could be improved by adding a full electronic alignment system.   
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Figure 3.32. Radial solid phase velocity (m/s) in the XZ plane (a) 70 m³/h, (b) 90 
m³/h, (c) 120 m³/h, (d) 150 m³/h, (e) 180 m³/h, (f) 210 m³/h (solids flux 3 kg/m²/s). 
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Figure 3.33. Solids flux (kg/m2/s) in the YZ/XZ plane (a) 70 m³/h, (b) 90 m³/h, (c) 











Solids flux profiles are given in Figure 3.33. The average solids flux corresponds 
well with the experimental observed flux of 3 kg/m²/s. It should be noted that the 
accuracy of the flux measurement (see Chapter 2) is only ~10 %. The overall flux 
profile corresponds well with the observed datarates of the LDA measurement: high 




Mean axial particle velocities: 
A quantitative comparison between experimental data obtained in the fully 
developed zone of the cold-flow riser and the simulated mean solid phase velocities 
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Figure 3.35 Comparison between simulated (1m) and measured mean axial (Z) 
particle velocity (4m) in the YZ (a) 70 m³/h, (b) 90 m³/h, (c) 120 m³/h, (d) 150 m³/h, 
(e) 180 m³/h, (f) 210 m³/h (solids flux 3 kg/m²/s).  
 





The 3D simulation results are generally in agreement with the experimental 
observations (centre and wall), except for the negative velocities observed near the 
wall for 2.65 m/s. Negative velocities are due to the presence of clusters (that can be 
visually observed in the cold-flow set-up). It has been shown by Agrawal et al., 
2001 and Das et al., 2002) that clusters can only be simulated accurately by using 
very fine grids or by means of transient simulation. Only slight underpredictions can 
be observed for the low gas flow rate cases 70-120 m³/h. The discrepancy between 
experiments and simulations however increases gradually with increasing gas flow 
rates. For the higher velocity cases 5.31 m/s, 6.37 m/s and 7.43 m/s, the profiles 
simulated for the higher velocity cases are not yet fully developed in the H=1m 
simulation. The center velocity however, seems to be overpredicted (see steady 
versus transient simulations), especially in the high velocity cases. The overall 
deviation between measured and predicted values ~ 10 %. The justification that the 
profiles are not yet fully developed is validated and further examined in the next 
paragraph, using much quicker commercial packages like Fluent that enable the 
simulation of the entire 8.5m riser.  
 
Turbulent kinetic energy: 
In very dilute systems (< 10-5), one can assume that the turbulent flow of the gas is 
not disturbed by the presence of particles (i.e. one way coupling). For higher particle 
concentrations, the loss or gain of particle momentum and its influence on gas 
turbulence can no longer be neglected (two-way coupling), the modulation of the 
turbulence by the particles should then be considered. According to Hinze’s model 
(1972), the particle turbulent kinetic energy kp can be determined by the local 
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A quantitative comparison between experimental fluctuations obtained in the fully 
developed zone of the cold-flow riser (at height 4.36m) and simulated turbulent 
kinetic energy of the solid phase obtained at H = 1m is given in Figure 3.36. The 
solid phase turbulent kinetic energy is hereby assumed to be fully correlated with 
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Figure 3.36 Comparison between simulated (FLOW-MER) and measured turbulent 
kinetic energy for the solid phase in the YZ (a) 70 m³/h, (b) 90 m³/h, (c) 120 m³/h, 
(d) 150 m³/h, (e) 180 m³/h, (f) 210 m³/h (solids flux 3 kg/m²/s). Simulations 
(H=1m); Experiments H=4.36m) 
 
The typical profiles obtained during the experiments (see RMS particle velocity 
profiles) show exactly the same profile: increasing towards the wall and decreasing 
again very near the wall, with the maxima shifting towards the wall at higher 
velocities. Quantitatively speaking (comparing values of turbulent kinetic energy), 
the simulated values are a factor of 2 higher than the experimental observed values 
for turbulent kinetic energy of Figure 3.11 (between, 0 and 1 m/s). Bearing in mind 
that the simulations are not yet within the fully developed flow, Figure 3.37 is 





showing the same simulated values, compared with obtained RMS velocities 
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Figure 3.37 Comparison between simulated (FLOW-MER) and measured turbulent 
kinetic energy for the solid phase in the YZ (a) 70 m³/h, (b) 90 m³/h, (c) 120 m³/h, 
(d) 150 m³/h, (e) 180 m³/h, (f) 210 m³/h (solids flux 3 kg/m²/s). Simulations 
(H=1m); Experiments H=2.35m; +/- 1m above solid inlet) 
 
Quantitatively speaking (comparing values of turbulent kinetic energy), the 
simulated values are now in the same order of magnitude compared with the 
experimental observed values for turbulent kinetic energy of Figure 3.11 (between, 
0 and 1 m/s). 
 
On the other hand, for higher particle concentrations > 10-5, the loss or gain of 
particle momentum and its influence on gas turbulence can no longer be neglected 
according to Hinze (1972) (two-way coupling), the modulation of the turbulence by 
the particles should then be considered, making kp less than k. Taking into account 









Validity using steady state calculations: steady state vs. transient 
 
The validity of using steady-state calculations instead of time-averaging of the 
inherently unsteady simulation results is discussed. 
 
Brereton and Grace (1988) experimentally observed that the actual riser flow is 
highly transient with continuous formation and breakage of solid micro-structures 
called clusters. Pressure and voidage fluctuation studies in CRB risers (Dry and 
Christensen, 1988, Bai et al. 1996, Lin et al. 2001) demonstrate that the gas solid 
flow is highly dependent with oscillations of different amplitude and frequency. The 
low frequency oscillations are well correlated and therefore occur globally in the 
entire riser causing large amplitude oscillation. The high frequency oscillations are 
not-well correlated. The latter exist even when the global loop instability manifested 
as large amplitude oscillations, is not present. Therefore, these high frequency 
oscillations in the riser are caused by cluster formation and breakage (Agrawal et al., 
2001). 
 
The KTGF with a gas turbulence formulation is used. Since the KTGF formulation 
does not account for the mesophase fluctuations due to clusters/streamers etc., it is 
necessary to perform the time dependent calculations on a fine grid. However, for 
situations where the effect due to mesophase fluctuations are not so important (e.g. 
a flow with lower solid fractions (< 0.001), it is possible to obtain a reliable 
simulation using steady state calculations. 
 
When the flux is high (> 100 kg/m²/s), the interaction of the core and annulus 
increases significantly, leading to a continuous formation and breakage of solid 
meso-structures in the entire cross section of the riser. This causes a highly random 
fluctuation of the flow variables in the gas-solid suspension of the riser (Lin et al., 
2001). However, the sizes of clusters and the probability of their formation usually 
decrease with an increase in the gas velocity (Wei et al., 1994). The probability of 





cluster formation increases as the solid mass flux is increased of gas velocity is 
lowered. Thus for a very dilute phase flow (< 0.05), one can neglect the effect of 
clustering to a large extend.  
 
Agrawal et al. (2001) have shown that if the grid size is less than the turbulent 
length scale of the solid phase (~0.1 cm), accurate grid independent properties of the 
solid phase can be obtained using locally averaged equations derived from KTGF. 
On a coarse grid they concluded that it is important to include the effect of meso-
scale structures in the solids phase equations. 
 
In transient simulation mode using a fine grid, the meso-phase turbulence 
significantly increases the granular temperature due to production of turbulence by 
shear (its dissipation also increases). This results in an overall increase in granular 
temperature as compared to the corresponding values when performing a coarse grid 
simulation. In steady state mode, if a fine grid is used, the production of granular 
temperature (production by gas-particle correlation) is similar of magnitude as its 
dissipation due to viscous damping). The predicted granular temperature in steady 
state mode is smaller compared with transient simulations (since the latter includes 
these meso-phase fluctuations). In addition, compared to transient simulation, the 
steady state calculations generally overpredict the drag coefficient by a factor of 
two, resulting in a lower slip velocity and thus higher calculated solids velocities 
(see Figure 3.35). 

Performing steady-state simulations versus transient simulations has been 
extensively discussed by Benyahia et al. (2007). When carrying out steady-state 
simulations, the effect of possible meso-scale structures, together with the 
turbulence originating from the intrinsic unsteady nature of gas-solid flows, has to 
be modeled. This aspect of gas-solid flow modeling has been studied by the authors 
earlier (Heynderickx et al., 2004). An extensive comparison of steady state versus 
unsteady state simulations has been made by Benyahia et al., 2007. The results of 
that study have been accounted for in the presented work. 




Because of flow instabilities (core-annulus regime, in- and outlet effects, 
backmixing phenomena, …), the risers can not operate in real steady state 
conditions. Instead, they operate in pseudo- or statistical steady state flow regimes, 
imposing numerical simulations to be transient. From a given initial condition, the 
simulation goes through an early stage and finally reaches the so-called statistical 
steady state regime. This regime is considered to be reached when all the flow 
parameters start to oscillate around well defined averages. Despite the lack of 
information regarding the required time interval for accurate averaging, its 
determination is very important having in view the very excessive computing times 
characteristic of two-fluid simulations of risers. Simulations (e.g. FLOW-MER) can 
easily take months of CPU processing time. Months of calculation time may well be 
required only for overcoming the early stage of a simulation. Then, averaging 
procedures are applied for providing averaged equations. The interfaces among 
phases in multiphase dispersed flows like the gas-solid fluidized flow are defined 
around a huge number of particles and are highly dynamical and chaotic. Because of 
that, local instantaneous formulations become inapplicable. The averaging 
procedures are used to go around such difficulty. Different averaging procedures 
may be applied like volume averaging, time averaging and ensemble or statistical 
averaging. Those procedures are usually assumed equivalent (ergodicity 
hypothesis). 
 
However, in most of the applications, especially in the industrial applications, the 
main interest is to monitor time averaged properties. The latter is obtained by linear 
averaging of the property, computed over a time, large enough to cover even the 
lowest instabilities in the loop (Gidaspow, 1994). The time averaging scale must be 
larger than to cover the variation of properties due to unsteady flow or macro-scale 
loop instability.  
 
With FLOW-MER (De Wilde et al., 2002), starting from an imposed initial field, 
the solution strategy was to seek for a steady state solution of the problem by 
imposing a very large physical time step of 5000s, large enough in order for the 





initial field not to influence longer the solution, that is in this case fully determined 
by the imposed boundary conditions. A steady state solution is not always obtained. 
Under these conditions and in order to obtain convergence for such conditions of 
highly fluctuating flow fields, a transient solution with a much smaller physical time 
step (order of 0.1 s) is needed (De Wilde et al., 2002). In all simulations presented 
(i.e. low flux pneumatic conveying regime (< 0.001 particle volume fraction), where 






Recently, detailed gas-solid models have been adopted in commercial software 
allowing engineers to simulate their performance more accurately. In FLUENT 
various multiphase flow models are available. The Volume of Fluid model is 
appropriate for stratified or free-surface flows. The mixture model (solving one set 
of conservation equations for a so-called “pseudo” mixture) and the Eulerian 
Multiphase flow model (solving for n sets of conservation equations for n phases) 
are appropriate for flows in which the phases mix or separate. In addition to solving 
transport equations for the continuous phase, FLUENT allows to simulate a discrete 
second phase in a Lagrangian form. The discrete phase formulation contains the 
assumption that the second phase is sufficiently dilute that particle-particle 
interactions and the effects of the particle volume fraction on the gas phase are 
negligible.   
In this paragraph, granular mixtures are simulated by the “Eulerian granular 
multiphase” model using the kinetic theory approach (KTGF). In FLUENT 6.0 this 
includes an algebraic equation for the granular temperature, neglecting convection 
and diffusion terms in the original transport equation of Gidaspow, (1994). The 
most general multiphase turbulence model solves a set of N DQG  WUDQVSRUW
equations IRU HDFK SKDVH N  Np p). This “per phase” turbulence model is the 
appropriate choice when the turbulence transfer among the phases plays a dominant 




role and is more computationally intensive than the “dispersed” turbulence model, 
only solving one set of k- HTXDWLRQVIRUWKH³SVHXGR´PL[WXUH 
Eulerian-Eulerian 3D simulations of the gas-solid flow in a 0.1m cylindrical riser 
for FCCU-E catalyst particles are shown only for the “Eulerian-Eulerian model” 
with granular flow option in FLUENT 6.1.22. Other models (Volume of Fluid, 
Mixture and Lagrangian) are beyond the scope of this chapter and the results 
obtained for these models will not be shown. Details of the model, which is 
basically the same as in De Wilde (2002), including constitutive equations can be 
found in the user guide of Fluent 6.1.22. The boundary and inlet conditions are 
taken the same as in the simulations with the model of De Wilde (see previous 
paragraph) and are shown in Table 3.3. 

Table 3.3: Experimental and Simulation conditions for the cold-flow facility. 
 Experiments Simulations 
 Geldart A: FCC-catalyst 
 
Geldart A: FCC-catalyst 
 
Inlet type           Gas: bottom 
        Solids: one-side (35°) Y-
inlet 
 
             Gas: bottom 
                 Solids: Bottom 
(no side inlet) 
 
Sgas inlet                [m
2] 0.002 (φ = 0.05m) 
 
0.008 (φ = 0.1m) 
 
Ssolids inlet             [m
2] 0.005 (φ = 0.08m) 
 
0.008 (φ = 0.1m) 
 
 
X               [m s
-1] (0, 0, 2.65-7.43) 
fully developed turbulent 
profile 
(0, 0, 2.65-7.43) 
fully developed turbulent 
profile  
(5% inlet turbulence) 
 
Y                [m s
-1] (0, -1.4, -0.9) 
35° Y-type side inlet  
 (φ = 0.05m) 
 
Homogenous velocity 
 (=gas velocity - 0.2 m/s) 
0.008 (φ = 0.1m) 
 
Average Gs in riser[kg m
-2 
s-1] 











ﬁε  0.6 (small jet max. 1*1cm) 
through (φ = 0.08m) 
 
Uniform as per Gs= 3 = vs s s  
 






dp                      [µm] 77 (volume averaged) 
 
77 (volume averaged) 
 










µg                  [N s m-2] 1.82⋅10-5 
Outlet type Abrupt T 
at 8.175 m height 
Free top outlet 
at 1 m height 
(simulated region between 0 and 1 
m) 
Soutlet                  [m




configuration used for the 
3D simulations. 

Simulation results are presented in Figure 3.24 for low solid flux (3 kg/m²/s) and 
medium air velocities (2.65-7.43 m/s) at different riser heights (2.35m, 4.36m and 
6.93m).  
The 3D simulations in the fully developed flow zone of the riser show an overall 
behaviour that is qualitatively and quantitatively in agreement with the experimental 
observations. However, in the core annulus flow regime (2.65m/s to 3.18m/s), 
solids backmixing (negative velocity near the wall) is still not calculated. Also in 
these simulations a uniform inlet was calculated and consequently inlet and outlet 
effects are not taken into account (2.35m riser height – 6.93m height).  The fully 
developed solids velocities are well predicted (a slight overprediction can be 
observed), confirming that the slight underprediction in §4.0. with FLOW-MER is 
probably attributed to simplifications in representing the LCT riser in a 1m modeled  
riser with imposed developed inlet conditions. 
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Figure 3.24: Comparison experiments - simulations in the cold-flow riser, focus on 
the fully developed zone in the riser: time-averaged axial (Z) solids velocity profiles 
along the Y axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, gas 





An experimental study of gas-solid two-phase flow in the riser of a pilot scale 
circulating fluidized bed reactor using Laser Doppler Anemometry was conducted. 





Measured mean velocities show the typical core-annulus structure as seen by other 
researchers. The measured profiles are asymmetric, showing the importance of in- 
and outlet effects of the unit. A swirling movement of the particles is detected. 
Solid phase turbulence intensities rise to about 10% in the centre and 20% near the 
wall. RMS fluctuating velocity measurements reveal an anisotropic fluctuation 
structure within the riser. Fluctuating axial/radial particle velocity fields reveal that 
particle fluctuating velocities in the axial direction are 2-3 times larger than the 
particle fluctuating velocities in the radial direction. The ratio of axial to radial 
fluctuations increases with the riser height, confirming that solid phase turbulence 
anisotropy is inherent to fully developed gas solid flow. Moreover time series for 
the lowest velocities, show the appearance of characteristic 0.5-2 Hz oscillations, 
typical for mesoscale phenomena. These and other experimental data will be used 
for the validation of different aspects of the present 3D hydrodynamic models for 
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 Circulating Fluidized Bed (CFB) reactors or riser reactors are interesting for 
application in large scale processes of the petrochemical industry, as for example Fluid 
Catalytic Cracking (FCC, Das et al., 2003) or the SO2-NOx Adsorption Process (SNAP, 
Das et al., 2001). Riser reactors allow a continuous operation and offer advantages with 
respect to mass and heat transfer. The overall efficiency of a riser is improved when a 
uniform distribution of the solid particles is obtained. At high solids fluxes and/or low 
gas velocities (that is operating conditions at which most of the CFB reactors are 
operated), radial uniformity is disturbed by lateral segregation and backmixing 
phenomena resulting in core-annulus flow. Moreover, axial segregation phenomena 
result in a distinctive dilute transport zone in the upper part and a dense fast fluidized 
zone in the bottom part of the riser.  
Uniformity over the entire riser height is greatly influenced by inlet and outlet effects 
(De Wilde et al., 2003a-b, 2005). Although there are a large number of papers reporting 
on riser hydrodynamics only a few of them are dealing with the influence of inlet 
geometries. Experimental data on inlet geometries are hardly available (Cheng et al., 
1998). Realistic inlet configurations are difficult to study because the introduction of the 
particles in the system is usually abrupt, resulting in steep gradients in the particle 
concentration and velocity profiles.  
Arastoopour (2001a) simulated the flow of gas and solids in both a horizontal and a 45° 
inclined inlet configuration. The main focus of the study was on the flow pattern in the 
solids feeding channel to the riser. The simulations showed that within the horizontal 
inlet channel, the solids accumulated at the bottom of the channel prior to their entry 
into the riser. Local gas aeration and inclination of the solids inlet to 45° resulted in less 
accumulation in the solids inlet channel and in a more uniform solids entry in the riser.  
In the Fluor Daniel plenary lecture, Arastoopour (2001b) presented 3D simulations of a 
0.2 m diameter, 14.2 m tall riser (489 kg/m²/s solids flux) with a single inlet-outlet 
configuration similar to the Knowlton et al. (1995) experimental set-up and investigated 
the influence of the angular position of a side solids inlet (45°, 90° and 135° inclined). 
The simulations showed that the solids mass flux profiles are asymmetric and that the 
shape of these profiles depends on the angular positions of the inlet. Moreover, it was 
shown that big clusters of solids moving downwards force the gas to move through 
different radial positions in the riser. Arastoopour (2001b) indicated the need for 
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detailed experimental measurements near the riser inlets and outlets and stated that 
better gas-solids mixing at the entrance would create better mixing throughout the 
whole riser.   
2D simulations by Benyahia et al. (2000) related with the Knowlton et al. (1995) 
experiment (0.2 m diameter, 14.2 m tall riser, 489 kg/m²/s solids flux) showed that a 
one-sided inlet geometry (45° inclination) could lead to bypass, resulting in a limited 
gas-solids mixing over the entire height of the riser and causing the typical core-annular 
flow regime in the riser to disappear. The simulated flow field was asymmetric with 
most of the particles accumulating near the inlet side of the riser. The calculated 
asymmetric profiles were verified with experimental data (Knowlton et al., 1995) that 
were taken from one wall to the centreline of the riser only, so that asymmetry in the 
experimental profiles could not be verified. The authors emphasize the need for 3D 
experimentation and implementation of the real inlet and outlet configurations and 
conditions to accurately simulate and validate in- and outlet effects.       
Shadle et al. (2001) argue that 2D simulations can overestimate the recirculation rate of 
the solids near the in- and outlet zones due to the reduced spatial degrees of freedom in 
2D for the flow to bypass obstructions (clusters, streamers, solids jets). 3D simulations 
improved the accuracy of the simulations and showed a reduction of the strong back 
mixing near the in- and outlet zones. 
 In the present work the effects of a 35° inclined Y-inlet geometry and of the operating 
conditions on the flow pattern in a dilute phase cold-flow riser are studied both 
qualitatively and quantitatively using 3D-Laser Doppler Anemometry (LDA). The main 
goal is to provide accurate quantitative 3D data in the inlet and acceleration zone of the 
riser, allowing to validate models and CFD codes used for 3D simulations, in particular 
the FLOW-MER code developed at the Laboratorium voor Petrochemische Techniek 
(LPT) (De Wilde, 2000; De Wilde et al., 2003b, 2005). Due to the acceleration, data 
from near a side solids inlet contain more information than data from the fully 














Figure 4.1 shows a schematic representation of the experimental cold-flow pilot 





























Figure 4.1: Schematic representation of the cold-flow pilot installation with a 90° T-
outlet (0.34m extension height) for hydrodynamic research of gas solids flow in risers 
at the LPT: detail of the riser inlet section
 
The set-up (Figure 4.1, left) mainly consists of a 8.765 m high pyrex glass 
cylindrical riser (1 to 5), inner diameter φ=0.1 m, a 4 m high fluidized bed (11,13), 
φ=0.3 m, and a 2 m long aerated standpipe (8, 9), φ=0.08 m. Two high efficiency glass 
cyclones (24) φ=0.3 m and (25) φ=0.225 m (connected to the fluidized bed by means of 
diplegs (15, 16, 17, 19)) and a bag filter (26) with 15µm cut diameter guarantee a good 
recuperation of solids from the air flow through the riser. Additionally, a high 
efficiency glass cyclone (φ=0.15 m) is connected to the outlet (18) of the fluidized bed 
(11, 13), recuperating the entrained particles from the fluidized bed by means of a 
dipleg (12, 14). In order to measure the total solids mass flow in the riser, the 
recirculation loop also includes a quick closing valve (27). Valve (27) locks the return 
leg of the primary and secondary cyclone and a part of the cylone dipleg tube (16) will 
get filled, as in a weighing unit. A capacity meter indicates when the filling level 
reaches a particular height in tube (16) and valve (27) then reopens the return leg. The 
solids flux (0-400 kg/m²/s) is mechanically controlled by means of a diaphragm valve 
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(23). The solids (FCCU-E catalyst (Engelhard corp.), mean volume averaged diameter 
77 µm and solids density 1550 kg/m3, particle size distribution given in De Wilde et al. 
(2003b), are injected via an asymmetric Y-shaped side inlet (22) which is inclined 35° 
with the vertical Z-axis in the YZ plane (Figure 4.1, middle). The solids inlet (φ=0.08 
m) is located 0.5 m above the gas inlet and is positioned 51° counter-clock-wise of the 
outlet in the YZ plane, near the right side wall at R= 0.05 m (Figure 4.1, middle). The 
air inlet (21), φ=0.05 m, expanding to φ=0.1m, makes a 90° angle with both Z-axis and 
Y-axis (aligned with the X-axis) and is located in the XZ plane. Air is delivered by a 90 
kW screw compressor (Free Air Delivery 1000 Nm³/hr, pressurized tank at 4 bar). Dry 
air coming from the compressor (20-30% Relative Humidity (RH)) is moistened with 
steam (0-10 kg/hr) to 50-60 % RH in order to minimize static electricity effects. The air 
flow in the riser is measured with a vortex flow meter and in the fluidized bed by a 
swirl flow meter. Moreover, various aeration taps (1 m³/h) in the return legs supply 
extra air, in order to avoid defluidization in the cyclone diplegs (14, 15) and in the 
standpipe (9) (see Figure 4.1, right). The volumetric flow rate of the aerated air is 
measured with rotameters. 
A 3D Laser Doppler Anemometer (LDA) is used for measuring 3D local mean and 
fluctuating particle velocities under dilute phase conditions. The LDA measurement 
technique has its limitations: in a region of high solids volume fractions (say 3 %), light 
scattering from particles outside the measuring volume and blockage of the laser light 
become significant and result in unreliable noisy data. This is especially the case in inlet 
(and outlet) zones where particle interaction with the wall is very intensive and result in 
the formation of opaque dense zones that are hard to penetrate by the laser beams. For 
these reasons, the measurements with a significant data rate (> 200 #/s) and allowing an 
acceptable accuracy of 1-5 % are only possible using inlet jets that result in an overall 
solids fraction of 0.3 % downstream in the riser. The experiments shown in this paper 
aUHXQGHU61$3'H:LOGH'DVHWDOFRQGLWLRQV s< 0.00075), i.e. low 
inlet solids fluxes between 0.5 and 4.5 kg/m²/s in the riser. The dilute operating 
conditions allow the use of LDA as an appropriate and accurate measuring technique. 
Circulating fluidized beds (CFBs) are used in many industrial processes, as for example 
fluid catalytic cracking (FCC) and the SO2 NOx adsorption process (SNAP). The latter 
is a new CFB process, developed by FLS-Miljö (DK), in which simultaneous adsorption 
of SO2 and NOx on Na-g Al2O3 takes place in a dilute phase riser reactor (De Wilde, 
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2000; Das et al., 2001).  
The measurements in this paper are limited to dilute gas–solid flow, as for example 
encountered in the SO2 NOx Adsorption Process (SNAP). As in De Wilde (2000) and 
Das et al. (2001) these measurements are used to validate the calculations that are 
performed for an industrial scale riser with a diameter of 1.56 m and a height of 14.43 
m, the dimensions of the Gas Suspension Adsorber (GSA) used in the SO2–NOx 
Adsorption Process (SNAP).  
A first reason for this limitation is that with the computationally affordable meshes, the 
currently available Eulerian–Eulerian gas–solid flow models need to be adapted for 
denser gas–solid flow conditions (higher than 100 kg/m2/s) to account for the presence 
of meso-scale structures, i.e. clusters and streamers, of which the behaviour is not 
explicitly calculated (Agrawal et al. (2001), Zhang and VanderHeyden, (2002) and 
Heynderickx et al.(2004)). Because of the computational load, high resolution meshes 
cannot be used for the calculation of industrial size risers. The development of solid 
phase turbulence models should overcome this problem in the near future (Cheng et al. 
(1999) and Zheng et al. (2001)). As the size of a cluster and the probability of its 
formation decrease with increasing gas velocity and decreasing solid flux, the 
calculations and the validation experiments in this paper, are limited to dilute conditions 
(solid flux 3 kg/m²/s) where cluster formation is limited. Furthermore, the LDA 
measurement technique has its limitations: in a region of high solid volumetric 
concentrations (3-5 %), the data acquisition rate decreases considerably. This can be 
partly overcome by alternative traversing routes. With higher solid concentrations, light 
scattering from particles outside the measuring volume, becomes significant and results 
in unreliable noisy data. Furthermore, high density suspensions make the optical path of 
the laser beams unclear or induce a complete blockage of the laser light. A possible 
technique to eliminate the blocking effect is to match the index of refraction of some of 
the solid particles to the fluid. Alternatively, the LDA measurements should become 
invasive, with an evident distortion of the flow patterns, severely affecting the accuracy 
of the experiments. 
The LDA system allows high accurate measurements with large spatial and temporal 
resolution: the uncertainty of the measured mean velocities is < 1-2 % and of the 
measured RMS velocities < 5 % with a total of 3000 validated signals. 
 
&+$37(5    	








Conditions for the experimental study are summarized in Table 4.1. The experimental 
solids mass flow rate is respectively 0.003925 kg/s, 0.02355 kg/s and 0.035325 kg/s, 
corresponding to solids fluxes of 0.5 kg/m²/s, 3 kg/m²/s and 4.5 kg/m²/s in the riser. The 
gas flow rates are 150, 180 and 210 m³/h, corresponding to 5.3, 6.4 and 7.4 m/s 
superficial gas velocity in the riser. These are typical operating conditions for the SNAP 
process (De Wilde, 2000; Das et al., 2001). It should be noted that under these dilute 
conditions the solids enter the riser as a dense solids jet in which s approaches the 
packing limit (solids volume fraction = 0.6). Due to gravity, the solids are distributed 
over a small part of the solids inlet channel (stand pipe) cross section only. In the case 
of aerated inlets (see next) the distribution of solids in the standpipe is more uniform 
and the solid fraction is lower than packing limit. 
The measured profiles are presented for two cross sections of the riser (Figure 4.1): 
the YZ plane is a lengthwise cross section through the middle of the inlet (side inlet 
positioned at R = 0.05 m and H = 0.5 m); the XZ plane is perpendicular to the YZ plane, 
faces the solids inlet (positioned at R = 0 m ; H = 0.5 m) and goes through the centre of 
the riser. The origin of the Z-axis is at the point where the 0.05m diameter PVC gas 
inlet joins the 0.1m diameter pyrex glass riser (point 21 in Figure 4.1, left). 
  The qualitative interpretation of the vector plots shown in the next paragraph (e.g. 
Figures 4.2 and 4.3) requires some further explanation. A solids velocity vector is 
shown at locations allowing a LDA measurement. As such, information on the local 
data rate is not visible in the vector plots. At locations with a low data rate, i.e. a low 
solids fraction, the sampling time was increased to retain the accuracy of the velocity 
measurement. Hence, within the solids fraction window determined by the experimental 
measurement technique (LDA) (in practice 2.10-4 < ε"  < 0.003), solids velocity vectors 
are shown in as well dense as dilute regions of the reactor. The latter allows to gain 
some insight, although purely qualitatively, in the gas phase motion as well. To 
illustrate this, reference is made to Figures 4.2(i) and 4.3(i). Whereas in the dense solids 
jet the solids velocities are downward, they are upward in the dilute region just below 
the solids jet (Figure 4.2(i)) – determined by the upstreaming gas – and in the dilute 
regions aside of the solids inlet (Figure 4.3(i)) – indicating preferential upward gas flow 
aside of the solids inlet. Thus, Figures 4.2(i) and 4.3(i) show that gas is bypassing aside  
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Table 4.1: Experimental conditions 
_____________________________________________________________________ 
8QLWV   ([SHULPHQWDO6HWXS
BBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBBB
,QOHWW\SHVHH)LJXUH    Gas: bottom (φ = 0.05m)
Solids: one-side Y-type (35° inclined) 
Aerated / Non-aerated 
6 #%$'&)( *%+ , -     [m2]  0.00196 (φ = 0.05m) 
       fully developed turbulent profile
6 & .	+ ( /0&1( *0+ , - [m2]  0.005 (φ = 0.08m), remark * 
6XSHUILFLDO*DV9HORFLW\I P [m/s]  5.3 6.4 7.4 
*DV)ORZ5DWH4LQULVHU  [m³/h]  150 180 210 
6ROLGV)OX[* & LQULVHU  [kg/m²/s]  0.5 3 4.5 
6ROLGV)OX[* & ( * LQLQOHWFKDQQHO [kg/m²/s]  0.79 4.7 7.1 
$YHUDJH6ROLGVYROXPHIUDFWLRQ   3.2e-4 2e-3 3e-3 
 
 
Particle Size Distribution of the FCC-catalyst particles. 
2 3
4 5 6 7 4 896: ,ε LQLQOHWFKDQQHOZKHQQRQ
DHUDWHG 
solids enter the riser as a solid jet:  
with φjet, estimated  (e.g. Gs = 3 kg/m²/s) = 
0.008 m width * 0.002 m height; and 
; <
=ε  = +/- 0.6 instead of 2 3 4 5 6 7 4 896: ,ε 
uniformlydistributed along the whole 
inlet channel (φ = 0.08m) 
Aeration: more uniform distr. < 
packing limit  
6ROLGVGHQVLW\ >ρ    [kg/m³]  1550 (FCC), 2650 (silica) 
3DUWLFOH'LDPHWHUG ? [µm]  77 (FCC), 260 (silica) 
6 .%@%- + , - [m2]  0.008 (φ = 0.1m) 
2XWOHWW\SHVHH)LJXUH    Blinded T (0.34m extension height) 
______________________________________________________________________ 
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of the dense solids inlet jet. Analogously, Figure 4.2(iii) shows some gas bypassing via 
the side opposite the side solids inlet, resulting in increased axial solids velocities at the 
side opposite the side solids inlet. 
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Q = 210 m³/h (7.4 m/s)
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Figure 4.2: Solids velocity ( )Y  in the YZ plane for 3 different gas flow rates (i) 150, (ii) 
180, (iii) 210 m³/h and 3 kg/m²/s solids flux in the riser. Inlet section between 0.38-0.54 




4.4.1.1. Effect of the gas flow rate  
 
Figure 4.2 shows the vector plots of the solids velocity ( )Y  in the YZ plane (Figure 
4.1) for 3 different gas flow rates (i) 150 m³/h, (ii) 180 m³/h and (iii) 210 m³/h and a 
solids flux of 3 kg/m²/s. The experimental observations show that radial gas-solids 
mixing is hindered near the inlet zone (z=0.5m, R = 0.05 m) and bypassing of the solids 
by the gas occurs. The bypassing occurs mainly perpendicular to, i.e. around, the YZ 
plane shown (see Figure 4.3) but also via the side opposite the solids inlet if the gas 
flow rate is sufficiently high. The bypassing results in steep velocity gradients and 
variations in the flow field in the inlet zone of the riser. The presence of a dilute 
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preferential bypass zone (particle sparse region) at the side opposite of the solids inlet 
becomes more pronounced with increasing gas flow rate. At the lowest gas flow rate of 
150 m³/h (Figure 4.2(i)), the solids jet penetrates completely towards the side opposite 
of the solids inlet and collides with the wall resulting in a high solids concentration zone 
at the wall opposite the solids inlet. As the gas flow rate increases to 180 m³/h (Figure 
4.2(ii)) and the bypassing opposite the solids inlet develops, the solids accumulation 
opposite the solids inlet decreases. With a further increase of the gas flow rate to 210 
m³/h (Figure 4.2(iii)), the bypass zone opposite the solids inlet has grown in width and 
almost reaches the centre of the riser. 
Bypassing results in off-centre maxima in the solids velocity fields. For the higher 
gas flow rates (180, 210 m³/h) these maxima remain off-centred beyond 0.54 m height 
(Figure 4.16), while for the lower gas flow rate (150 m³/h) the velocity profile becomes 
already more uniform at 0.54 m height with maxima located near the centre of the riser. 
Although the profiles become more uniform beyond 0.6 m height, it should be remarked 
that the flow is not fully developed up to 2.35 m height in the riser (see Figure 4.16), the 
measured solids velocities still differing 2-2.5 m/s with the expected fully developed 
flow values (+/- 6 m/s (150 m³/h) ; +/- 7 m/s (180 m³/h) and +/- 8 m/s (210 m³/h), 
measured at 6.93 m height in the riser.  
   Figure 4.3 shows the vector plots of the solids velocity ( )Y  in the XZ plane (Figure 
4.1) for gas flow rates of respectively (i) 150 m³/h and (ii) 210 m³/h. Although the 
probe’s traversing was perfectly aligned with the inlet geometry and through the centre 
of the riser it did not seem to be perfectly perpendicular to the solids inlet jet and shows 
some asymmetry. This can be attributed to the small imperfectness of the internal 
geometry of the glass works which in fact internally makes a small angle with the YZ 
plane. Additionally, it is further examined whether influences of the gas inlet (90° with 
YZ plane) and astigmatism effects have any contribution to these asymmetries. 
It is clear that bypassing of the solids by the gas does not only occur opposite the solids 
inlet in the YZ plane (Figure 4.2), but mainly aside of the solids inlet jet. In Figure 
4.3(i), the central blank zone corresponds with the downwards flowing solids jet. The 
high solids concentration in this jet does not allow a measurement with the LDA, due to 
blocking of the laser beams. Figure 4.3(ii) (210 m³/h) confirms that with higher gas flow 
rates the jet is entrained more quickly, i.e. at a higher position in the riser (all velocities 
are positive, no central blank zone). The blank zone at locations below 0.44 m in Figure 
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4.3(ii) is due to the total absence of particles in the bottom region of the riser, 
confirming an improved solids entrainment by the gas. As an example, Figure 4.4 
shows the quantitative data of the axial (Z) and radial (X) mean velocity corresponding 
to the vector plot in Figure 4.3(ii). 
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Q = 210 m³/h (7.4 m/s)
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Figure 4.3:Solids velocity ( )Y  in the XZ plane facing the solids inlet for 2 different gas 
flow rates (i) 150, (ii) 210 m³/h and 3 kg/m²/s solids flux in the riser. Inlet section 
between 0.38-0.54 m shown. Inlet positioned at R = 0 m and H = 0.5 m. Conditions see 
Table 4.1.   
 
With increasing gas flow rate, the radial component (X) of the solids velocity increases, 
the off-centered maxima of the axial (Z) solids velocities become more pronounced, and 
the positions of the off-centred maxima shift towards the wall (Figures 4.3 and 4.4). 
Moreover, the radial (X) component is quite large (up to 1.5 m/s for 210 m³/h) 
compared with the axial (Z) component. Finally it should be noted that the profiles in 
Figure 4.3 are asymmetric, especially in Figure 4.3(i). It is to be verified whether this 
can be attributed to the asymmetric 90° side gas inlet (see Figure 4.1) or to the 
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imperfectness of the side solids inlet configuration itself (pyrex glass).  
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Figure 4.4: L Time-averaged mean axial (Z) solids velocity LL Time-averaged mean 
radial (Y) solids velocity in the XZ plane along the X-axis for 210 m³/h gas flow rate 
and 3 kg/m²/s solids flux in the riser. Inlet section between 0.44-0.54 m shown. Inlet 
positioned at R = 0 m and H = 0.5 m. Conditions see Table 4.1.   
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Q = 150 m³/h (5.3 m/s)
Gs = 3 kg/m²/s
XZ plane (Measured)
 
Figure 4.5:Time-averaged solids volume fraction (-) in the XZ plane along the X-axis 
for 150 m³/h gas flow rate and 3 kg/m²/s solids flux in the riser. Inlet section between 
0.38-0.54 m shown. Inlet positioned at R = 0 m and H = 0.5 m. Conditions see Table 
4.1. (Note the values shown are estimates)  
 
Figure 4.5 shows an estimate of the solids volume fraction inside and outside the 
solids jet. It should be mentioned that the accuracy of these measurements is rather low, 
but Figure 4.5 nicely illustrates the origin of bypassing, the upflowing gas being 
hindered by a dense solids region. 
Figure 4.6 shows the solids axial (Z) and radial (X) Root Mean Square (RMS) 
velocities in the XZ plane for respectively (i) 150 m³/h and (ii) 210 m3/h gas flow rate. 
The fluctuating RMS velocity is a measure of the particle velocity fluctuations which 
play an important role in mixing. Values of the granular temperature can be 
qualitatively compared with the experimentally obtained RMS particle velocity 
fluctuations. The highest velocity fluctuations, both axial (Z) and radial (X) occur at the 
boundaries of the solids jet, in and under the bypass zones where the gradients in the 
mean solids velocity (Figure 4.3) are the most pronounced. The corresponding 
fluctuating motion intensities are 20 to 40%. Figure 4.6 confirms that increasing the gas 
flow rate results in increasing axial (Z) and radial (X) fluctuating particle velocities. 
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Figure 4.6: Solids axial (Z) and radial (X) RMS fluctuating velocities in the XZ plane 
facing the solids inlet for 2 different gas flow rates (i) 150 and (ii) 210 m³/h and 3 
kg/m²/s solids flux. Inlet section between 0.37-0.55 m shown. Inlet positioned at R = 0 
m and H = 0.5 m. Conditions see Table 4.1.   





A clear anisotropy between the axial (Z) and radial (X) fluctuating particle velocities, 
by about a factor of 2, is observed, the axial fluctuations being more pronounced (1.5 
m/s versus 0.7 m/s). A comparison with values taken from the fully developed zone 
(anisotropy ratios up to a factor 2-4) reveals that the RMS fluctuating velocity field is 
developing after a return to isotropy in the inlet zone of the riser. The anisotropy in the 
velocity fluctuations is inherent in fully developed gas-solid flow and is probably 
related to the presence of the solid wall of the riser. 
 
4.4.1.2. Effect of the solids flux 
 
Figure 4.7 shows the vector plots of the solids velocity in the YZ plane for 3 different 
solids fluxes, respectively (i) 0.5 kg/m²/s, (ii) 3 kg/m²/s and (iii) 4.5 kg/m²/s for a gas 
flow rate of 150 m³/h. A solids jet penetrates towards the side opposite the solids inlet 
and bypassing occurs mainly aside of the solids jet, i.e. in the XZ plane (e.g. Figure 
4.3(i)). However, with decreasing solids flux, a tendency for the development of a 
bypass zone in the YZ plane at the side opposite of the solids inlet is observed. 
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Figure 4.7: Solids velocity ( )Y  in the YZ plane for 3 different solids fluxes (i) 0.5, (ii) 3 
and  (iii) 4.5 kg/m²/s and gas flow rate 150 m³/h in the riser inlet. Inlet section between 
0.38-0.54 m shown. Inlet positioned at R = 0.05 m and H = 0.5 m. Conditions see Table 
4.1.   
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Figure 4.8: Solids axial (Z) and radial (Y) fluctuating RMS velocity in the YZ plane for 
2 different solid fluxes (i) 0.5 kg/m²/s and (ii) 4.5 kg/m²/s . Inlet section between 0.37-
0.55 m shown. Inlet positioned at R = 0.05 m and H = 0.5 m. Conditions see Table 4.1. 
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At higher fluxes (3-4.5 kg/m²/s) solid particles are present in the zone below the 
solids jet, almost down to the riser bottom, allowing LDA measurements of particle 
velocities in the regions immediately below the solids jet. In the case of 0.5 kg/m²/s 
flux, no solid particles were detected underneath the solids inlet jet. 
Figure 4.8 shows the influence of the solids flux on the measured axial (Z) and radial 
(Y) fluctuating velocities in the YZ plane. With increasing solids flux, the axial (Z) 
fluctuating particle velocities increase, whereas the radial (Y) fluctuating particle 
velocities hardly change. Hence, anisotropy clearly increases with increasing solids 
flux. Turbulence intensities rise from 30 % to 50 % in the part upstream and from 0 to 





According to Cheng et al. (1998) the condition and rate of the entering solids affect 
to a large extent the riser bottom operation, i.e. hold-up, the length of the acceleration 
zone, mixing and transfer phenomena. Arastoopour (2001a) stated that local aeration in 
the standpipe resulted in less accumulation in the inlet and in more uniform inlet 
mixtures into the riser. Therefore, experiments with an aerated side solids inlet are 
performed. The inlet geometry was modified by connecting a small aeration device (1 
m³/h flow rate) to the standpipe located near point 22 in Figure 4.1 (left), which ensured 
the solids jet to become more uniform near the riser injection point (Figure 4.1, right). 
The aeration device consist of one single metal aeration tap (internal diameter 4mm, 
located 0.2m away from the inlet opening) that is connected to the compressor system 
(4 barg) by means of a flexible wire. A pressure regulator allows manipulating the inlet 
pressure from 4-0.6 barg, corresponding with changes in air flow rates (indicated by a 
rotameter) from 0 to 5 m³/h. At the end of the aeration tap, a gas distributor, consisting 
of a 0.01m long sintered metal piece, was welded. The gas distributor reduces the 
available air flow rate to about 1 m³/h. The measured solids velocity profiles are found 
to be very sensitive to aeration of the solids inlet channel, showing that the inlet design 
can significantly change the overall performance of the riser reactor. Due to predilution 
in the solids jet, aeration improves the solids entrainment to a larger extent than 
increasing the gas flow rate (Figure 4.2) or lowering the solids flux (Figure 4.7). 
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Figure 4.9: Solids velocity ( )Y  in the YZ plane for an aerated (homogenized) inlet for 
gas flow rates (i) 150 m³/h and (ii) 210 m³/h and 0.5 kg/m²/s solids flux in the riser. Inlet 
section between 0.38-0.54 m shown. Inlet positioned at R = 0.05 m and H = 0.5 m. 
Conditions see Table 4.1 
 
Figure 4.9 shows the solids velocity ( )Y  in the YZ plane obtained with the aerated 
side solids inlet for respectively (i) 150 and (ii) 210 m³/h gas flow rate and a solids flux 
of 0.5 kg/m²/s in the riser. Bypass of the solids by the gas results in the formation of 
velocity profiles with off-centered maxima. In contrast with the non-aerated inlet 
(Figure 4.7(i)), gas mainly bypasses via the side opposite the solids inlet (YZ plane) 
(Figure 4.9) even at a gas flow rate of 150 m³/h. The dense reactor zone bypassed by the 
gas reduces significantly in volume when aerating the side solids inlet. For a gas flow of 
210 m³/h the width of the bypass zone remains about the same as for 150 m³/h, but the 
solids fall to 0.46m height while for a gas flow of 150 m³/h they fall somewhat deeper 
to 0.44 m height. The blank zone at lower locations in Figure 4.9 illustrate the total 
absence of particles in the bottom region of the riser in the case of aerated inlets.  
A quantitative comparison between non-aerated and aerated inlets of the time-
averaged mean axial (Z) velocity at 0.56m height in the YZ-plane (gas flow rate 150 
m³/h, solids flux 0.5 kg/m²/s) is presented in Figure 4.10.  
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Figure 4.10: Time-averaged mean axial (Z) solids velocity in the YZ plane along the Y-
axis at 0.56m height for 150 m³/h gas flow rate (0.5 kg/m²/s solids flux). Quantitative 
comparison between aerated and non-aerated inlet. Inlet positioned at R = 0.05 m and H 
= 0.5 m. Conditions see Table 4.1.  
 
Figure 4.10 reveals that in case of aeration the acceleration zone is indeed firmly 
reduced (solid velocities up to 4.5 m/s versus 3.5 m/s). Li and Kwauk (2003) revealed a 
significant dependence of the drag coefficient on structural changes: local structures 
lead to a decrease in drag. They stated that the dependence of the drag coefficient on 
local densifications could not be appropriately quantified by using the average approach 
for drag coefficient calculations (simple particle drag model). Also, Qi et al. (2000) 
reported that particles which are fed in a riser are elutriated immediately and that the 
simulated flow became rather dilute if the drag correlation derived from the Ergun 
equation was employed. Consequently, in the case of heterogeneous gas-solids flow, the 
validity of the Wen and Yu/Ergun drag correlations, used FLOW-MER and others (De 
Wilde, 2000), remains questionable (Yang et al, 2003). In order to accurately calculate 
the acceleration lengths in risers and taking into account the inlet effects, the simulation 
codes should be tuned by modifying these classical drag equations.  
In general, as with the non-aerated solids inlet, the axial (Z) and radial (Y) 
fluctuating RMS velocities in the YZ plane (not shown here) increase with increasing 
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gradients in the mean axial (Z) and radial (Y) velocities. Increasing the gas flow rate 
results in an increase of the axial (Z) RMS particle velocities in the YZ plane, but in a 
decrease of the radial (Y) RMS velocities. The gas flow that bypasses the solid jet in the 
YZ plane in the case of aerated inlets has a stabilizing effect on the radial (Y) velocity 
fluctuations. A maximum in both the axial (Z) and radial (Y) velocity fluctuations is 
observed in front of the inlet opening in the region where upflow and downflow, 
induced by the inlet effect, encounter. Radial (Y) velocity fluctuations are damped near 
the riser side wall. 
Compared with the non-aerated profiles, aerated inlets give way to more uniform 
axial (Z) and radial (Y) fluctuations in the whole inlet zone. Secondly, only a slight 
anisotropy between the axial (Z) and radial (Y) fluctuating particle velocities has been 
observed, meaning that the aerated inlets give way to more isotropic fluctuations near 
the inlet jet. Relatively speaking, the intensity of the fluctuating motion is about 20-
25%, which is lower compared with the non-aerated inlets.  
Figure 4.11 shows the solids velocity ( )Y  in the XZ plane with an aerated side 
solids inlet for a solids flux of 0.5 kg/m²/s and gas flow rates of respectively (i) 150 and 
(ii) 210 m³/h. Bypass in the XZ plane still occurs, but is less pronounced in comparison 
with the non-aerated side solids inlet (Figures 4.3-4.5). It should be noted that the 
measurements from Figure 4.11 are taken at 0.5 kg/m²/s flux. Measurements at 0.5 
kg/m²/s (without aeration) and at 3 kg/m²/s (with aeration) are not included. The 
influence of aeration is far the most important phenomenon leading to an improved gas-
solids mixing, rather that lowering the solids flux from 3 to 0.5 kg/m²/s. In contrast with 
Figure 4.3 no downward flowing particles are detected in the XZ plane (blank zone in 
Figure 4.3) and the jet appears to be more dilute making LDA measurements possible 
because there is no blocking of the laser beams. Moreover a blank zone at locations 
lower than 0.44 m height illustrates the total absence of particles in the bottom region of 
the riser and confirms that the jet is entrained much easier. As seen from Figure 4.11 
higher gas flow rates result in higher off-centered maxima in the solids velocity profile. 
Figure 4.11 shows that the radial component (X) of the solids velocity is also quite large 
(up to 1.5 m/s) compared with the axial (Z) component. This indicates an overall good 
radial mixing of the solids. With increasing gas flow rate, the radial component (X) of 
the solids velocity slightly increases and the off-centred maxima move towards the wall. 
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Figure 4.11: Solids velocity ( )Y  in the XZ plane for an aerated inlet for gas flow rates 
(i) 150 m³/h and (ii) 210 m³/h and 0.5 kg/m²/s solids flux in the riser. Inlet section 
between 0.38-0.56 m shown. Inlet positioned at R = 0 m and H = 0.5 m. Conditions see 
Table 4.1.    
  
Remark that the radial (X) velocity component induced by the side solids inlet is only 
slightly affected by the gas flow rate and its dependence on the gas flow rate is less 
pronounced than in the case of the non-aerated inlet (Figures 4.3-4.4). The radial 
upward dissipation results in a conical shape of the zone in which particles are detected 
(Figure 4.11). As a result the angle of the conus decreases with increasing axial velocity 
– that is gas flow rate. Finally it should be noted that in comparison with the non-
aerated profiles from Figure 4.3, the profiles in Figure 4.11 are more symmetric as 
compared to the profiles obtained with the non-aerated inlet and illustrates the presence 
of a more uniform and more dilute solids jet compared to a non-aerated solids inlet 
(Figure 4.5), resulting in broader bypass zones opposite the solids inlet and in improved 
gas-solids mixing. Additional dilution of the solid jet by increases in gas flow rate (150 
to 210 m³/h) is occuring. 
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Figure 4.12: Solids axial (Z) and radial (X) fluctuating RMS velocity in the XZ plane 
for 2 different gas flow rates (i) 150 and (ii) 210 m³/h and 0.5 kg/m²/s solids flux. Inlet 
section between 0.37-0.55 m shown. Inlet positioned at R = 0.05 m and H = 0.5 m. 
Conditions see Table 4.1. 
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Figure 4.12 shows for an aerated solids inlet the solids axial (Z) and radial (X) Root 
Mean Square (RMS) velocities in the XZ plane for (i) 150 m³/h and (ii) 210 m3/h gas 
flow rate. The highest velocity fluctuations, both axial (Z) and radial (X), occur at the 
boundaries of the solids jets, especially aside the bypass zones where the gradients in 
the mean solids velocity (Figure 4.11) are the most pronounced. The corresponding 
fluctuating motion intensities are 20 %, which is lower than with the non-aerated inlet. 
Increasing the gas flow rate results in increasing axial (Z) RMS fluctuating particle 
velocities and in decreasing (damped) radial (X) RMS fluctuating particle velocities. 
Isotropy in the axial (Z) and radial (X) fluctuating particle velocities, in the case of a 
high flow rate (210 m³/h), is observed. For the lowest flow rate of 150 m³/h, the radial 





In addition to FCC catalyst (Geldart A type), measurements using silica particles with a 
mean volume averaged diameter of 260 µm and a solids density 2650 kg/m³ (Geldart B 
type), and particle size distribution given by Van engelandt et al. (2004), are presented. 
This allows quantification of the influence of the particle size and density on the 
observed inlet flow profiles. Experiments show that in general the same abrupt inlet 
phenomena occur as detected with FCC particles (Figures 4.2 and 4.3), i.e. hindered 
radial gas-solids mixing and bypassing of the solids jet aside and opposite the solids 
inlet.  
To a larger extent than changing the overall flow patterns, the type of particles greatly 
influences the length of the acceleration zone downstream the inlet. A quantitative 
comparison of both types of particles is shown in Figure 4.13. The axial (Z) solids 
velocities in the YZ plane at a height of 0.52 m (Figure 4.13) show much lower values 
for the silica particles than for the FCC particles (0.5-1 m/s versus 1-3.5 m/s, negative 
solid jet not taken into account). Fully developed flow profiles (average velocities of 3-
4 m/s for silica and 5-6 m/s for FCC, see Figure 4.15-4.16 and Van engelandt et al., 
(2004) indicate that at 0.52m height the FCC particles have reached already 60% of the 
fully developed velocity value while for silica this is only 20-25%. This shows that in 
the case of silica particles, the acceleration zone is firmly extended (approximately by 
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factor of 3). The same conclusions can be drawn from the velocities in the XZ plane at 
0.46m height (not shown): values 0.5-2 m/s in the bypass zones for silica versus 2.5-6 
m/s for FCC particles (negative solid jet not taken into account). It should be noted that 
profiles in the XZ-plane with silica did allow measurements in the downward flowing 
part of the solids jet. This is explained by the lower number of bigger silica particles 
that are present in a solids jet of constant flux 3 kg/m²/s.  
	
    
ﬀ ﬁ	ﬂ ﬃ	 	  !ﬃ"ﬀ ﬃ# $ﬀ%'& ()   *	 +  () , +ﬀ-	(/.	*01ﬂ "ﬀ ,('2	3 45	ﬁ6. '.(
798;:































FHG F)I FHG FHM




























150 m³/h - FCCU
150 m³/h - Silica
 
Figure 4.13: Time-averaged mean axial (Z) solids velocity in the YZ plane along the Y-
axis at 0.52m height for 150 m³/h gas flow rate and 3 kg/m²/s solids flux in the riser. 
Comparison between FCC and silica particles (non-aerated case). Inlet positioned at R = 
0.05 m and H = 0.5 m. Conditions see Table 4.1.   
 
Finally, in comparison with Figure 4.10, Figure 4.13 shows that higher solids fluxes (3 
kg/m²/s versus 0.5 kg/m²/s) give way to less (radially) uniform profiles in the non-
aerated case (150 m³/h).    
Axial (Z) and radial (Y or X) RMS fluctuating particle velocities in the YZ and XZ 
planes are also compared for FCC and silica particles (Figure not shown). Larger and 
heavier particles (silica) clearly result in lower axial and radial RMS fluctuating 
velocities, both in the YZ-plane as well as in the XZ-plane. It shows that inertial effects 
can significantly influence the length of the bottom mixing zone in the riser. Note that 
in the solid jet itself, RMS fluctuating velocities are equal for both types of particles.   
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In the immediate vicinity of the side solids inlet, the gas flow and the particle flow are 
still weakly coupled. The gas stream (from the riser bottom) flows upwards, while the 
solids phase (from the standpipe) is forced to make a 155° inclined turn into the riser. 
Inertia causes the inlet solids jet to (initially) move straight into the riser bottom (that is 
35° inclined with Z-axis). The solids velocities ( )Y  in the YZ plane through the centre 
of the inlet are shown for a gas flow rate of 150 m3/h in Figure 4.14.  
Figure 4.14: Solids velocity ( )Y  in the YZ plane for gas flow rate 150 m³/h and 3 
kg/m²/s solids flux in the riser. Vortex formation phenomena near the inlet opening. 
Inlet section between 0.5-0.65 m shown. Inlet positioned at R = -0.05 m, H = 0.5m. 
Conditions see Table 4.1. 
 
A macro-scale vortex is formed by the 35° Y-inlet configuration, inducing recirculation. 
The vortex has a 3D nature, but mainly recirculates some flow (gas and also solids) 
back to about 0.05 m into the upper dilute part of the standpipe. Visual observations and 
the measured data rate indicate an increased solids hold-up in the eye of the (dilute) 
recirculation vortex. 
Increasing the gas flow rate increases the vorticity magnitude of the macro-scale vortex 
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in the standpipe. The vorticity is a measure of the rotation of a fluid element as it moves 
in the flow field, and is defined as the curl of the velocity vector ( Y×∇ ). The vorticity 
magnitude is the magnitude of the vorticity vector. It should be mentioned that the 
overall injection speed of the high concentration jet into the riser remains constant. This 
dampens the growing vorticity magnitude.  
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It was shown in the previous paragraph, that in the case of a gas flow of 210 m³/h and a 
solids flux of 3 kg/m²/s (Figure 4.2(iii)) a full entrainment of the particles jet resulted in 
the appearance of a bypass zone opposite the side of the solids inlet. Also a widening of 
the bypass zones in the XZ plane was seen at higher gas velocities (Figure 4.3). Figure 
4.15 now focuses on effects more downstream in the riser (section 0.45-8m) and shows 
in particular the vector plots of the solids velocity ( )Y  in the YZ plane for a gas flow of 
210 m³/h and a solids flux of 3 kg/m²/s FCC particles (i) in the inlet section of the riser 
at 0.45-1m height; (ii) in the developing zone at 1.2-2.5m height and (iii) in the fully 
developed zone at 4-8m height (conditions see Table 4.1). It should be noted that data in 
Figure 4.15 reach as high as 8m. Outlet effects induced by an L-outlet and T-outlets 
with different extension heights and outlet surface areas are studied experimentally and 
computationally by Van engelandt et al. (2005) for superficial gas velocities of 2.65-
7.43 m/s and a solids flux of 3.0 kg/m2/s. A T-outlet configuration induces recirculation 
by vortex formation in the extension part of the riser above the outlet, resulting in steep 
velocity gradients and off-centered maxima in the velocity field and recirculates the 
flow along the wall opposite the outlet, inducing reflux down to about 0.1m upstream of 
the outlet. Outlet effects can be therefore completely be decoupled from the inlet effects 
(as far as 8m height). Figure 4.15 shows a downstream shift in the location of the 
maximum solids velocity from the side opposite the solids inlet to the side of the solids 
inlet, before getting uniform at axial positions above 4m. This effect is referred to as 
“reflection phenomenon” and it results from the tendency of the gas to preferentially 
follow the path of the least resistance. Measurements with silica particles in the same 
set-up at the same conditions (gas velocities 5.31 m/s-7.31 m/s and solids fluxes up to 6 
kg/m²/s) and using the same inlet geometry were presented at the Fluidization XI 
conference in Italy (Van engelandt et al., 2004). The results showed a clear swirling  
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Figure 4.15: Reflection phenomena: solids velocity ( )Y  in the YZ plane for 210 m³/h 
gas flow rate and 3 kg/m²/s solids flux in the riser (a) in the inlet section of the riser 
0.45-1 m height (b) in the developing zone 1.2-2.5 m height (c) in the fully developed 
zone 4-8 m height. Inlet positioned at R = 0.05 m and H = 0.5 m. Non aerated case. 
Conditions see Table 4.1.    
 
motion of particles over the entire riser height. This has been related to combined gas 
and solid phase inlet effects. It has been visually observed that the same swirling 
motion, at least in the bottom of the riser, is present when using FCC particles. When 
particles collide with the wall opposite the solid inlet, solids accumulation contributes to 
gas bypass effects inducing gas swirl. No further examination however on these effects 
was done so far. It is to be verified whether the imperfectness of the glass works and gas 
inlet effects (90° with YZ plane) have any significant contribution to these swirl effects. 
However, the observed reflection phenomenon can be related with 3D swirling flow. 
  Sun and Gidaspow (1999) detected a similar bouncing motion of particles in a 2D 
simulation of the Fluidization VIII Benchmark test (Knowlton et al., 1995) and referred 
to it as snake-like motion. They also mentioned the sensitivity of this phenomenon 
towards the inlet geometry (symmetric inlet, side inlet, flat inlet, central inlet, 
calculating the inlet conditions by taking into account the whole riser loop). In their 
simulation of the Benchmark test, clusters of solids slowly move downwards and 
produced a snake-like motion: the gas preferentially flows through the particle sparse 
regions bypassing the high concentration zones in the riser.  
Arastoopour (2001b) investigated similar effects by simulating the Benchmark test of 
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Knowlton et al. (1995) in 3D with a side inlet configuration. It was shown in their 
results that big clusters descended near the wall opposite the solids inlet and forced the 
gas to move in different radial positions, resulting in asymmetric solids mass flux 
profiles. The origin of asymmetric flux profiles was attributed to the combination of 
inlet and outlet effects.         
Figure 4.15 clearly shows a reflecting motion observed in the cold-flow LPT riser at 
210 m³/h and 3 kg/m²/s. The dense inlet jet stream is located on the right hand side at 
WKHSRVLWLRQRI WKH LQOHW5 PDQG+ PZLWK s = +/- 0.6. It was shown in 
Figure 4.2iii that bypassing occurred on the left hand side near the inlet zone 0.38-0.54 
m and so a particle sparse region is to be expected at the left hand side of the zone 0.38-
0.54m. At higher positions 0.54-0.85m near the upper left hand side, immediately above 
the side inlet, a high particle concentration region is formed, since the inlet particle jet 
stream is colliding with the wall opposite the riser inlet (see direction of vectors in the 
vector plots in Figure 4.15). The dense zone at 0.85-2.5m corresponds with a particle 
sparse region on the upper right side illustrated by the blank zone in Figure 4.15i in 
which no particles were measured at all.  
It should be noted that comparing with the simulation results of a 0.2m diameter riser by 
Arastoopour (2001b), the experimental results in the cold-flow riser show quicker 
dissipation of the reflection phenomenon: at a height of 4m the solids velocity 
distribution becomes radially uniform and an influence of the outlet (blinded T) is 
hardly observed. Arastoopour (2001b) observed asymmetries in the YZ and XZ plane 
over the whole riser height. This is attributed to the considerably higher solids fluxes 
(489 kg/m²/s in his calculations versus 3 kg/m²/s in these experiments) and to the larger 
riser diameter (0.2m versus 0.1m). The poor radial mixing in large-diameter risers 
compared to small-diameter risers can be attributed to the reduced impact of the viscous 
terms. 
With an aerated side solids inlet, reflection phenomena are not detected. Aerated inlets 
result in less dense concentration profiles and more uniform velocity profiles at lower 
heights (0.6m, Figures 4.9 and 4.11). Figure 4.16 focuses on 2.35 m height in the riser 
and illustrates the influence of the superficial gas velocity on the time-averaged axial 
(Z) particles velocities along the Y-axis in the YZ plane. It can be seen that with 
increasing gas flow rate, the asymmetry in the axial velocity profile and, hence, the 
reflection phenomenon becomes more pronounced. The location of the reflection point 
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shifts to lower heights at lower gas flow rates. This corresponds with the relocation of 
the dense zone opposite the riser inlet: at lower gas velocities, the particle jet stream 
collides with the wall opposite of side solids inlet at lower positions in the riser and 
consequently the bypassing of this dense zone (so maximum particle velocity at the side 
0<R<0.05 m) starts earlier (at lower heights, Figures 4.2, 4.15 and 4.16).  
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Figure 4.16: Axial (Z) solids velocity in the YZ plane along the Y-axis for 150, 180 and 
210 m³/h gas flow rate and 3 kg/m²/s solids flux in the riser at H= 2.35m. Inlet 
positioned at R = 0.05 m and H = 0.5 m. Non-aerated case. Conditions see Table 4.1. 
Near solids inlet behaviour: see Figure 4.3.   
 
'LVVLSDWLRQRIQRQXQLIRUPLWLHV
   
The experimental results for the 0.1 m diameter cold-flow riser, illustrate that in small 
diameter risers radial mixing quickly dissipates bypassing effects and the profiles 
become uniform 0.6 m downstream in the riser (Figures 4.2, 4.3, 4.7, 4.9, and 4.11). 
Dissipation is fast, especially in the case of aerated inlets and small particles (Geldart A 
type). The latter is in accordance with simulations for small diameter risers (De Wilde et 
al., 2003b, 2005), but in contrast with what is seen in simulations of large diameter 
industrial scale risers (De Wilde et al., 2003b, 2005). The bypass effects in small 
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diameter, low flux risers are quickly dissipated by the viscous forces. The impact of the 
former is slower in large diameter risers. 
With FCC particles, the experimental observations in the cold-flow riser show that the 
acceleration zone for the lower gas flow rates 150-180 m³/h (3 kg/m²/s solids flux) is 
maximum 2.35 m long for non-aerated inlets (Figure 4.16) and shorter for aerated inlets. 
For the case of a non-aerated solids inlet and the higher gas flow rate of 210 m³/h, 
reflection phenomena extend the acceleration zone beyond 2.35 m height. Reflection 
phenomena are not detected with aerated inlets. In all cases, the FCC solids velocity 
profiles become radially uniform below 4 m pilot riser height. In case silica particles are 




The influence of a side solids inlet on the flow pattern in a dilute phase riser is 
investigated experimentally in a pilot cold-flow pilot riser. Accurate quantitative 3D-
LDA data are provided. Experiments show that the condition, the type (Geldart A 
versus B) and the rate of solids feeding affect the riser bottom operation and the gas-
solids mixing to a large extent. Bigger particles extend the length of the acceleration 
zone to a large extent. Gas-solids mixing in the riser is hindered by an abrupt entry of 
the solids due to bypassing of dense solids regions by the gas. Higher gas flow rates and 
lower solids fluxes allow bypassing to occur in the plane of the solids inlet via the side 
opposite the solids inlet. As a result, bypassing in the plane facing the solids inlet i.e. 
aside of the solids inlet, is reduced. In the immediate vicinity of these bypass zones, 
RMS fluctuating velocities (axial and radial) increase. Using a more uniform aerated 
side solids inlet, the solids are entrained faster, resulting in broader bypass zones 
opposite the solids inlet and in improved gas-solids mixing with more uniform 
fluctuating motions. A non-aerated Y-inlet configuration induces a small reflux into the 
upper dilute part of the standpipe.
In small diameter risers, radial mixing quickly dissipates the non-uniformities 
introduced by a side solids inlet. However, reflection phenomena occur in the bottom 
zone of the riser in the case of non-aerated inlet conditions, extending the length of the 
non-uniform reactor zone. The experimental data describe well the solids acceleration 
behavior and can be used to validate gas-solids flow models via 3D simulations. 
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Circulating fluidized beds (CFB’s) are used in many industrial processes, as for example fluid 
catalytic cracking (FCC) and the SO2 NOx adsorption process (SNAP). The latter is a new 
CFB process in which simultaneous adsorption of SO2 and NOx on Na-γ Al2O3 takes place in 
a dilute phase riser reactor (Das et al., 2004). Despite world wide research efforts, the 
development and scale-up of circulating fluidized beds remain difficult and often require 
experimental research with an intermediate expensive pilot plant. Recent important growth of 
the computational capacities allows the use of computational fluid dynamics (CFD) as a tool 
for reactor simulations. CFD allows to focus on the effects of important reactor components, 
as for example the inlet and outlet configuration, on the reactor flow pattern. The latter is 
strongly related to the reactor performance. 
The effects of outlet configurations on the flow pattern in CFB’s have been investigated by 
some research groups (Bai et al., 1992; Cheng et al., 1998; De Wilde et al., 2003a). Using 
Computational Fluid Dynamics (CFD), De Wilde et al. (2003a) have demonstrated how 
strong restrictive outlet configurations can influence the flow pattern in the entire reactor. For 
non-restrictive outlet configurations, the outlet effects are limited to the vicinity of the outlet. 
The impact of inlet configurations on the flow pattern in CFB’s is less documented, as well 
with respect to experimental as numerical studies. An experimental study has been performed 
by Cheng et al. (1998), but the number of inlet configurations studied is limited. The 
important phenomenon of vortex formation is completely ignored in the explanation of the 
experimental results. Nevertheless, the study demonstrated the importance of the inlet and 
outlet configurations for the flow pattern in CFB's. Cheng et al. (1998) classify inlet 
configurations based on two criteria: the restriction on the solids circulating flow and the 
distribution of open area of the gas distributors. In the present work, only the last criterion is 
studied. Furthermore, measurements and calculations are limited to dilute gas-solid flow, as 
for example encountered in the SO2 NOx Adsorption Process (SNAP) (Das et al., 2004). A 
first reason for this limitation is that with the computationally affordable meshes, the currently 
available Eulerian-Eulerian gas-solid flow models need to be adapted for denser gas-solid 
flow conditions to account for the presence of meso-scale structures, i.e. clusters and 
streamers, of which the behaviour is not explicitly calculated (Agrawal et al., 2001; Zhang 
and VanderHeyden, 2002). Furthermore, the 3D Laser Doppler Anemometer (LDA) 
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measurement technique used in the present work is limited to dilute gas-solid flow, as at solid 
volume fractions above 0.01 the data rate decreases considerably. 
Compared to outlet configurations, realistic inlet configurations are more difficult to simulate, 
because the introduction of the particles in the system is usually abrupt resulting in steep 
gradients in the particle concentration and in complex flow patterns. An important issue is the 
radial mixing of the gas and solid particles following the introduction of the latter in the 
reactor. Bypassing of solid particles by the gas often causes mal-functioning of the reactor. 
Gas phase turbulence and the fluctuating motion of the particles, quantified by the granular 
temperature, are believed to play an important role in the mixing of the particles. The 
calculation of the granular temperature is possible using the kinetic theory of granular flow 
(KTGF). Gas-solid interactions, however, are not accounted for in the KTGF, despite their 
importance. Only few research groups have tried to account for them, mostly with limited 
success (Simonin, 1990; Louge et al., 1991; De Wilde et al., 2002). 
In the present paper, the capability of the current Eulerian-Eulerian gas-solid flow models to 
describe the complex inlet behaviour is validated with 3D experimental measurements in the 
inlet zone of a dilute pilot circulating fluidized bed equipped with an abrupt side solids inlet.  
Inlet and outlet effects are often studied independently, ignoring possible interaction between 
the inlet and outlet configuration effects: hydrodynamics at the bottom of the riser are related 
to the inlet configuration, whereas hydrodynamics at the top of the riser are related to the 
outlet configuration (Cheng et al., 1998). For example, Bai et al. (1992) simply add the curves 
obtained for inlet and exit regions. The effects due to inlet and outlet configuration are 
however not independent. Thus, a variety of flow patterns can result from combinations of 
inlet and outlet configurations. The interactions between inlet and outlet configuration were 
not studied yet and are therefore addressed in this work. 
 
([SHULPHQWDOVHWXS
Experiments are performed in a pilot scale cold-flow riser. Figure 5.1 (page 5-12) shows a 
schematic representation of the experimental set-up. The cold-flow set-up mainly consists of a 
8.765 m high plexiglass cylindrical riser (1, 2, 3, 4, 5) with an internal diameter of 0.10 m, a 4 
m high fluidized bed (11,13) with internal diameter 0.30 m and a 2 m long aerated standpipe 
(8-9) with an internal diameter of 0.08 m. The solid particles used are FCC (Geldart A type) 
particles, with a mean volume averaged diameter of 77 µm and a solid density of 1550 kg m-3. 
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Two high efficiency glass cyclones (24, 25), connected to the fluidized bed by means of 
diplegs (15, 16, 17, 19), guarantee a good recuperation of solids from the air flow: the overall 
efficiency of the riser cyclones during the experiments for particle sizes >35 µm can be 
considered >98%. For particles <35µm this overall efficiency drops considerably. 
Additionally, a medium efficiency glass cyclone is connected to the outlet (18) of the 
fluidized bed (11, 13), recuperating the entrained particles from the fluidized bed by means of 
a dipleg (12, 14). The efficiency of this cyclone for particle sizes >35 µm is about 95%. At the 
end, a bag filter (26) assures that no particles escape from the pilot to the environment. 
Malvern analysis showed that mainly particles of size 5-35 µm are found in the bag filter. An 
initial start-up of about 2 days is necessary when using fresh catalyst in order to stabilize the 
particle size distribution. Loss by attrition is not taken into account. The solid flux (2-400 kg 
m-2 s-1 range) is mechanically controlled by means of a diaphragm valve (23). Solids are 
injected via an asymmetric Y-shaped side inlet (22) which makes a 35° angle with the vertical 
Z-axis in the YZ plane and is positioned 51° counter-clock-wise of the outlet in the YZ plane. 
The solids inlet (0.08 m internal diameter) is positioned at 0.58 m above the gas inlet. Air is 
delivered by a 90 kW screw compressor (Free Air Delivery 1000 m3 hr-1). Dry air (20-30% 
Relative Humidity) from the compressor is moistened with steam (0-10 kg hr-1) to 50-80 % 
Relative Humidity in order to minimize static electricity effects. The air is fed through the 
bottom of the riser (21) and the air flow is measured with a vortex flowmeter. Additionally, 
air is also fed through the bottom of the fluidized bed (10) and the flow is hereby measured 
with a swirl flowmeter. The air inlet (21), 0.05 m internal diameter, makes a 90° bend (90° 
with both Z-axis and Y-axis in the XZ plane).  
The set-up is completed with a 3D Laser Doppler Anemometer (LDA) which allows to 
measure (1-, 2- or 3-dimensionally) the local mean and fluctuating particle velocities. 
Moreover, the LDA is capable of estimating the local volume fraction (data rate) of the solid 
phase in the riser by means of the data rate technique or the time-ratio technique, as described 
in Chaouki et al. (1997). The recirculation loop for the solids also includes a quick closing 
valve (27) to measure the total solids mass flow rate. The operating conditions of the cold-
flow installation correspond to typical FCC and SNAP conditions (solid fluxes in the range of 
2-400 kg m-2 s-1 (mass flow rates up to 11.5 tons hr-1), superficial gas velocities of 3-12 m s-1 
(gas flow rates up to 340 m³ hr-1)). To investigate the effects of the outlet configuration on the 
flow experimentally, two outlet geometries, namely a 90° smooth bend (6) or an abrupt T-
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outlet (0.4 m below the riser top) are available. Both outlet geometries can easily be switched 
from one to another by means of a compensator (20) which is also able to catch thermal 
expansion of the unit. The outlet surface area for both configurations equals the entire cross 
section of the riser (0.00785 m²). The solids inlet is positioned 51° counter-clock-wise of the 
outlet in the YZ plane (Figure 5.1).  
Experimental results obtained with FCC particles for the abrupt T-outlet configuration will be 
presented in this paper to qualitatively validate the gas-solid flow model. All experimental 
measurements were shown to be fully reproducible. 
Remark that, although the solid particle velocities are measured, information on the gas phase 
motion can also be extracted from the experimental results. In fact, the gas phase and solid 
phase motion are strongly related. For example, zones of gas bypassing the solids are 
recognized from higher values of the solid particle velocities. Further information on the 





The Eulerian-Eulerian approach is taken. Table 5.1 summarizes the transport equations for 
both phases. For the gas phase the mass, momentum and total energy conservation equations 
are Reynolds averaged. The effects of turbulence are taken into account via a k-ε  model, 
adapted for gas-solid interactions. For the solid phase, the transport equations for mass, 
momentum and granular temperature are obtained via the kinetic theory of granular flow 
(KTGF) (Gidaspow, 1994; Nieuwland et al., 1996). Interactions between the fluctuating 
motion of the gas and solid phase are taken into account via drag terms in the granular 
temperature equation (Eq. (10)) and the gas phase turbulence model (Eqs. (8) & (9)) and via 
an extra transport equation for the correlation between the fluctuating motion of the gas and 
solid phase (Eq. (11)) (Simonin, 1990; De Wilde et al., 2002). A solid phase total energy 
equation is not considered, assuming the gas and solid phase temperature to be equal. The 
solid phase equations are not Reynolds averaged, as no reliable solid phase turbulence model 
is available yet. As a result, when meso-scale fluctuations, for example clusters, occur in the 
system, an extremely fine mesh size, both in time and in space, is required for calculations 
with the present model (Agrawal et al., 2001; Zhang and Vanderheyden, 2002). Because of 
the computational load, a mesh size that resolves meso-scale structures cannot be used for the  
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Table 5.1: Conservation equations 
 
Gas phase total mass balance 






∂                    (1) 
Solid phase total mass balance 
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Momentum conservation solid phase 
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Total energy conservation equation gas phase 
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Turbulence equations gas phase 
k-equation 
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ε-equation 
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Transport equation for the kinetic fluctuation energy of the solid phase 
( ) ( ) ( ) ( )Θ−+−+− Θ⋅= Θ⋅+Θ 3:23 12TYUV,3UUYUW ;;;;; <;; <; βγ∂∂ε∂∂κε∂∂ρε∂∂ρε∂∂             (10) 
 
Transport equation gas-solid turbulence correlation 
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Table 5.2: Constitutive equations. 
 
 
Solid phase density                                                                                    Solid phase temperature 
Z [
\ ]_^=ρ     (12)                                                                                         77` a =     (13) 



























    (14)                           ( )[ ] Θ++= d eddd JH3 ρεε121     (15) 
Bulk viscosity solid phase                                             Shear viscosity solid phase 
( )
pi
ρεξ Θ+= fghjik ikk 1
3





























    (17) 
Collisional part of the shear viscosity                            Kinetic part of the shear viscosity 
of the solid phase                                                            of the solid phase 
( )
pi
ρεµ Θ+= opqjrs rsts 1
5
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    (20) 
Collisional part of the conductivity of the                        Kinetic part of the conductivity of the 
kinetic fluctuation energy of the solid phase                    kinetic fluctuation energy of the solid phase 
( )
pi
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22 413     (23) 
Turbulent kinematic viscosity gas phase                           Turbulent viscosity for the covariance  


































ν     (25) 
The inter-phase momentum transfer coefficient β 
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& +=     (28) 
                                                                                      for 1000Re >   :  44.0, =¡¢&     (29) 







=Re     (30) 
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Table 5.3: Experimental and Simulation conditions for the cold-flow facility. 
 
 Experiments Simulations 
 Geldart A: FCC-catalyst 
 
Geldart A: FCC-catalyst 
 
Inlet type           Gas: bottom 
              Solids: one-side (35°) 
 
             Gas: bottom 
                 Solids: one-side (35°) 
 
Sgas inlet                [m
2] 0.002 (φ = 0.05m) 
 
0.008 (φ = 0.1m) 
 
Ssolids inlet             [m
2] 0.005 (φ = 0.08m) 
 
Opening of 0.08 * 0.0196m 
 
¶ ·
X               [m s-1] (0, 0, 5.31) 
fully developed turbulent profile 
(0, 0, 5.31) 
fully developed turbulent profile  
(5% turbulence) 
¸ ¹
Y                [m s-1] (0, -1.4, -0.9) 
35° with riser axis 
(0, -1.4, -0.9) 
35° with riser axis 
Gs in riser[kg m
-2 s-1]  3 (7% valve opening) 
5 (10% valve opening) 
0.5-3 
 





¼ε  0.6 (jet) 
 
0.005-0.03 (uniform)  
 
Gs through solids inlet surface [kg m
-²s 12.9 12.9 






dp                      [µm] 77 (volume averaged) 
 
77 (volume averaged) 
 
¿ À




µg                  [N s m-2] 1.82⋅10-5 
Outlet type Abrupt T 
at 8.175 m height 
Free top outlet 
at 1 m height 
(simulated region between 0 and 1 
m) 
Soutlet                  [m
2] 0.00785 (φ =  0.1m) 0.00785 (φ =  0.1m) 
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used for the 3D 
simulations. 
 
calculation of industrial size risers. Solid phase turbulence models are currently being 
developed to avoid this problem and allow more reliable coarse grid simulations. Calculations 
in this work are limited to dilute conditions for which the impact of cluster formation is 
limited. 
An overview of the constitutive equations is found in Table 5.2. Constitutive equations for the 
solid phase physical properties are derived via the KTGF and adopted from Nieuwland et al. 
(1996). Both a collisional and a kinetic part are incorporated in the expressions for the solid 
phase shear viscosity and the solid phase conductivity (Table 5.2) (Nieuwland et al., 1996). 
Whereas, with decreasing solids volume fraction, the collisional part decreases in importance 
due to a decrease in the number of particle-particle collisions, the kinetic part increases 
considerably due to the increasing mean free path of the particles. Furthermore, with 
decreasing solids volume fraction, particle-wall collisions become essential (Gidaspow, 
1994). The particle-particle collisions are assumed to be fully elastic, i.e. the restitution 
coefficient for particle-particle collisions H is taken 1.0. Several research groups have reported 
extreme sensitivity of the model for the value of the coefficient of restitution for particle-
particle collisions (Pita & Sundaresan, 1991; Nieuwland et al., 1996). Agrawal et al. (2001) 
have related this sensitivity to the use of coarse grids. 
The inter-phase momentum transfer coefficient is modelled as in Gidaspow (1994) (Eqs. (26)-
(30), Table 5.2). 
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At inlets, the values of all variables except the gas phase pressure are imposed, whereas the 
value of the gas phase pressure is extrapolated from the flow field. At outlets, the gas phase 
pressure is imposed and the values of all other variables are extrapolated from the flow field. 
At solid bounding walls, the no-slip condition is applied for the gas phase, whereas slip is 
allowed for the solid phase. The k-ε model used in the bulk gas phase flow (Fox, 1996) is not 
valid in the immediate vicinity of the wall (Schlichting, 1979). Therefore, use is made of wall 
functions based on the well-known logarithmic law (Hinze, 1959). For the gas phase, the 
















τ =       and      ν
τX\\ 1=+       (31) 
 
The grid point neighbouring the solid wall has to be positioned in the full turbulent zone at a 
distance +\  between 30 and 100. The gas phase turbulence variables near the solid wall are 
calculated from: 
 














      
 
No accurate model to account for the presence of solid particles is available yet. 
For the solid phase, the values of the specific shear stress and the flux of granular temperature 
to the wall are calculated as in Sinclair and Jackson (1989). The value of the specific shear 
stress is given by: 
 









































∂µεσ      
 
The flux of pseudothermal energy to the wall is calculated from: 
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−=Θ      
 
In this equation γ   is the dissipation of granular temperature due to inelastic collisions 
between particles and the wall. The last term models generation of pseudothermal energy by 
slip. The dissipation of granular temperature at the solid wall is modeled as (Sinclair and 
Jackson, 1989): 
 




































ρpiεγ       
The particle-wall collisions are inelastic with a particle-wall restitution coefficient H 
  of 0.9 
and a specularity factor φ¶ of 0.5. 
The gas-solid fluctuating motion covariance in the vicinity of the wall is calculated assuming 
a constant velocity gradient for the solid phase near the solid wall. With respect to total 
energy transport, the solid wall is assumed to be a perfect insulator. 
Remark that solid wall boundary conditions are used in grid points neighbouring a solid wall. 
The latter are positioned at a certain distance \ from the actual solid wall and have one of the 
cell interfaces of their control volume coinciding with the solid wall. Flux boundary 
conditions are applied to the solid wall cell interface, whereas the wall functions are applied 
directly to the grid point neighbouring the solid wall. More details on the boundary conditions 





Realistic inlet configurations are difficult to simulate because the introduction of the particles 
in the system is usually abrupt, resulting in steep gradients in the particle concentration 
profiles and in complex flow patterns. According to Cheng et al. (1998) the condition and rate 
of the entering solids affect the riser bottom operation (hold-up, acceleration zone, mixing and 
transfer phenomena) to a large extent.  
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The gas-solid flow model (Table 5.1 and De Wilde et al., 2002), and in particular its 
capability of describing the complex inlet behaviour, is validated with experimental 
measurements in a pilot scale cold-flow riser equipped with a side solids inlet configuration 
(Figure 5.1, bottom) (see paragraph on experimental set-up). The side inlet is not 
perpendicular to the riser but makes a 35° angle with the riser axis. Simulation and 
experimental conditions are summarized in Table 5.3. To limit the calculation times, the 
bottom inlet section of the pilot riser only, i.e. between 0 and 1 m height, is simulated. Such 
an approach is justified by the large distance between the inlet and the outlet and by the 
experimental observation that inlet and outlet effects are quickly dissipated and do not 
influence each other in the small-diameter pilot riser. Furthermore, for the dilute conditions 
investigated, no downflow was observed in the fully developed region of the pilot riser. 
Because only the bottom inlet section of the pilot riser is simulated, a free top outlet is to be 
used as a boundary condition (Table 5.3). 
For the simulations solid particles with a diameter of 77 µm and a density of 1550.0 kg m-3 
are used. The particle size distribution is not considered in the simulation model. The 
restitution coefficient for particle-particle collisions H is taken 1.0. The gas is fed with an 
average superficial velocity of 5.31 m s-1 (in the simulations a fully developed turbulent 
profile is imposed), whereas the solids are fed with a uniform velocity of 1.66 m s-1. In 
accordance with the inlet geometry, the feeding direction for the solids is 35° downwards with 
the vertical axis (Figure 5.1). With a diaphragm valve (23) opening of 7% (Figure 5.1), the 
experimental solids mass flowrate is 0.02356 kg s-1 which corresponds with an inlet solids 
flux of 5 kg m-2 s-1 in the standpipe and a solids flux of 3 kg m-2 s-1 in the riser. It should be 
noted that in the case of dilute fluxes, the solids enter the riser as a solid jet, due to the fact  
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Figure 5.1: Experimental cold-flow set-up with a 90° smooth bend outlet. 
 
that the solids are concentrated in the bottom part rather than distributed over the entire 
standpipe cross section. As a result, the solids fraction in the jet is high compared to the 
simulations, where a uniform distribution of the solids over the entire cross section of the 
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an opening (0.08 m height and arch length 0.0196 m), (inlet geometry simulated see Table 
5.3). This inlet configuration is resulting in an estimated inlet solids flux of 12.9 kg m-2 s-1. 
Both inlet conditions (experiment and simulation) result in an average solids volume fraction 
of 3.6⋅10-4 and a solids flux of 3 kg m-2 s-1 in the riser. The inlet granular temperature for the 
experiments equals 0.5-1 m2 s-2. For the simulations the inlet gas phase turbulence intensity is 
taken 5% and the inlet granular temperature is 1.56 m2 s-2. 
The calculated and measured profiles are presented for two cross sections of the riser: plane 
S2 is a lengthwise cross section through the middle of the inlet (YZ plane), plane S3 is 
perpendicular to plane S2 and faces the solids inlet (XZ plane). For the S2 plane, Figure 5.2 
shows the axial solids velocity profiles and Figure 5.3 the vector plots of the solids velocity 
for the simulations (Figure 5.2a and 5.3a) and for the experiments (Figure 5.2b and Figure 
5.3b). For the S3 plane, Figure 5.4 shows the vector plots of the solids velocity and Figure 5.5 
the corresponding solids volume fractions for the simulations (Figure 5.4a and Figure 5.5a) 
and for the experiments (Figure 5.4b and Figure 5.5b). In addition, the experimental results, 
obtained with a slightly higher solid flux (valve opening of 10% compared with 7% opening 
in the simulated case, Table 5.3), are shown in Figure 5.2c and 5.3c in order to compare the 












































            a. simulation  b. experiment (7% valve opening)         c. experiment (10 % valve opening) 
 
Figure 5.2: Axial solids velocity (vz [m s
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a. simulation         b. experiment (7% valve opening)     c.  experiment (10% valve opening) 
 
Figure 5.3: Solids velocity ( )Y  in the S2 plane (conditions see Table 5.3). 
 
Figures 5.2-5.5 show that near the solids inlet (0.6 m) the gas bypasses the solids. Bypassing 
occurs aside and via the side opposite the solids inlet and results in steep velocity gradients. 
The typical core-annulus flow structure is not detected in the bottom zone. Bypassing of 
solids by the gas results in axial velocity profiles that show off-center maxima, both in the S2 
and S3 plane (Figure 5.3 and 5.4). Remarkably, the experiments show that the inlet effects – 
including the bypassing effects – are dissipated quickly by reflection and the viscous forces. 
About 30 cm downstream of the solids inlet, inlet effects have dissipated completely, as 
clearly seen in the solids volume fraction (Figure 5.5) and velocity profiles (Figures 5.2, 5.3, 
and 4). Radial mixing is very effective in small-diameter risers, due to the large impact of the 
viscous terms. 
 
The simulation results are qualitatively consistent with the experiments (Figures 5.2-5.5). The 







&+$37(5  ñòó  óô







solids by the gas near the solids inlet and the presence of dilute, preferential bypass zones 
aside of the solids inlet as discussed in the previous paragraph. The profiles in plane S2  
(Figures 5.2 and 5.3) also show the experimentally observed bypassing via the side opposite 
the solids inlet. Moreover, the simulations confirm the rapid dissipation of the inlet effects 
downstream in the riser (Figures 5.2-5.5). The calculated height of the developing flow zone 
is about 30 cm, consistent with the experimental observations. 
 
 








a. simulation   b. experiment (7% valve opening) 
 




































a. simulation    b. experiment (7% valve opening) 
 
Figure 5.5: Solids volume fraction ( )Xε  in the S3 plane (conditions see Table 5.3). 
 
A quantitative comparison between experiment and simulation is shown in Figure 5.6. At 0.64 
m height, the simulated axial solids velocities in the S2 plane are in good agreement with the 
experimentally observed values (Figure 5.6a). At higher positions (>1m) the simulated and 
experimentally observed flow patterns become uniform (Figure 5.2, 5.3 and 5.6b). As seen 
from Figure 5.6b, the velocities in the centre are hereby comparable (deviation 0.25m/s), 
while near the wall the simulated values are lower than the experimental observed ones 
(deviation 2.5m/s). This could indicate that the boundary conditions of the gas-solid flow 
model (see paragraph on 0RGHOOLQJ) overpredict the wall shear stress. 
In the S3 plane (Figure 5.6c), the simulated solids velocities in the bypass zones are 
significantly lower as compared to the measurements (about 2m/s) while in the centre zone 
they are similar. The thickness of the bypass zones (about 0.04m) is predicted correctly 
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Figure 5.6: Quantitative comparison between experiment and simulation: (a) Axial solids 
velocity (vz [m s
-1])  in the S2 plane at 0.64m height, (b) Axial solids velocity (vz [m s
-1])  in 
the S2 plane at 1m height (c) Axial solids velocity (vz [m s
-1])  in the S3 plane at 0.64 m 
height (d) Solids volume fraction ( )ε  in the S3 plane in the solid jet at 0.64 m height 
(conditions see Table 5.3). 
 
The simulations overpredict the solids volume fraction in the solids jet by a factor 2-10 
(Figure 5.6d). This can be expected from the general underprediction of the axial solids 
velocity (Figure 5.6c). On the other hand, it is well-known that the LDA measurements 
technique has a limited accuracy with respect to solids concentration measurement: high 
density suspensions as for example solids jets, make the optical path of the laser beams 
unclear or induce a partial blockage of the laser light. Therefore, only a part of the particles 
will be detected and consequently the experimentally observed solids volume fractions are 
probably underestimated. 
It should be noted that, depending on the inlet conditions (i.e. inlet solid velocities, 
concentration, fluxes), the bypassing via the side opposite the solids inlet is more or less 
pronounced. In the case of low solid fluxes (small valve openings), the solids jet penetrates 
only a small part of the riser cross section before it is entrained by the gas. Under those 





conditions, some of the gas bypasses the solid jet via the side opposite of the solid inlet and in 
the inlet section almost all the solids are located at the solid inlet side, while at the opposite 
side a rather dilute phase flow is observed. Figures 5.2b and 5.3b illustrate this behaviour. 
Remarkably, a vortex structure develops just above the solids inlet (0.6 m). The vortex 
contributes to the radial mixing in the riser. Higher solid fluxes (bigger valve opening) result 
in a deeper penetration of the solid jet in the riser, as shown in Figures 5.2c and 5.3c, and the 
bypassing of the gas via the side opposite of the solids inlet disappears. As a result the gas can 
only bypass aside of the solids inlet (see S3 plane). For even higher solid fluxes (valve 
openings bigger than 10%) the solids are blown against the wall opposite to the solids inlet. In 
this case, the preferential bypass zones aside of the solids inlet (see S3 plane) shift towards 
the side of the solids inlet. The experiments with much higher fluxes reveal a maximum 
velocity at the side of the solid inlet, confirming the occurrence of high density zones at the 
wall opposite the solids inlet and confirming that the gas bypasses this zone at higher fluxes.  
Simulations and experimental measurements at more dense conditions are discussed in De 
Wilde et al. (2004), but again, the overall entrainment of the solids is overpredicted. 
Summarizing, the experiments reveal complex inlet effects. Bypassing of solids by the gas is 
observed. In small-diameter risers, however, the inlet effects are quickly dissipated. The gas-





A grid independency study is included, in order to verify whether the obtained CFD results 
are indeed grid independent.  
 
Table 5.4: Grid independency study: calculation time and memory requirements  
(LINUX – Xeon 1.4 GHz) 
 
 [ QRGHV [ QRGHV [ QRGHV
1XPEHURILWHUDWLRQV
IRUFRQYHUJHQFH 5500 29000 29000 
&DOFXODWLRQWLPH
SHULWHUDWLRQ 0.24 s 1.28 s 5.34 s 
2YHUDOOFDOFXODWLRQ
WLPH 0.37 h 10.28 h 43.05 h 











For the grid (in)dependency study, 3 cases were evaluated, summarized in Table 5.4. A 
reference case: 13 planes of 73 nodes, an axial mesh refinement: 69 planes of 73 nodes and 
finally a mesh refinement both axial and in the plane: 69 planes of 177 nodes. The results for 
all 3 cases are shown in Figures 5.7-5.8-5.9-5.10. Realistic inlet configurations are difficult to 
simulate because the introduction of the particles in the system is usually abrupt, resulting in 
steep gradients in the profiles and in complex flow patterns. The grid should be fine enough in 
order to capture these steep gradients. A minimum resolution of 69 planes was required, 
however further refinement does not seem to reveal more details of the flow and only 















































































































































13 x 73 = 949 nodes  69 x 73 = 5037 nodes  69 x 177 = 12213 nodes 
 
Figure 5.7: 3D grid independency study case riser simulations (Table 5.3, Figure 5.1): Solids 
volume fraction profiles in an axial cross section through the side solids inlet and in a 
horizontal cross section at height of the side solids inlet (0.5 m height in the riser). Reference 
case: 13 planes of 73 nodes; axial mesh refinement case: 69 planes of 73 nodes and mesh 
refinement case both axial and in the plane: 69 planes of 177 nodes. 
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                 69 x 177 = 12213 nodes 
 
 
Figure 5.8: 3D grid independency study case riser simulations (Table 5.3, Figure 5.1): Solids 
velocity vector plots in a detail of the cross section through the side solids inlet (interpolated). 
Reference case: 13 planes of 73 nodes; axial mesh refinement case: 69 planes of 73 nodes and 






























































































































































13 x 73 = 949 nodes  69 x 73 = 5037 nodes  69 x 177 = 12213 nodes 
 
Figure 5.9: 3D grid independency study case riser simulations (Table 5.3, Figure 5.1): Axial 
gas phase velocity profiles in an axial cross section through the side solids inlet and in a 
horizontal cross section at height of the side solids inlet (0.5 m height in the riser). Reference 
case: 13 planes of 73 nodes; axial mesh refinement case: 69 planes of 73 nodes and mesh 
refinement case both axial and in the plane: 69 planes of 177 nodes. 

 
Grid refinement also impacts on the inlet boundary conditions imposed. The condition and 
rate of the entering solids affect the riser bottom operation (hold-up, acceleration zone, 
mixing and transfer phenomena) to a large extent. The sensitivity towards the boundary 
conditions will be shown next. 
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13 x 73 = 949 nodes  69 x 73 = 5037 nodes  69 x 177 = 12213 nodes 
 
Figure 5.10: 3D grid independency study case riser simulations (Table 5.3, Figure 5.1): 
Granular temperature profiles in an axial cross section through the side solids inlet and in a 
horizontal cross section at height of the side solids inlet (0.5 m height in the riser). Reference 
case: 13 planes of 73 nodes; axial mesh refinement case: 69 planes of 73 nodes and mesh 




Previous Chapters already showed that the overall sensitivity towards the inlet conditions 
(aerated or non-aerated inlets, inlet solids fraction, inlet solids flux, inlet solids velocity and 
inlet gas velocity, inlet turbulence intensity, etc…) plays an important role in the accurate 3D 
simulation of the solids jet penetration depth, the bypass effects, the dissipation effects and 
the reflection phenomena. A better agreement with the experiments is expected when more 
detailed 3D inlet geometries and more accurate inlet conditions are applied in the simulations. 
In this paragraph the overall sensitivity towards inlet conditions is tested by means 3 case 







studies, additional to the base Case in which the inlet was approximated by an opening (0.08 
m height and arch length 0.0196 m) with an inlet solids velocity perpendicular to the 
boundary equal to 1.6 m/s and an inlet solids volume fraction equal to 0.03 (Table 5.3). In 
Case 1, 2, 3 the inlet is now approximated by a smaller opening (0.0045 m height and arch 
length 0.0045 m) with inlet solids velocity perpendicular to the boundary equal to 1.6, 1.9 , 
3.2 m/s and an inlet solids volume fraction equal to 0.3, 0.5 and 0.6 (packing limit). All 
implemented cases resulted in 3 kg m-2 s-1 solids flux in the riser. Since in the experiments, the 
solids enter the riser as a closely packed solids jet, it is believed that Case 3 approximates 
better the experimental conditions observed before. 3D calculations results are reviewed and 
summarized in Figures 5.11 which shows the simulated solid volume fractions for 150 and 
210 m³h-1 and 3 kg m-2 s-1 solids flux. 


Figure 5.11: Simulated solids volume fraction (-) with FLOW-MER (a) 5.31 m/s – epss = 
0.34 (inlet Case 1), (b) 5.31 m/ - epss = 0.5 (inlet Case 2), (c) 5.31 m/s - 0.64 (inlet Case 3), 
(d) 7.43 m/s – epss = 0.64 (inlet Case 3). 





For Case 3 (solids fraction 0.6), Figure 5.12 shows the simulated bypass zones particularly 
aside the solids jet. 
  
Figure 5.12: Simulated gas velocity (m/s) with FLOW-MER (a) 5.31 m/s – epss = 0.64 (inlet 
Case 3), (b) 7.43 m/s – epss = 0.64 (inlet Case 3). Appearance of bypass zones aside the solid 
inlet jet.  

The feeding boundary conditions of the solids (and possibly imposed by the grid) affect the 
riser bottom operation and gas-solids mixing to a large extent: high solids feeding rates (high 
solids velocity and/or particularly high solids fraction jets) result in more explicit bypass 
zones in the plane facing the inlet and could collapse on the wall at the side opposite the inlet. 
Aerated inlets (lower solids fraction jets) lead to better entrainment, broader bypass zones and 
result in more uniform mixtures that are injected in the riser. In the cases without aeration 
(large solids fractions), the penetration depth of the solids jet and the solids overall 
entrainment is depending strongly on the inlet conditions that are imposed. The correct 
calculation of the drag of the solids jet and the overall sensitivity towards the inlet conditions 
(inlet solids volume fraction, solids inlet velocity imposed) and the implemented inlet 
geometry is shown to be of crucial importance for the accurate simulation of the solids jet 
penetration depth.  
 
Remark: One of the advantages of commercial packages (Fluent, CFX, …) is their flexibility 
to implement more detailed 3D geometries. The effect of taking into account the full 







geometry of the 35° inclined inlet geometry (by implementing a part of the return loop as 
well) and setting the experimental inlet conditions not near the riser injection point but near 
the diaphragm valve - where the inlet conditions are known better - could overcome the 
problem of determining the exact inlet conditions and its sensitivity towards riser simulations. 
In such a way, the flexibility of FLUENT allows taking into account the whole inlet geometry 
(0.08m diameter standpipe) and so the inlet conditions in the riser are then calculated, while 




The inlet configuration has an important impact on the flow pattern in risers, in particular with 
respect to the radial mixing of gas and solids. 
Experimental and simulation results of the inlet zone of a dilute pilot cold-flow riser with a 
side solids inlet show that bypassing of solids by the gas occurs but that the bypassing effects 
are dissipated quickly. The latter is due to the viscous terms which are important in small-
diameter risers. Good agreement between experimental and simulated profiles is found. 
There can be complex interactions between inlet and outlet effects. These effects can oppose 
each other or cooperate and the resulting behaviour of the riser is not straightforward. This 
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The performance of risers can be strongly influenced by hydrodynamic effects, in particular 
inlet and outlet effects. The effects of outlet configurations on the flow pattern in risers have 
been investigated by some research groups and limited experimental data are available for 
rectangular and cylindrical shaped risers. Reviews by Horio (1997), Werther and Hirschberg 
(1997) and Lim et al. (1995) concluded that the riser exit can affect the density profile over a 
significant length in the upper region of a riser. The majority of these and other studies focus 
on local flux, pressure drop and concentration measurements. A clear distinction between 
abrupt (blinded T) and smooth (bends) outlet geometries is made. Reflux phenomena 
induced by abrupt outlets have been reported (Zheng et al., 1995), (van der Meer et al., 
1997- 2000).  
Zheng et al. (1995) compared three types of outlet configurations (L-type, abrupt T and 
smooth outlet with 45° plate) in a 0.12m diameter riser, 5.25m high, measuring local mass 
fluxes with an extraction probe. An increase of the bulk density in the vicinity of the outlet 
opening, especially in abrupt T-outlets with non-zero extension height and internal 
recirculation phenomena were reported.  
Van de Meer et al. (2000) quantified the internal circulation of solids induced by 7 different 
outlet configurations (short, medium and long radius bend exit, zero extension, short and 
long extension blind T, bend/right angle exit) by introducing a reflux ratio km. In smooth 
bends, the internal recirculation grows with increasing radius and can become more intense 
than in the case of abrupt T-outlets. Van der Meer et al., 1997-2000 confirms the 
observations by Zheng et al. (1995) that internal recirculation increases with increasing 
extension heights.  
Harris et al. (2003) continued the work of van der Meer et al. (2000). Three outlet 
configurations (short radius bend, zero extension height and bend/right angle exit) were 
investigated. Concentration measurements (pressure drops) showed a C-shaped profile for a 
bend/right angle exit. Harris et al. (2003) also suggested a mathematical equation to quantify 
the distance from the riser top where pressure profiles from smooth and abrupt exits 
coincide.   
Lackermeier and Werther (2002) performed measurements in a rectangular riser with L or 
T-outlet (0.5m extension) using sand. The L-outlet gave higher external recirculation rates 
for a given gas velocity and fixed inventory. For a fixed solids flux and gas velocity, the T-
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outlet resulted in lower pressure drops and lower hold-ups which is contradictory with the 
conclusions of Zheng et al. (1995). However, according to the former authors, the accuracy 
of the flux measurement was only 10%. Next to flux measurements, Lackermeier and 
Werther (2002) also performed detailed velocity measurements (see hereafter). 
Johnsson et al. (1999) verified the influence of the outlet geometry towards the flow pattern 
in a 1/9 scaled model of a 12MW CFB-boiler. Except with zero extension height, no 
significant changes were detected when outlets with different extension heights were used. 
Reducing the outlet surface was observed to avoid sedimentation (saltation) in the riser-
cyclone connector. Sedimentation in the connector can induce reflux into the riser (Harris et 
al., 2003 and Glicksman, 1993). Glicksman (1993) found that local aeration in the connector 
could significantly reduce reflux into the riser.   
Yan et al. (2003) verified the flow field disturbances introduced by a smooth outlet under 
high flux conditions (550 kg/m2/s) and compared the results with experiments at lower flux 
conditions 100 kg/m2/s and additionally compared with data obtained by Senior (1992). 
Remarkably, it was shown that a “smooth” outlet behaves like an “abrupt” outlet under high 
flux conditions.  
Bai et al. (1992) performed measurements using a smooth outlet with 45° plate and an 
abrupt T-outlet with short extension. A C-shaped concentration profile was detected in the 
case of the short extension T-outlet. Moreover, they found that the distance over which the 
effect of a given type of outlet configuration was felt, did not depend on the riser height. 
Dilute industrial scale riser simulations (De Wilde et al., 2004) show that inlet and outlet 
effects are not independent, but interact. Inlet and outlet effects can oppose each other or 
cooperate, resulting in complex riser behaviour.  
Zheng and Zhang (1993) performed measurements in a 0.12m diameter riser (with L-type, 
abrupt T (0.45m extension) and smooth 45° plate outlet. For both abrupt types a C-shaped 
concentration profile was detected, while for the smooth exit no particular increase in solids 
concentration was seen in the vicinity of the outlet. Moreover, it was concluded that the size 
of the outlet opening influences the hydrodynamics to a large extent. For the smooth outlet 
with 45° plate a smaller opening increased the bulk density along the whole riser length with 
a sharp increase near the riser top. For the abrupt T-outlet with 0.45m extension the 
influence was even more pronounced. Brereton and Grace (1993) also reported C-shaped 
concentration profiles for high restrictive abrupt outlets and L-shaped concentration profiles 
for smooth non-restrictive outlets. Lim et al. (1995), Jin et al. (1988, 1997), Cheng et al. 
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(1998) and Gupta and Berruti (2000) confirmed the C-shaped concentration profiles for 
restrictive outlets and related the size of the zone of influence to the overall restrictiveness of 
the outlet.   
Pugsley et al. (1997) performed pressure drop measurements in risers of different diameters 
and heights, with two kinds of particles (sand and FCC) using two types of outlet 
configurations (90° bend and a 0.1m extension T-outlet configuration) and at various 
operating conditions. The influence of the exit geometry varied from the whole riser height 
to the vicinity of the outlet only. With increasing flux and/or lower gas velocity the effects 
stretched towards the bottom of the riser for the large diameter riser.  
These findings of Pugsley et al. (1997) are in agreement with observations by De Wilde et al. 
(2004) showing that in a dilute large diameter (industrial scale) riser (1.56m diameter, 14.4m 
high) inlet and outlet effects are interacting and influence the flow pattern in the entire riser. 
In a small scale unit (the same as used in this work) however, the effects of the inlet and 
outlet configuration were found to be independent and quickly dissipating. The latter is due 
to the increased impact of the viscous forces in small diameter risers.  
Finally, it can be questioned whether outlet effects can be considered as a scaling-effect 
(Johnsson et al. (1999), Pugsley et al. (1997)). Many research teams state that outlet effects 
are only detected in small scale set-ups and neither in large scale units nor industrial scale 
units (Johnsson et al. (1999) (1/9 scale model of 12 MW Chalmers boiler), Leretaille et al. 
(1999) (600MW boiler in Gardanne)). An opposite example is the work of Martin et al. 
(1992) where in a circular industrial FCC size riser (0.95m diameter, 26m high) with a T-
outlet operated at 325 kg/m2/s flux, outlet effects (i.e. C-shaped concentration profiles) were 
detected by means of radioactive tracer experiments.  
Using CFD, De Wilde et al. (2003b), demonstrated in a simulation of a dilute industrial 
scale large diameter riser with extended T-outlet how restrictive outlet configurations can 
influence the flow pattern in the entire riser, inducing vortex formation in the extension part 
of the abrupt T-outlet. For non-restrictive outlets the outlet effects are limited to the vicinity 
of the outlet, but the vortex formation in the extension persists. 
However, the simulation results cannot be validated based on industrial data. In the 
presented work simulation results can be validated based on experimental data obtained in a 
pilot set-up. 
The impact of outlet configurations on the velocity profiles (mean and fluctuating) is much 
less documented in the literature (Yan et al., 2003). Lackermeier and Werther (2002) 
performed detailed velocity measurements by using a high-speed video camera and fiber 
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optical probe in a rectangular riser using sand. Reflux in the plane perpendicular to the outlet 
opening and asymmetrical velocity profiles were measured with an L-outlet and a T-outlet 
with 0.5m extension.  
Only few studies on outlet effects compare experimental and numerical results. Using CFD, 
De Wilde et al. (2003b) demonstrated in a simulation for a dilute industrial scale large 
diameter riser (SNAP) with extended T-outlet how restrictive outlet configurations can 
influence the flow pattern in the entire riser, inducing vortex formation in the extension part 
of an abrupt T-outlet. For non-restrictive outlets the outlet effects are limited to the vicinity 
of the outlet, but the vortex formation in the extension persists. So far, vortex formation has 
not been reported in any of the experimental and numerical studies on outlet effects. 
The present work aims to investigate outlet effects, in particular vortex formation, induced 
by abrupt T- and L-outlet configurations. Experiments are carried out in a cold-flow 
circulating fluidized bed riser (0.1m diameter, 8.765m high). The mean and fluctuating 
particle velocities are measured using 3D LDA. The gas-solid flow model presented by De 
Wilde et al. (2000) and in particular its capability of describing the complex outlet behaviour 
of T- and L- abrupt outlets is validated with experimental data of the cold-flow riser.  
The 3D Laser Doppler Anemometer (LDA) measurement technique used in the present 
work is limited to dilute gas-solid flow, as at solid volume fractions above 0.005 the data 
rate decreases considerably. Furthermore, measurements and calculations are limited to 
dilute gas-solid flow (3 kg/m2/s), as for example encountered in the SO2-NOx Adsorption 
Process (SNAP) (Das et al., 2004). With the computationally affordable meshes, the 
currently available Eulerian-Eulerian gas-solid flow models need to be adapted for denser 
gas-solid flow conditions to account for the presence of meso-scale structures, which are not 
explicitly calculated in the current models (Agrawal et al., 2001; Zhang and VanderHeyden, 
2002, Heynderickx et al., 2004).  
In the current study, formation of meso-scale structures, like clusters, is very unlikely due to 
the diluted nature of the flow. Cluster formation has not been visually observed during the 
experiments either. A grid dependency and grid aspect ratio study has been performed in 











An in-house code, FLOW-MER, has been developed, replacing commercially available 
codes. The latter can only consider a limited number of reactive components and reactions, 
while the long-term objective of the research is to combine the flow model with the Single 
Event MicroKinetic (SEMK) (Quitana-Solórzano et al., 2005) model for Fluidized bed 
Catalytic Cracking (FCC). 
The Eulerian-Eulerian approach is taken. Table 6.1 summarizes the transport equations for 
both phases. For the gas phase the mass, momentum and total energy conservation equations 
are Reynolds averaged. The effects of turbulence are taken into account via a k-  model, 
adapted for gas-solid interactions. For the solid phase, the transport equations for mass, 
momentum and granular temperature are obtained via the kinetic theory of granular flow 
(KTGF) (Gidaspow, 1994; Nieuwland et al., 1996). A solid phase total energy equation is 
not considered, because the gas and solid phase temperature are assumed to be equal. The 
solid phase equations are not Reynolds averaged, as no reliable solid phase turbulence 
model is available yet. As a result, when meso-scale fluctuations, for example clusters, occur 
in the system, an extremely fine mesh size, both in time and in space, is required to calculate 
these clusters with the present model (Agrawal et al., 2001; Zhang and Vanderheyden, 
2002). Because of the computational load involved, a mesh size that resolves meso-scale 
structures cannot be used for the calculation of industrial size risers. Solid phase subgrid 
scale turbulence models are currently being developed to avoid this problem and allow more  
 
Table 6.1: Conservation equations. 
Gas phase total mass balance 
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Solid phase total mass balance 
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Momentum conservation solid phase 
( ) ( ) ( ) ( ) JYXVU3UYYUYW / 0///// 0// 0/ ρεβε∂∂∂∂ρε∂∂ρε∂∂ +−+⋅−−=⋅+             (5) 
&+$37(5  123145


































2             (6) 
Total energy conservation equation gas phase 
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ε-equation 
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Transport equation for the kinetic fluctuation energy of the solid phase 


















 Θ⋅+Θ YUV,3UUYUW NNNNN ONN ON :2
3            (10) 
             
 
reliable coarse grid simulations. Calculations in this work are limited to dilute conditions for 
which the impact of cluster formation is limited. 
An overview of the constitutive equations can be found in De Wilde et al. (2005a). 
Constitutive equations for the solid phase physical properties are derived via the KTGF. 
Both a collisional and a kinetic part are incorporated in the expressions for the solid phase 
shear viscosity and the solid phase conductivity (Nieuwland et al., 1996). Whereas, with 
decreasing solids volume fraction, the collisional part decreases in importance due to a 
decrease in the number of particle-particle collisions, the kinetic part increases considerably 
due to the increasing mean free path of the particles. In the present work, the particle-
particle collisions are assumed to be fully elastic, i.e. the restitution coefficient for particle-
particle collisions H is taken to be 1.0. Considering the dilute nature of the flow this is a 
perfectly acceptable assumption. Lowering the particle-particle collision coefficient will 
hardly influence the simulation results. The inter-phase momentum transfer coefficient is 
modeled as in Gidaspow (1994). 
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At the inlets, the values of all variables except the gas phase pressure are imposed (whereas 
the value of the gas phase pressure is extrapolated from the flow field). At the outlets, the 
gas phase pressure is imposed (and the values of all other variables are extrapolated from the 
flow field). 
At solid bounding walls, the no-slip condition is applied for both phases. Simulations have 
been performed in which a slip boundary condition for the solid phase near the wall is 
applied. As the results obtained under the no-slip boundary condition correspond best to the 
experimental data, only the latter results are presented here. Results obtained under free-slip 
condition and comparison between the results for slip/no-slip boundary conditions can be 
found in Appendix D.  
The k-ε model used in the bulk gas phase flow (Fox, 1996) is not valid in the immediate 
vicinity of the wall (Schlichting, 1979). Therefore, use is made of wall functions based on 
the well-known logarithmic law (Hinze, 1959).  
With decreasing solids volume fraction, particle-wall collisions become essential 
(Gidaspow, 1994). The particle-particle collisions are assumed to be fully elastic, i.e. the 
restitution coefficient for particle-particle collisions H is taken 1.0. For the solid phase, the 
values of the specific shear stress and the flux of granular temperature to the wall are 
calculated as in Sinclair and Jackson (1989). The particle-wall collisions are inelastic with a 
particle-wall restitution coefficient H a  of 0.9 and a specularity factor φ¶ of 0.5 (Benyahia et 
al., 2007). More details on the models and the boundary conditions are found in De Wilde et 
al. (2002). 
A simultaneous solution algorithm, also called density based method, is used (De Wilde et 
al., 2002) for the integration of the gas-solid flow model equations (Table 6.1). The 
integration algorithm is based on a combination of dual-time stepping with a 4th order 
Runge-Kutta scheme. Local preconditioning is used as an acceleration technique (Weiss and 
Smith, 1995; De Wilde et al., 2002, De Wilde et al., 2005b). The discretization of the 
inviscid fluxes makes use of an extension of the advection upstream splitting method 
(AUSM) (Liou and Steffen, 1993; Liou and Edwards, 1999) to multi-phase flows (MP-
AUSMP) (De Wilde et al., 2002; De Wilde et al., 2005b). For the source terms, a fully 
implicit treatment is applied. All simulation results in the present work are obtained from 
steady state calculations.  
An extensive comparison of steady state versus unsteady state simulations has been made by 
Benyahia et al., (2007). The results of that study have been accounted for in the presented 
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work. More details on the integration algorithm and its characteristics are found in De Wilde 
et al. (2002) and De Wilde et al. (2005b). 
A number of grid cells of the order of 20,000 has been chosen. One iteration on a Xeon 
processor having 1.4 GHz and 1 GB RAM on a Linux operating system 9.0 takes about 4 
min. The total amount of CPU time required to reach a statistically stationary solution is of 
the order of 120 days on a single processor. The residuals then drop by three orders of 




Figure 6.1 shows a schematic view of the experimental cold-flow riser. The set-up consists 
of a 8.765 m high pyrex glass cylindrical riser (1 to 5), inner diameter φ=0.1 m, a 4 m high 
fluidized bed (11,13), φ=0.3 m, and a 2 m long aerated standpipe (8, 9), φ=0.08 m. The set-

































Figure 6.1: Schematic representation of the cold-flow riser set-up with a 90° T-outlet (0.34m 
extension height) for hydrodynamic research of gas solids flow in risers at the LCT 
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In order to measure the total solids mass flow in the riser, the recirculation loop includes a 
quick closing valve (27). The solids flux is mechanically controlled by means of a 
diaphragm valve (23). The solids (FCCU-E catalyst (Engelhard corp.), mean volume 
averaged diameter 77 µm, solids density 1550 kg/m3, particle size distribution in De Wilde 
et al. (2005a)), are injected by means of an asymmetric Y-shaped side inlet (22), inclined 
35° with the vertical Z-axis in the YZ plane. The solids inlet (φ=0.08 m) is located 0.5 m 
above the gas inlet and is positioned in the YZ plane 51° counter-clock-wise of the outlet, 
near the right side wall at R= 0.05 m (Figure 6.1).  
A 3D Laser Doppler Anemometer (LDA) is used for measuring the local mean and 
fluctuating particle velocities in 3D. The Laser system is a compact 3D FiberFlow system 
from DANTEC (60 mm probes, 4 W Ar-laser source) and is operated in backscatter mode. 
The LDA measurement technique however has its limitations: in a region of high solids 
volume fractions (higher than 0.5% by volume), light scattering from particles outside the 
measuring volume and blockage of the laser light become significant and result in unreliable 




Figure 6.2: Side view of the outlet zone of the riser, (a) plate and obstacle used for outlet 










The effects of the outlet configuration on the flow was investigated experimentally, 
using five different outlet geometries of the abrupt T-type (Figures 6.2-6.3), namely (a) a 
0.34m extension (0.1m diameter) T-outlet (Figure 6.2), (b) a 0.13m extension (0.1m 
diameter) T-outlet, (c) a 0m extension (0.1m diameter) L-outlet, (d) a 0.13m extension 
(0.07m diameter) T-outlet and (e) 0.13m extension (0.05m diameter) T-outlet. All the 
geometries can be easily switched from one to another by means of the compensator (20), 
see Figure 6.1 (T-outlet in (6)). The outlet surface area for the first three configurations 
equals the entire cross section of the riser (0.00785 m2). For the last two configurations the 
surface area is reduced with a factor of 2 and 4 respectively. 
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  
Figure 6.3 T-outlet configurations:  Reduction of the extension height 
     (a) 0.34m extension (round top)  
     (b) 0.13m extension (flat top)  
(c) 0m extension (L-outlet, flat top)  
      Reduction of the connector outlet opening (0.13m)  
     (d) 0.13+m extension (Dout=0.07m)  
     (e) 0.13++m extension (Dout=0.05m)  
 
The operating conditions of the cold-flow installation are summarized in Table 6.2.  
The experimental data are obtained at 9 different heights (vertical (Z) axis) respectively at 
8.4m, 8.425m, 8.45m, 8.475m, 8.5m, 8.525m, 8.55m, 8.575m and 8.6m above the gas inlet 
(Figure 6.1). At each position a horizontal coincidence LDA-scan at 20 radial positions is 
performed. The measured profiles are presented for two cross sections of the riser: the YZ 
plane is a lengthwise cross section through the middle of the outlet, (side outlet positioned 
between 8.45m and 8.55m); the XZ+2.5 plane is perpendicular to the YZ plane and faces the 
solids outlet. The XZ+2.5 plane is positioned 0.025m from the centre (0.075m distance from 
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the outlet opening). Near the fuse of the horizontal connector with the riser, the laser beams 
get reflected and this results in a considerable drop of the data-rate. Consequently, some 
measuring points are left blank in the vector plots or made invisible in the contour plots.   
Axial (Z) and radial (Y) mean and fluctuating root-mean-square (RMS) particle 
velocities along the Y-axis (wall to wall through the centerline of the riser in the plane of the 
outlet YZ) and axial (Z) and radial (X) mean and fluctuating RMS particle velocities along 
the X-axis (wall to wall in the plane facing the outlet XZ at 0.075m from the outlet opening) 
are measured at medium air velocities (2.65, 3.18, 4.24, 5.31, 6.37 and 7.43m/s). Statistical 
properties are calculated by taking into account 2000 validated (coincident) signals in each 
measuring point (+/- 10s measuring time).  
 
Table 6.2: Experimental and Simulation Conditions for the cold-flow facility 
 
 Experiments Simulations 
  FCCU-E catalyst 
 
 FCCU-E catalyst 
 
Inlet type           Gas: bottom 
              Solids: one-side (35°) 
 
             Gas: bottom 
                 Solids: uniform bottom 
 
Sgas inlet                [m
2] 0.002 (φ = 0.05m) 
 
0.008 (φ = 0.1m) 
 
Ssolids inlet             [m
2] 0.005 (φ = 0.08m) 
 
0.008 (φ = 0.1m) 
 
b c
d               [m/s] (0, 0, 2.65-7.43) 
fully developed turbulent profile 
(0, 0, 2.65-7.43) 
fully developed turbulent profile  
(5% turbulence) 
e f
g                [m/s] (0, 0, 2.4-7.18) 
 
(0, 0, 2.4-7.18) 
 
Gs in riser [kg /m
2/s1]  3 (7% valve opening) 3 
 





jε  0.005 (uniform)  
 
0.005 (uniform)  
 




dp                      [µm] 77 (volume averaged) 
 
77 (volume averaged) 
 
m n
Θ                 [m2/s2]  1.56 
 
µg                  [N s / m2] 1.82⋅10-5 
Outlet type Abrupt T (see Figure 3) 
at 8.765 m height 
 
Blinded T  
  (0.34m extension height) 
  (0.13m extension height) 
  (0m extension height)  
  (φ =  0.1m) or (φ =  0.05m) 
 
Abrupt T  
at 0.765 m height 
(simulated region between 0 and 1 m) 
 
Blinded T  
  (0.34m extension height) 
  (0.13m extension height) 
  (0m extension height) 
  (φ =  0.1m) or (φ =  0.05m) 
 
Soutlet                  [m
2] 0.008 (φ =  0.1m) or 
            0.002(φ =  0.05m) 
 
0.008 (φ =  0.1m) or 











6.4.1.1. General behaviour and influence of the gas flow rate  
 
General results and trends obtained with the T-outlet configuration (0.13m extension height) 
and gas flow rates of 70 m3/h (core-annulus regime) and 210 m3/h (pneumatic conveying 




Axial (Z) and radial (Y) mean particle velocities along the Y-axis in the YZ plane are 
qualitatively shown in Figure 6.5 for the lowest gas flow rate 70 m3/h (Figure 6.5 (a)) and 
the highest flow rate 210 m3/h (Figure 6.5 (e)). Although particles are measured, information 
on the gas phase motion can be extracted from experimental results. Gas phase and solid 
phase motion are strongly related. In the immediate vicinity of the outlet, the gas stream 
makes a sharp turn into the 90° inclined connector. As seen from Figure 6.5 (a) and (e), 
inertia causes a part of the flow to bypass the outlet and to move into the extension part of 
the riser exit. Multiple reflections due to interaction (collisions) with the solid boundaries of 
the riser result in internal recirculation at the side opposite of the outlet opening. A macro-
scale vortex is induced by the T-outlet configuration. The vortex has a 3D nature, but mainly 
recirculates the flow along the wall opposite the outlet, down to about 0.1m below the outlet. 
Due to gas-solid interaction, viscous forces and shear, the refluxing particle stream near the 
wall opposite the outlet opening mixes with the inner upward flowing gas-particle stream 
and is “guided” towards the outlet opening. Visual observations and the measured data rate 
indicate an increased solids hold-up in the extension part of the riser. 
Axial (Z) and radial (X) mean particle velocities along the X-axis in the XZ+2.5 plane are 
shown in Figure 6.8 for the lowest gas flow rate 70 m3/h (Figure 6.8 (a)) and the highest 
flow rate 210 m3/h (Figure 6.8 (e)). Some asymmetries are present and are introduced by 
small deviations in the traversing system of the LDA-probes. It might, on the other hand, 
also indicate the need for longer measuring times (> 10s) in order to average out important 
transient effects. Reflux in the extension, as a part of the vortex structure, aside and opposite 
the riser outlet to about half-way the outlet opening is detected. Recirculation aside of the 
outlet has also been detected by Bai et al. (1992) and Lackermeier and Werther (2002) in 
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Figure 6.5:Time averaged particle velocities (m/s) in the YZ-plane (i) 70 m³/h gas flow rate 
(a): 0.13m extension with 0.1m diameter opening (b) 0.34m extension (c) 0m extension (L-
outlet) (d) 0.13m extension with 0.05m diameter opening (ii) 210 m³/h gas flow rate, (e) 
0.13m extension with 0.1m diameter opening (f) 0.34m extension (g) 0m extension (h) 
0.13m extension with 0.05m diameter opening (solids flux 3 kg/m²/s).  
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Figure 6.6:Time averaged axial (Z) RMS fluctuating particle velocities (m/s) in the YZ-
plane (i) 70 m³/h gas flow rate (a): 0.13m extension with 0.1m diameter opening (b) 0.34m 
extension (c) 0m extension (L-outlet) (d) 0.13m extension with 0.05m diameter opening (ii) 
210 m³/h gas flow rate, (e) 0.13m extension with 0.1m diameter opening (f) 0.34m extension 
(g) 0m extension (h) 0.13m extension with 0.05m diameter opening (solids flux 3 kg/m²/s). 
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Figure 6.7:Time averaged radial (Y) RMS fluctuating particle velocities (m/s) in the YZ-
plane (i) 70 m3/h (a): 0.13m extension with 0.1m diameter opening (b) 0.34m extension (c) 
0m extension (L-outlet) (d) 0.13m extension with 0.05m diameter opening (ii) 210 m³/h gas 
flow rate, (e) 0.13m extension with 0.1m diameter opening (f) 0.34m extension (g) 0m 
extension (h) 0.13m extension with 0.05m diameter opening (solids flux 3 kg/m²/s). 
 





The formation of a single 3D vortex is not reported by Bai et al. (1992) and Lackermeier et 
al. (2002). Moreover, to our knowledge, this is the first time that macro-scale vortex 
formation in abrupt T-outlets is extensively quantified and mapped by using experimental 
LDA data. De Wilde et al. (2005a) recently simulated combined in- and outlet effects in a 
dilute industrial scale riser (2.6 kg/m2/s) with a T-outlet and calculated 3D vortex formation 
in the extension part of the riser exit.      
Axial (Z) and radial (Y) RMS fluctuating particle velocities along the Y-axis in the YZ 
plane are shown in contour plots in Figure 6.6 and Figure 6.7 for the lowest gas flow rate 70 
m3/h in (a) and the highest flow rate 210 m3/h in (e) for the base case. In general, the axial 
(Z) and radial (Y) fluctuating velocities in the YZ plane increase with increasing gradients in 
the mean axial (Z) and radial (Y) velocities (Figure 6.5 (a) and (e)). Axial (Z) fluctuating 
velocities (Figure 6.6 (a) and (e)) are damped in the immediate vicinity of the exit top. 
Hence, a maximum in the axial velocity fluctuations is observed in front of the outlet 
opening in the region where upflow and downflow, induced by the macro-scale vortex, 
encounter. In the extension part above the outlet, the axial (Z) fluctuating particle velocities 
are less pronounced as a result of the reduced gas flow rate downstream of the outlet, but in 
the upward moving part of the vortex they are still high compared with axial (Z) fluctuating 
velocities measured in the fully developed zone. In the downward moving part of the vortex, 
the axial (Z) fluctuating particle velocities are minimal.  
Radial (Y) velocity fluctuations (Figure 6.7 (a) and (e)) are very clearly damped near the 
riser side wall. The maximum in radial (Y) velocity fluctuations is located in the extension 
near the inertial zone, where the flow that has bypassed the outlet decelerates. At the outlet 
opening, the radial (Y) velocity fluctuations are still high but less pronounced compared to 
the values in the extension part. The values significantly drop further upstream in the fully 
developed zone.  
A clear anisotropy between the axial (Z) and radial (Y) fluctuating particle velocities, by a 
factor of 2-3 is observed (Figure 6.7 (a), (e) versus Figure 6.8 (a), (e)), the axial fluctuations 
being more pronounced (3.5 m/s versus 1.25 m/s). A return to isotropy is detected in the 
















can be derived from Figures 6.6 and 6.7. In the fully developed zone turbulence intensities 
vary from 10-25% in the centre to 30-50% near the wall for the high velocity case (7.43m/s, 
pneumatic conveying regime) and from 25-30% in the centre to 50-100% near the wall for 
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the low velocity case (2.65 m/s, core-annulus regime). Entering the extension, turbulence 
intensities increase gradually from 50-75% to values > 100% in the region where upflow 
and downflow, induced by the macro-scale vortex, encounter. 
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Figure 6.8:Time averaged particle velocities (m/s) in the XZ+2.5-plane (XZ centre plane for 
L-outlet) (i) 70 m3/h (a): 0.13m extension with 0.1m diameter opening (b) 0.34m extension 
(c) 0m extension (L-outlet) (d) 0.13m extension with 0.05m diameter opening (ii) 210 m³/h 
gas flow rate, (e) 0.13m extension with 0.1m diameter opening (f) 0.34m extension (g) 0m 
extension (h) 0.13m extension with 0.05m diameter opening (solids flux 3 kg/m²/s). 
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Figure 6.9: Time averaged axial (Z) RMS fluctuating particle velocities (m/s) in the XZ+2.5-
plane (XZ centre plane for L-outlet) (i) 70 m3/h (a): 0.13m extension with 0.1m diameter 
opening (b) 0.34m extension (c) 0m extension (L-outlet) (d) 0.13m extension with 0.05m 
diameter opening (ii) 210 m³/h gas flow rate, (e) 0.13m extension with 0.1m diameter 
opening (f) 0.34m extension (g) 0m extension (h) 0.13m extension with 0.05m diameter 
opening (solids flux 3 kg/m²/s). 
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Figure 6.10: Time averaged radial (X) RMS fluctuating particle velocities (m/s) in the 
XZ+2.5-plane (XZ centre plane for L-outlet) (i) 70 m3/h (a): 0.13m extension with 0.1m 
diameter opening (b) 0.34m extension (c) 0m extension (L-outlet) (d) 0.13m extension with 
0.05m diameter opening (ii) 210 m³/h gas flow rate, (e) 0.13m extension with 0.1m diameter 
opening (f) 0.34m extension (g) 0m extension (h) 0.13m extension with 0.05m diameter 
opening (solids flux 3 kg/m²/s). 
 
 





Axial (Z) and Radial (X) RMS fluctuating particle velocities along the X-axis in the XZ+2.5 
plane are shown in Figure 6.9 and Figure 6.10 for the lowest gas flow rate 70 m3/h in (a) and 
the highest flow rate 210 m3/h in (e) for the base case. As for the YZ plane, the axial (Z) and 
radial (Y) fluctuating velocities in the XZ+2.5 plane increase with increasing gradients in the 
mean axial (Z) and radial (X) velocities. A maximum in axial (Z) fluctuations is located in 
front of the outlet opening where upflow and downflow meet. In the extension part above 
the outlet in the XZ+2.5 plane (overall downward directed flow), the axial (Z) fluctuating 
particle velocities are very low and drop to much lower values compared to measurements in 
the fully developed zone at 8.4 m height (Figure 6.7 (a) and (e)). These findings are in 
agreement with the local minima of axial (Z) fluctuations that were detected in the refluxing 
part of the vortex in the YZ plane (Figure 6.9 (a) and (e)). Radial (X) velocity fluctuation 
gradually increase from 8.4 m to 8.6 m with a maximum in the extension zone (Figure 6.10 
(a) and (e)). The appearance of high radial (X) velocity fluctuations confirms the 3D nature 
of the vortex in the YZ plane. In fact, the refluxing part of the vortex is instantaneously 
moving in space and shifting between the left hand side and the right hand side (-0.025m to 
0.025m), corresponding with a traveling mode of the vortex of about 20° around the YZ 
plane.  
Corresponding turbulence intensities can be derived from Figures 6.9 and 6.10. In the fully 
developed zone turbulence intensities vary from 10-15% in the centre to values >100% near 
the wall for the high velocity case (7.43m/s, pneumatic conveying regime) and from 20-25 
in the centre to >100% near the wall for the low velocity case (2.65 m/s, core-annulus 
regime). Entering the extension (in the turning back region), turbulence intensities reach 





Figure 6.5 comparing (a) and (d) and Figure 6.11 show the influence of the gas flow rate on 
the outlet effects induced by an abrupt T-outlet. Figure 6.5 obviously teaches that increasing 
the gas flow rate results in increasing mean axial (Z) and radial (Y) particle velocities in the 
YZ plane. Moreover, increasing the gas flow rate increases the vorticity magnitude of the 
macro-scale vortex located in the extension zone. This is illustrated in Figure 6.11, showing 
a quantitative comparison of the time averaged axial (Z) particle velocities taken along the 
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Y-axis at +/- 8.55m height (centre of the vortex) for the different gas velocities measured. 
The vorticity is a measure of the rotation of a fluid element as it moves in the flow field, and 
is defined as the curl of the velocity vector ( Y×∇ ). The vorticity magnitude is the 




Figure 6.11:Time averaged mean particle velocities (m/s) in the YZ-plane for the 0.13m 
extension abrupt T-outlet (0.1m diameter opening): quantitative comparison of rotation 
intensity at 8.55m height for gas velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s (solids 
flux 3 kg/m²/s).
 
The axial (Z) and radial (Y) position of the vortex and the riser height to which reflux is 
detected in the YZ plane do not seem influenced by the gas flow rate. It should however be 
remarked that the high gas velocities result in much more asymmetric profiles more 
upstream the riser (near the fully developed zone) implying that the size (width (Y)) of the 
refluxing particle stream opposite the riser outlet (in YZ) has augmented in the case of high 
gas velocities. Under dilute phase conditions and for small diameter risers, viscous forces 
due to the contact with the upward main flow are sufficiently important to resist the induced 
reflux. The latter effect balances with the former effect, resulting in almost no effect of the 
gas flow rate to the riser height to which reflux is detected. Higher gas velocities also imply 
a narrowing effect of the 3D vortex to a 2D vortex. While the 3D vortex at lower gas 
velocities seems to be stable, the 2D vortex detected at higher gas velocities starts to 
oscillate and induces a travelling mode of the 2D vortex’ plane around the YZ-plane (see 
hereafter).   





Comparing (a) and (e) in Figure 6.6 and Figure 6.7 shows that increasing the gas flow rate 
results in an increase of the axial (Z) and the radial (Y) RMS fluctuating velocities in the YZ 
plane. This is related to an increase of the gradients in the mean axial (Z) and radial (Y) 
velocities (Figure 6.5 (a) and (e)). The anisotropy of the velocity fluctuations (Figure 6.6 (a), 
(e) and Figure 6.7 (a) , (e)) is hardly affected by the gas flow rate: both axial (Z) and radial 
(Y) fluctuating velocities increase with a factor of 2-3 when comparing the low velocity case 
(2.65m/s, (a)) and the high velocity case (7.43 m/s, (e)). The low gas velocity case (core-
annulus regime) shows the highest turbulence intensities. 
On the whole, the same conclusions hold for axial (Z) and radial (X) mean and RMS 
fluctuating velocities in the XZ+2.5 plane (Figure 6.8 (a), (e), Figure 6.9 (a), (e) and Figure 
6.10 (a), (e)). The low velocity case shows recirculation zones aside (as a part of the 3D 
vortex) along the whole riser height. For the high velocity case these recirculation zones 
only appear in the dead-zones aside the outlet opening. Higher gas velocities result in higher 
axial (Z) and radial (X) fluctuations, however the low gas velocity case shows the highest 
turbulence intensities. As a result at higher gas velocities the vortex becomes less 3D and 
more 2D, but destabilizes and as a result the 2D vortex starts oscillating within 20° around 
the YZ plane in the high velocity case (e). The same as for YZ plane, the riser height down 
to which reflux is detected and the anisotropy ratio of the fluctuating velocities are not 
significantly affected by the gas flow rate in the XZ+2.5 plane.  

6.4.1.2. Influence of the extension height 
 
The influence of changing the height of the extension above the outlet is investigated. Two 
outlet configurations with equal outlet surface area (0.1 m diameter), that is a T-outlet 
(0.34m extension) and a L-outlet (0m extension) are studied and compared to the T-outlet 




Figures 6.5 (a)-(b) and (e)-(f) present the influence of an increase in the extension height 
from 0.13m to 0.34 m on the mean particle velocity profiles in the YZ plane for the lowest 
gas flow rate 70 m3/h in (a)-(b) and the highest flow rate 210 m3/h in (e)-(f). It should be 
mentioned that due to the presence of a flange in the 0.34m extension the optical access for 
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LDA measurements is limited to the part 8.4-8.6m (see Figure 6.1 (6) and Figure 6.2). As 
the extension height increases, the vortex stretches. In particular, at high velocities (Figure 
6.5 (e)-(f)), a shift of the position of the vortex towards the side of the outlet and towards the 
top of the riser is observed. With increasing extension height, the vorticity magnitude 
decreases.  
Figures 6.8 (a)-(b) and (e)-(f) present the influence of an increase in the extension height 
from 0.13m to 0.34m on the mean particle velocity profiles in the XZ+2.5 plane (for the 
lowest gas flow rate 70 m3/h in (a)-(b) and the highest flow rate 210 m3/h in (e)-(f)). As the 
extension height increases the refluxing particle stream builds up more momentum. This 
results in overall higher negative particle velocities in the extension zone. At higher 
extension heights, the recirculation zones aside of the outlet are more pronounced. As a 
consequence, the upward moving particles velocities in the fully developed zone are 
somewhat lower.  
Figures 6.6 (a)-(b) and (e)-(f) and Figures 6.7 (a)-(b) and (e)-(f) present the influence on the 
axial (Z), respectively radial (Y) RMS fluctuating velocity profiles in the YZ plane and 
Figures 6.9 (a)-(b) and (e)-(f) and Figures 6.10 (a)-(b) and (e)-(f) the influence on the axial 
(Z), respectively radial (X) RMS fluctuating velocity profiles in the XZ+2.5 plane (lowest gas 
flow rate 70 m3/h in (a)-(b) and the highest flow rate 210 m3/h in (e)-(f)). The axial (Z) and 
radial (Y) RMS fluctuating velocities in the YZ plane and the axial (Z) RMS fluctuating 
velocities in the XZ+2.5 plane are hardly affected by an increase of the extension height from 
0.13m to 0.34m, neither is the turbulence intensity. Radial (X) RMS fluctuating velocity 
profiles in the XZ+2.5 plane (Figure 6.10 (a)-(b) and (e)-(f)) drop with increasing extension 
height indicating an improved stability of the 3D vortex in the extension of the riser.  
   
/RXWOHW7RXWOHWZLWKPH[WHQVLRQ
 
Figures 6.5 (a)-(c) and (e)-(g) present the influence of an L-outlet on the mean particle 
velocity profiles in the YZ plane (for the lowest gas flow rate 70 m3/h in (a)-(c) and the 
highest flow rate 210 m3/h in (e)-(g)). As with the T-outlet, vortex formation is observed, 
but the length and the width of the vortex are much smaller and the vortex is captured in the 
top near the wall opposite the riser outlet. The use of an L-outlet significantly reduces vortex 
formation.  
Figure 6.8 (a)-(c) and (e)-(g) present the influence of an L-outlet on the mean particle 
velocity profiles in the XZ centre plane (the XZ+2.5 plane, which was located directly in the 





eye of the small vortex and was not measured for reproducibility reasons). Compared to T-
outlets, reflux in the XZ centre plane is hardly detected with an L-outlet (Figure 6.8 (a)-(c) 
and (e)-(g)), neither it was detected in the XZ+2.5 plane, not shown here, but visible in Figure 
6.5 (a)-(c) and (e)-(g)). Higher particle velocities are measured. Figure 6.8 (a)-(c) reveals the 
3D nature of the vortex induced by the L-outlet. With increasing gas flow rate the vorticity 
magnitude increases (Figure 6.5 (a)-(c), (e)-(g) and Figure 6.8 (a)-(c), (e)-(g). 
Figures 6.6 (a)-(c) and (e)-(g) present axial (Z) RMS fluctuating velocity profiles in the YZ 
plane. Compared to T-outlets, the axial (Z) RMS fluctuating velocity is lower, confirming 
the trend observed with decreasing T-outlet extension height.  
Figures 6.7 (a)-(c) and (e)-(g) present radial (Y) RMS fluctuating velocity profiles in the YZ 
plane. Compared to T-outlets, the radial (Y) RMS fluctuating velocity is slightly lower. This 
contradicts the trend observed with decreasing extension height. Consequently, an extension 
height exists for which the radial (Y) velocity fluctuations become maximal. An L-outlet 
shows minimal values in turbulence intensities, except very near the small vortex.  
In the XZ plane, compared with T-outlets, an L-outlet results in both lower axial (Z) RMS 
fluctuating velocities and lower radial (X) RMS fluctuating velocities (lower turbulence 
intensities), in particular upstream of the outlet opening. Only in the immediate vicinity of 




The influence of changing the outlet surface area is investigated. Two outlet configurations 
with different surface areas, that is a T-outlet with an outlet opening of 0.07m and 0.05m 
diameter are studied. The results are compared with the T-outlet (0.13m extension) with an 
outlet opening of 0.1m diameter. The trends observed when decreasing the outlet diameter 
from 0.1m to 0.07m are confirmed and more pronounced when further reducing the outlet 




Figures 6.5 (a)-(d) and (e)-(h) present the effect of reducing the surface of the outlet opening 
by a factor 4 on the mean particle velocity profile in the YZ plane (lowest velocity case 2.65 
m/s in (a)-(d), highest velocity case 7.43 m/s in (e)-(h)). A reduction of the outlet surface 
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area results in slightly higher axial (Z) and higher radial (Y) particle velocities near the 
outlet opening. An increased solids hold-up in the extension part is observed visually. The 
position and the length of the vortex are hardly affected by the outlet surface area. Slight 
increases in vorticities are measured. Surprisingly, the riser height down to which reflux is 
induced by the outlet configuration is hardly affected by the outlet surface area. Reflux at 
the side opposite the outlet increases only slightly when reducing the outlet surface area, 
though the width of the refluxing particle stream grows. Probably, this is only true under 
dilute phase conditions and for small diameter risers, where viscous forces due to the contact 
with the upward main flow are sufficiently important to resist the induced reflux. At higher 
flux conditions or with larger diameters, higher solids hold-ups are expected to induce more 
intense and deeper reflux. De Wilde et al. (2003a) and De Wilde et al. (2005a) demonstrated 
that for industrial sized risers strong restrictive outlets can influence the flow pattern in the 
entire riser.   
Figures 6.8 (a)-(d) and (e)-(h) present the effect of reducing the surface of the outlet opening 
by a factor 4 on the mean particle velocity profile in the XZ+2.5 plane (lowest velocity case in 
(a)-(d), highest velocity case in (e)-(h)). Velocity profiles in the extension part do not seem 
to be influenced by reducing the outlet opening. In the immediate vicinity of the outlet, the 
shape of the 3D vortex changes slightly with increasing downflow aside of the outlet as the 
outlet opening decreases.   
Figures 6.6 (a)-(d) and (e)-(h) present the effect of reducing the outlet diameter on the mean 
axial (Z) RMS fluctuating velocity profile in the YZ plane (lowest velocity case in (a)-(d), 
highest velocity case in (e)-(h)). Reducing the outlet opening has no particular impact on the 
measured axial (Z) RMS fluctuating velocities. The radial (Y) RMS fluctuating velocities, 
on the other hand, are observed to increase near the outlet of the riser in the YZ plane, as 
illustrated in Figures 6.7 (a)-(d) and (e)-(h). This increase is more pronounced with 
increasing gas flow rate (Figure 6.7 (a)-(d), (e)-(h)). Turbulence intensities do not change 
significantly. Reducing the outlet surface area hardly affects the axial (Z) RMS fluctuating 
velocity and radial (X) RMS fluctuating velocity profiles (turbulence intensities) in the 













Simulation of outlet effects is complicated because the flow near the exit is usually 3D, 
erratic en transient in nature. Moreover, abrupt T-outlets force the particles into sharp turns, 
which results in steep gradients in the solids volume fraction and velocity profiles.  
The gas-solid flow model (Table 6.1, De Wilde et al., 2002) and in particular its capability 
of describing the complex outlet behaviour in T- and L- abrupt outlets, like vortex 
formation, is validated by comparing with the experimental data obtained of a cold-flow 
riser discussed in the previous paragraph. Simulation and experimental conditions are 
summarized in Table 6.2. The simulated outlet configurations are illustrated in Figure 6.3 
and 6.4. In order to limit the simulation time, only the top outlet section of the riser, that is 
between 7.765m and 8.765m (local coordinates 0-1.0m), is simulated. This approach is 
justified since no inlet effects are taken into account and fully developed flow patterns are 
imposed at the inlet, as experimentally observed at 7.765m height. The particle size 
distribution was not taken into account.  
The calculated profiles are presented for the two measured cross sections of the riser: a 
lengthwise cross section through the centre of the outlet (YZ plane) and a plane 
perpendicular to plane YZ and facing the solids inlet taken at a distance of 0.075m from the 
exit opening (XZ+2.5 plane). In the case of the L-outlet, the XZ plane shown is the XZ centre 
plane. 
It should be recalled that all simulation results in the present work are obtained from steady 
state calculations and that all experimental data are time-averaged. 





       Figure 6.4:Detail of the simulated outlets:  
(a) 0m extension (L-outlet)
(b) 0.13m extension with 0.1m diameter opening  
(c) 0.34m extension with 0.1m diameter opening  






















6.5.1.1. Validation of general behaviour (3D vortex formation) and influence of the gas flow 
rate 

Figures 6.12 and 6.13 show a quantitative comparison of experimental and simulation 
results for the 0.13m extension T-outlet riser for the low velocity case (i) 2.65 m/s and the 
high velocity case (ii) 7.43 m/s. Figure 6.12 shows the axial solids velocities in the YZ and 
XZ+2.5 plane and Figure 6.13 the radial solids velocities in the YZ plane. In general, the 3D 
simulation results are in good agreement with the experimental observations especially for 
the low velocity case (i). For the high velocity case (ii) the solids velocity is slightly 
underpredicted.  
 
The gas-solid flow model is capable of describing the experimentally observed 3D vortex 
formation with negative velocities near the wall aside and opposite the riser outlet. It should 
however be remarked that the simulated vorticity magnitude is less intensive than 
experimentally measured. The calculated exact position and the overall shape of the vortex 
also differ from the experimental observed data. In general, vortex formation is 
underpredicted. A possible explanation is the solid wall boundary condition that is applied 
for the solid phase (no-slip). As a result of the no-slip condition, the shear stresses at the 
wall are taken into account too strongly. The effect of the growing gas flow rate, that is 
higher mean axial and radial solids velocities near the riser opening and the higher intensity 
of rotation in the vortex, as described above (Figure 6.11) are simulated relatively well. The 
vector plots in Figures 6.14 (a) and (e) show that simulations predict a vortex location at the 
side opposite the riser outlet, which is not in agreement with the experiments (Figure 6.5 (a) 
and (e)) where the position of the vortex is more centralized. For higher gas flow rates, the 
position of the vortex changes hardly, that is in agreement with the experimental results 
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Figure 6.12: Experimental versus simulated axial solids velocity (m/s) for the 0.13m 
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Figure 6.13: Experimental versus simulated radial solids velocity (m/s) for the 0.13m 
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Figure 6.14: Simulated (FLOW-MER) vector plots solid velocity in the YZ plane: Vortex 
formation (i) 70 m3/h: (a) 0.13m extension, (b) 0.34m extension (c) 0m extension (L) (d) 
0.13m extension (0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (f) 0.34m extension 
(g) 0m extension (L) (h) 0.13m extension (0.05m opening) (solids flux 3 kg/m²/s). Simulated 
coordinate system (heights 0-1m) is translated in equivalent cold-flow coordinate system 
(heights 7.765-8.765m) for easy comparison with Figure 6.5.  
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Figure 6.15: Experimental versus simulated axial solids velocity (m/s) for the 0.34m 




6.5.2.1. Validation of the influence of the extension height 
 
Figures 6.12 and 6.15 allow a quantitative comparison of experimental and simulated axial 
solids velocities in the YZ plane for different extension heights of a T-outlet, for both the 
low velocity case (i) 2.65 m/s) and the high velocity case (ii) 7.43 m/s. 
The experimentally observed stretching of the vortex with increased extension height 
(Figure 6.5 (a)-(b) and (e)-(f)), is not always correctly predicted. The simulations confirm 
vortex stretching where the solids are not rapidly decelerated by gravity, that is in the high 
velocity case (ii). In the low velocity case (i), the solids decelerate too quickly and 
recirculate before reaching the top of the extension. The overprediction of the deceleration 
rate of the solids is related to the overall underprediction of the axial solids velocities 
(overprediction of slip velocity). Vector plots are shown in Figure 6.14 (a)-(b) and (e)-(f). 
Figure 6.14 (b) shows that the position of the vortex in the low velocity case is more or less 
in agreement with the experimental results presented in Figure 6.5 (b). A shift of the vortex 
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towards the side of the riser outlet with increasing extension is only accurately predicted for 
the low velocity case (Figure 6.14 (a)-(b)). Recirculation at the side opposite the outlet is 
limited to positions 8.40-8.45m, which is in agreement with the experimental data (Figure 
6.5). Overall, the simulation results for the 0.34m extension case show similarity with the 
experimentally observed phenomena, that is 3D vortex formation is simulated, but the exact 




A quantitative comparison of experimental and simulated axial solids velocities in the YZ 
plane for an L-outlet, for both the low velocity case (i) 2.65 m/s and the high velocity case 
(ii) 7.43 m/s is presented in Figure 6.16. The experimentally observed behaviour is 
qualitatively correctly predicted, in particular the presence of a small vortex in the upper 
corner opposite the riser outlet. The simulated profiles also confirm that an L-outlet reduces 
internal recirculation. Vector plots are shown in Figure 6.14 (c) and (g). The position and 





5.4.4.1. Validation of the influence of the outlet surface area  
 
A quantitative comparison between experimental and simulated axial solids velocities in the 
YZ plane for the 0.13m extension T-outlet with different opening diameters are shown in 
Figure 6.12 and 6.17, for both the low velocity case (i) 2.65 m/s and the high velocity case 
(ii) 7.43 m/s. For the non-restrictive outlets (0.1m exit opening) under dilute fluxes and in 
small diameter risers, the outlet effects are limited to the vicinity of the outlet (reflux to 
about max. 0.1m upstream of the outlet). A significant increase of the solids volume fraction 
upstream is simulated by reducing the outlet diameter from 0.1m to 0.05m, especially in the 
low velocity case (Figure 6.18 (a)-(d)). The increase of the solids hold-up results in particle 
reflux down to 0.4m height.  
Experimental data confirm the calculated increased reflux opposite the outlet (Figure 6.5 (d) 
and (h)). The core-annulus flow regime simulated in the low velocity case (2.65 m/s), is very 





close to the experimentally observed flow pattern. It should however be remarked that 
simulations tend to overpredict the particle reflux near the wall and underpredict the axial 
velocities near the outlet opening.  
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Figure 6.16: Experimental versus simulated axial solids velocity (m/s) for the 0m extension 
L-outlet (i) 70 m3/h (ii) 210 m3/h (solids flux 3 kg/m²/s).  
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Figure 6.17 Experimental versus simulated axial solids velocity (m/s) for the 0.05 opening 


















This can be attributed to the no-slip boundary condition that was applied for the solid phase 
near the wall. The vector plots in Figures 6.14 (a)-(d) and (e)-(h) confirm that the position of 
the vortex in the extension part of the abrupt T-outlet is not affected by a reduction of the 
outlet opening. This is in accordance with the experimental results shown in Figure 6.5 (a)-
(d) and (e)-(h). The influence of the gas flow rate is also simulated correctly. 
Figures 6.18 to 6.21 present additional simulation results obtained for all four outlet 
configurations and two velocity cases (i) 2.65 m/s and (ii) 7.43 m/s. Figure 6.18 presents the 
solids volume fraction and Figure 6.19 the axial (Z) solids velocity for both cross-sections 
YZ and XZ+2.5 (XZ centre for L-outlet). Figure 6.20 shows the radial (Y) solids velocity in 
the cross section YZ, while granular temperatures are presented in Figure 6.21, for the YZ 
plane only.  
From Figure 6.18 (a) to (h) it is clear that an overall densification in the extension part is 
calculated in all outlet configurations for both gas flow rates, in correspondence with the 
visual observations and with observations reported in the literature (Bai et al. (1992), van 
der Meer et al. (2000), Zheng and Zhang (1993), Brereton and Grace (1993)). A 0m 
extension L-outlet (Figure 6.16 (c) and (g)) induces very poor densification compared to T-
outlets, except in the immediate vicinity of the top wall. The most pronounced densification 
is simulated for the 0.13m extension case with reduced (0.05m) outlet opening. The overall 
solids volume fraction increases with a factor of 3-4 for the low velocity case 2.65 m/s. For 
the high velocity case (7.43 m/s) viscous forces due to the contact with the upward main 
flow are sufficiently important to resist the induced reflux. High solid volume fractions are 
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Figure 6.18: Simulated (FLOW-MER) solids volume fraction (-) in the YZ and XZ+2.5 plane 
(L: XZ plane), (i) 70 m3/h: (a) 0.13m extension, (b) 0.34m extension (c) 0m extension (L) 
(d) 0.13m extension (0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (f) 0.34m 
extension (g) 0m extension (L) (h) 0.13m extension (0.05m opening) (solids flux 3 kg/m²/s).  
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Figure 6.19: Simulated (FLOW-MER) axial (Z) solids velocity (m/s) in the YZ and XZ+2.5 
plane (L: XZ plane), (i) 70 m3/h: (a) 0.13m extension, (b) 0.34m extension (c) 0m extension 
(L) (d) 0.13m extension (0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (f) 0.34m 
extension (g) 0m extension (L) (h) 0.13m extension (0.05m opening) (solids flux 3 kg/m²/s).  
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Figure 6.20: Simulated (FLOW-MER) radial (Y) solids velocity (m/s) in the YZ, (i) 70 
m3/h: (a) 0.13m extension, (b) 0.34m extension (c) 0m extension (L) (d) 0.13m extension 
(0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (f) 0.34m extension (g) 0m extension 
(L) (h) 0.13m extension (0.05m opening) (solids flux 3 kg/m²/s).  
 
 
By comparing Figure 6.20 (a) to (d) and Figure 6.20 (e) to (h) it is seen that with increasing 
superficial gas velocities, increasing radial (Y) solids velocities appear in the YZ plane near 
the exit opening. Again, this is in agreement with the experimental observations shown in 
Figure 6.5 (a) to (d) and Figure 6.5 (e) to (h). Negative radial (Y) velocities (directed 
towards the outlet) near the exit opening agree very well with the experimental observed 
values of 1 m/s (2.65 m/s case) and 2 m/s (7.43 m/s case) (see Figure 6.13 (i) and (ii) for the 
0.13m extension case). At higher positions in the extension part, positive radial (Y) 
velocities (directed away from the outlet) are underpredicted. There is no significant 
influence of the extension height on radial (Y) velocities, that is in agreement with the 
experimental data. For smaller exit openings Figure 6.5 (d) and (h), the experimentally 
observed increase of radial (Y) velocities near the exit opening is underpredicted by the 
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Figure 6.21: Simulated (FLOW-MER) granular temperature (m2/s2) in the YZ plane, (i) 70 
m3/h: (a) 0.13m extension, (b) 0.34m extension (c) 0m extension (L) (d) 0.13m extension 
(0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (f) 0.34m extension (g) 0m extension 
(L) (h) 0.13m extension (0.05m opening) (solids flux 3 kg/m²/s).  
 
The calculated granular temperatures shown in Figure 6.21 allow quantifying the velocity 
fluctuations on the single particle level. Values of the granular temperature can be 
qualitatively compared with the experimentally obtained RMS particle velocity fluctuations. 
It is discussed above that axial (Z) velocity fluctuations are more pronounced than the radial 
(Y) and (X) velocity fluctuations. Increasing granular temperatures therefore correspond to 
increasing axial RMS particle velocity fluctuations. In general, the RMS velocity 
fluctuations are overpredicted but remain of the same order of magnitude. Furthermore, the 
calculations do not show a significant decrease immediately upstream the outlet, as observed 
experimentally (Figure 6.21 (a) to (h) versus Figure 6.6 (a) to (h)). High values of the 
granular temperature may be a result of neglecting a gas-solid fluctuating motion interaction 
term ( )Θ− 312£β  in Eq. (10), see Table 6.1 (Simonin et al., 1990). The coefficient of 
restitution e may have an influence too. Several research groups have reported extreme 
sensitivity of the model for the value of the coefficient of restitution e for particle-particle 
collisions (Pita & Sundaresan, 1991; Nieuwland et al., 1996). Agrawal et al. (2001) have 
related this sensitivity to the use of coarse grids. Finally, it should be mentioned that 
anisotropy in velocity fluctuations is not accounted for by the model in FLOW-MER. 





Outlet effects in risers are studied experimentally and computationally. Quantitative 
experimental data were obtained from a cold-flow circulating fluidized bed riser (0.1m 
diameter, 8.765m high), measuring the mean and fluctuating particle velocities with a 3D 
LDA. An L-outlet and T-outlet configurations were investigated. The influence of changes 
in the outlet extension height (0m-0.13m-0.34m), the outlet surface area (0.1-0.05m 
diameter) and the impact of the gas flow rate (2.65-7.43 m/s) are examined for a given solids 
flow rate (3 kg/m²/s).  
 
A T-outlet configuration induces recirculation by vortex formation in the extension part of 
the riser and cause reflux aside and mainly opposite the riser outlet to 0.1m upstream in the 
riser. A maximum in the axial particle velocity fluctuations is observed at the height of the 
outlet opening, where upflow and downflow, induced by the vortex encounter. A clear 
anisotropy between the axial and radial fluctuating particle velocities is observed. The axial 
fluctuations are the most pronounced. 
With an L-outlet configuration (i.e. an extension height equal to zero), a small vortex is 
formed in the top corner of the riser. Moreover, with decreasing extension height, the 
position of the vortex shifts towards the side opposite the outlet and more upstream. Also the 
width of the vortex reduces, the vortex being captured between the circular riser wall 
opposite the outlet.  
With increasing gas flow rate, the vorticity magnitude of the vortex and the fluctuating RMS 
velocities increase, but the axial and radial position of the vortex and the anisotropy of the 
fluctuating particle velocities are hardly affected.  
A reduction of the outlet surface area of a T-outlet results in overall higher axial and radial 
particle velocities near the outlet opening and in an increased solids hold-up in the extension 
part of the riser. The position, the length of the vortex and reflux in the riser are hardly 
affected. Radial fluctuating velocities are observed to increase. 
 
The gas-solid flow model FLOW-MER (Eulerian-Eulerian approach based on the Kinetic 
Theory of Granular Flow)) and in particular its capability of describing the complex flow 
behaviour near T- and L- abrupt outlets is validated with the experimental data. In general, 
the gas-solid flow model is capable of qualitatively describing the experimentally observed 





vortex formation, both for the T- and the L-outlet configuration and are in agreement with 
the experimentally observed phenomena, that is 3D vortex formation is simulated, but the 
exact length, shape and position of the vortex are not always accurately predicted. The 
influence of the gas flow rate, the extension height and the surface area of the T-outlet are 
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The primary goals of this PhD were the design and construction of a cold-flow pilot plant and 
the performance of experiments. The latter were needed to validate the in-house developed 
hydrodynamic software (FLOW-MER). 
 
A pilot-scale cold-flow Circulating Fluidized Bed (CFB) unit for hydrodynamic research on 
gas-solid two phase flow in CFB risers was designed and constructed at the LCT, starting 
from zero.  
 
The objectives accounted for during the design of the riser were: determine the type of 
transport (dilute or dense phase transport) aimed at, the riser materials, the foreseen range of 
transport velocities (operating window, protection equipment), the riser geometry (including 
the inlet section (for both gas and solids) and the outlet section), the riser height to assure a 
constant solids velocity section and a solids-accelerating section in the riser, the pressure drop 
over the riser, the solids distributor and the diameter of the transport tube. 
 
The recycle loop for the solids material essentially consists of a gas/solid separation, a 
fluidized bed and interconnecting piping (standpipes, cyclone diplegs). Two high efficiency 
glass cyclones connected to the fluidized bed by means of diplegs and an additional bag filter 
were designed to guarantee a good recuperation of solids.  
 
The objectives accounted for during the design of the gas-solid separation equipment were: 
determining the gas-solid separation devices (cyclones + bag filter), the materials, the range 
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of transport velocities, the cyclone/bag filter geometry, the pressure drop and the 
interconnecting tubes (dipleg diameter/height). 
 
The objectives accounted for during the design of the fluidized bed were: the minimum 
fluidization velocity and the terminal velocity of the solid particles, the range of operating 
velocities, the expanded bed height, the transport disengagement height (Æ freeboard height), 
the entrance position of the cyclone outlets, the total height of the vessel, the materials, the 
total pressure drop over the fluidized bed, a distributor and the vessel diameter. 
 
During the design of the interconnecting piping, the type of flow, the optimum geometric 
configuration, the materials, the leg height, the maximum rate of discharge from the transfer 
leg, the pressure drop over the leg, the aeration and the diameter of the legs were determined. 
 
Accurate techniques for measuring temperatures, pressures (pressure transmitters), gas flows 
(vortex and swirl flow meter), solids flow rate (quick closing pinch valve), humidity (capacity 
measurement) and particle size distributions (Malvern Particle Sizer) were selected. Operating 
equipment such as pressure controllers, temperature controllers, gas flow control valves, 
particle flow control valve (diaphragm valve) and humidity controllers were added. The 
sizing of all this equipment (including the sizing pressure/temperature/humidity protective 
equipment) was subject of the detailed engineering bulletin described in this thesis.  
 
A compressor and steam generator system was designed and engineered. 
  
An appropriate measuring technique was selected to carry out the (particle) velocity 
measurements: 3D Laser-Doppler-Anemometry (LDA).  
 
The design of the unit was finished in 2000. The construction of the unit took place from 
january 2001 till march 2002. On april 15th, 2002, the installation was commissioned, 
inaugurated and taken into service. Full 2D and 3D solids velocity measurements were then 
performed (2002-2005).  
 
Mean and fluctuating velocities of non-spherical silica (Geldart B) and FCC (Geldart A) 
particles are measured for low solid fluxes (2-10 kg/m²/s) and medium air velocities (5-10 
m/s) at different riser heights (0-8.5m). A complete 3D flow mapping is performed not only to 
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resolve the solids flow patterns inside the riser, but also to determine the riser inlet and outlet 
effects. 
 
Measured mean velocities show the typical core-annulus structure as seen by other 
researchers. The measured profiles are asymmetric, illustrating the importance of in- and 
outlet effects. A swirling movement of the particles is detected. Solid phase turbulence 
intensities rise to about 10% in the centre and 20% near the wall. Root Mean Square (RMS) 
fluctuating velocity measurements reveal an anisotropic fluctuation structure within the riser. 
Fluctuating axial/radial particle velocity fields reveal that particle fluctuating velocities in the 
axial direction are 2-3 times larger than the particle fluctuating velocities in the radial 
direction. The ratio of axial to radial fluctuations increases with riser height, confirming that 
solid phase turbulence anisotropy is inherent to fully developed gas solid flow. Moreover 
time series for the lowest velocities, show the appearance of characteristic 0.5-2 Hz 
oscillations, typical for mesoscale phenomena. These and other experimental data can be used 
to validate different aspects of the presently available 3D hydrodynamic models for two-
phase flow calculations. 
 
The influence of a solids inlet geometry on the flow pattern in a dilute phase riser is 
investigated experimentally in the LCT pilot cold-flow riser. Accurate quantitative 3D-LDA 
data were provided. Experiments show that the flow conditions, the type of solids material 
(Geldart A versus B) and the rate of solids feeding affect the riser bottom operation and the 
gas-solids mixing to a large extent. Larger particles extend the height of the acceleration zone 
to a large extent. Gas-solids mixing in the riser is hindered by an abrupt entry of the solids 
resulting in a bypass of the dense solids region near the solids inlet by the gas. Gas flow rates 
and solids flux rates influence this phenomenon. As a result, bypassing in the plane facing the 
solids inlet i.e. aside of the solids inlet, is reduced. In the immediate vicinity of these bypass 
zones, RMS fluctuating velocities (axial and radial) increase. Using a more uniform aerated 
side solids inlet, the solids are entrained faster, resulting in broader bypass zones, opposite the 
solids inlet, and in improved gas-solids mixing with more uniform fluctuating motions. A 
non-aerated Y-inlet configuration induces a small reflux into the upper dilute part of the 
standpipe. In small diameter risers, radial mixing quickly dissipates the non-uniformities in 
the flow introduced by a side solids inlet. However, reflection phenomena occur in all zones 
of the riser in the case of non-aerated inlet conditions, extending the length of the non-
uniform reactor zone. The experimental data describe well the solids acceleration behavior 
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and thus validate the gas-solids flow models used in the 3D simulations. The inlet 
configuration has an important impact on the flow pattern in risers, in particular with respect 
to the radial mixing of gas and solids. 
 
Experimental and simulation results of the inlet zone of a dilute pilot cold-flow riser with a 
side solids inlet show that the solids are bypassed by the gas, the bypassing effects are 
dissipated quickly. The latter is due to the viscous contributions which are important in small-
diameter risers. Good agreement between experimental and simulated profiles is found. 
In dilute industrial scale risers, the calculated radial mixing is poor. The effects of gas 
bypassing the solids, induced near the solids inlet, are not quickly dissipated in large diameter 
risers and influence the flow pattern in the entire riser, as a consequence of the reduced impact 
of the viscous terms in large diameter risers. Fluctuating motion of both the gas and the solid 
phase is seen to improve radial mixing. The effects of the inlet and outlet configuration are 
not independent in dilute large diameter risers. There can be complex interactions between 
inlet and outlet effects. These effects can oppose or cooperate and the resulting behaviour of 
the riser is not straightforward. This illustrates the need for complete 3D calculations. 
 
Outlet effects in risers were studied experimentally and computationally. Quantitative 
experimental data were obtained again from the LCT cold-flow circulating fluidized bed riser, 
measuring the mean and fluctuating particle velocities with a 3D LDA. An L-outlet and T-
outlet configurations were investigated. The influence of changes in the outlet extension 
height (0m-0.13m-0.34m), the outlet surface area (0.1-0.05m diameter) and the impact of the 
gas flow rate (2.65-7.43 m/s) are examined for a given solids flow rate (3 kg/m²/s). A T-outlet 
configuration induces recirculation by vortex formation in the extension part of the riser and 
causes reflux aside and mainly opposite the riser outlet up to 0.1m upstream in the riser. A 
maximum in the axial particle velocity fluctuations is observed at the height of the outlet 
opening, where upward flow and downward flow, induced by the vortex encounter. A clear 
anisotropy between the axial and radial fluctuating particle velocities is observed. The axial 
fluctuations are the most pronounced. With an L-outlet configuration (i.e. an extension height 
equal to zero), a small vortex is formed in the top corner of the riser. Moreover, with 
decreasing extension height, the position of the vortex shifts towards the side opposite the 
outlet and more upstream. The width of the vortex also reduces, the vortex being captured 
within the circular riser wall opposite to the outlet. With increasing gas flow rate, the vorticity 
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magnitude and the fluctuating RMS velocities increase, but the axial and radial position of the 
vortex and the anisotropy of the fluctuating particle velocities are hardly affected.  
 
A reduction of the outlet surface area of a T-outlet results in overall higher axial and radial 
particle velocities near the outlet opening and in an increased solids hold-up in the extension 
part of the riser. The position, the length of the vortex and reflux in the riser are hardly 
affected. Radial fluctuating velocities are observed to increase. 
 
The gas-solid flow model FLOW-MER (Eulerian-Eulerian approach based on the Kinetic 
Theory of Granular Flow) and in particular its capability of describing the complex  flow 
behaviour near T- and L- abrupt outlets is validated based on the available experimental data. 
In general, the gas-solid flow model is capable of qualitatively describing the experimentally 
observed vortex formation, both for the T- and the L-outlet configuration and are in 
agreement with the experimentally observed phenomena. 3D vortex formation is simulated, 
but the exact length, shape and position of the vortex are not always accurately predicted. The 
influence of the gas flow rate, the extension height and the surface area of the T-outlet are 




Based on the above, several recommendations for further research are given. Distinction has 
been made between the matter regarding the cold-flow set-up, the measuring device (LDA) 




• The recirculation loop for the solids includes an AKO-pinch valve to measure the total 
solids mass flow rate. The total recycled solids flow is then calculated by monitoring 
the time (t) needed to accumulate a given volume (V) of solids (level) during a 
carefully controlled shutter time (valve closed). It is assumed that the solids fraction 
nearly equals the solids fraction at minimum fluidization, as can be found in literature. 
A better and more accurate technique for measuring solids mass fluxes is the 
installation of a diversion valve (3-way valve), combining with a weighing unit. It 
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should however be remarked that the diverted flow should be limited in time in order 
not to disturb the pressure balance in de CFB-loop. 
 
• Additional connections with ball valves were provided on the top of the fluidized bed 
and at its bottom, for loading and unloading purposes. Also a hopper is available at the 
top for re(filling). From experience, the bottom nozzle is only useful when the bed is 
fluidized. In practice, the removal of the carbon steal connection piece underneath the 
diaphragm valve gives a more user-friendly way to remove catalyst from the 
regenerator. 
 
• The pressure drop in a riser can be attributed to gravity forces, according to the 
manometer formula, neglecting wall friction and acceleration effects. The latter can be 
used to measure the volume average solid concentration. For budget reasons, so far the 
cold-flow installation has only been provided with the absolutely required pressure 
transmitters at the inlets of riser/regenerator and for the cyclone pressure control. In 
the future, appropriate pressure gauges can be installed - at the already installed 
tappings - in order to measure pressure drops along the riser (+ regenerator).  
 
• Taking into account possible distortion of the measuring volume caused by refraction 
effects, it is important to have an equally-sized wall thickness all along the riser. 
Regular (pyrex) glass suffers from astigmatism, which implies that the wall thickness 
is not always the same. Moulded PMMA enables to ensure an equally-distributed wall 
thickness (more then moulded pyrex glass), which is important for the displacement 
correction calculations. It should be noted (see riser design) however that PMMA 
suffers more from erosion. In this study, all pieces that are subject to severe erosion 
were constructed initially (or later) by moulded (pyrex) glass. An alternative approach 
(but more expensive) is the use of abrasion resistant coating on the PMMA combining 
the advantage of a more equally distributed wall thickness with higher resistance to 
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Laser Doppler Anemometer 
 
• During 2D-LDA measurements, the 2D probe can be aligned with the axial and the 
radial axis of the tube (or turned, see next). However, when the 2 pairs of laser beams 
follow different optical paths, due to reflection and refraction, the two pairs of laser 
beams will not always cross at the same position (thus influencing the measuring 
volume and its measuring location), thus impacting the coincidence nature of the data. 
In a 3D-LDA set-up velocity measurements are performed with a 2D probe, aligned 
with one of the axes of the tube coordinate system, and a 1D probe positioned at an 
off-axis, which is not always 90°. Again, this impacts on the coincidence nature of 3D 
data, resulting in lower data rates or even in non-coincident data rate at all. In order 
not to impact on the coincidence nature, the probes were turned 45° along their axis. A 
transformation matrix in any of these cases was needed to transform the measured 
velocities u1 and u2 present at location x, into the desired velocities u and v measured 
at location y. A mathematical procedure for the calculation of focus of three pairs of 
laser beams and of the shape of the created measuring volumes after refraction at 
curved surfaces was provided in the master thesis of De Clercq (2001). The 
displacement in space of the beams and the corresponding velocity component 
inclinations could be calculated. This resulted in a separated Mat-lab program, in 
which the measured velocities u1 and u2 present at location x were transformed into the 
desired velocities u and v at location y, when an overall focal point was calculated. 
The program is not user-friendly and is very cumbersome to use. For special 
alignments where no single focus point was calculated, LDA measurements were 
limited to the non-coincident mode. A full integration or at least a full implementation 
of the obtained transformation matrices from the Mat-lab program in the LDA/BSA 
software is therefore preferable and would make the data post processing much easier.   
 
• Since the axial velocities are a factor 10 to 100 larger as compared to the radial 
velocities, the accuracy of the radial velocities obtained for this application is poor, 
especially when the probes are aligned with the axial and radial axis. In order to 
improve the accuracy of both measurements, the probes were turned 45° with the axial 
and radial axes (also impacting on coincidence nature of the data). The accuracy of the 
measurements however depends on the accuracy of the alignment and positioning of 
the probes with respect to the probe axes. A 0.5-1° degree deviation could already 
&+$37(5  &  
	  )   
__________________________________________________________________________________________ 
 
result in a 0.05 m/s calculated radial component velocity with a measured vertical 
velocity of 5 m/s, while the radial component is 0 m/s in reality. An electronic 
traversing system could improve the accuracy of the rotation of the probes.  
 
• Concentration measurements of the dispersed phase is interesting, especially when the 
measurements are based on velocity and particle size measurements, simultaneously. 
The fiberflow LDA used in this study is not capable of measuring particle sizes 
directly. Durst and Zaré (1975) introduced the basis of Phase-Doppler Anemometry 
(PDA). By using an extended receiving optical system with two or more 
photodetectors (instead of one with LDA), it is possible to measure velocity and 
particle size simultaneously. The 3D LDA could be upgraded to a 1D PDA without 
excessive costs.  
 
• For simultaneous measurements of the velocity of gas and particles phases, the gas 
flow has to be seeded with suitable tracer particles, which are able to follow the 
velocity fluctuations of the gas flow. To discriminate the images from tracer and 
dispersed phase particles, a specific discriminator should be available. Discrimination 
could be done based on particle size. Thus, in essence a particle sizing facility is 
needed (e.g. expansion to PDA as just explained). In this study only particle velocity 
measurement were performed, due to the lack of sizing capability of LDA. The current 
3D LDA system could be easily upgraded to a 1D PDA system. Also, the 
combustibility of the seeding particles should be investigated first, in order to avoid 
dust explosions in the test facility at all times.  
 
• LDA is a point wise measurement; it provides high spatial resolution local velocities 
with a very high temporal resolution. However, it only provides instantaneous velocity 
measurements in one node at the same time. Particle Image Velocimetry (PIV) is a 
flow visualization technique, which provides full-field (multi node) information of a 
system for each of its components as it flows through a planar laser-sensed region. 
Pulsed light sources are used for illumination of the flow, the laser is pulsed many 
times and instantaneous images of all the seeds in the measurement plane are obtained 
through multiple exposures on the same piece of film. The positions (+ size) of the 
moving seeds are recorded as pairs or multiple spots and local instantaneous velocity 
is obtained by dividing the spatial separation of the spots by the time between light 
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pulses. Using PIV, full 2D (even 3D) instantaneous flow fields could be determined 
instantaneously, which would provide another elegant tool for validation of transient 
flow fields and validation of transient simulations. 
 
• Each pair of laser beams measures 1 velocity component. The measurements volumes 
of the three laser pairs do not necessarily coincidence in exact the same locations (due 
to bad alignments, refractory effects, etc…). In coincident measurements one assumes 
that all measurement volumes are focused in the same point, and that the three 
velocity components provide the instantaneous signal of one single particle. In non-
coincident measurements, each signal is validated separately, not always yielding the 
velocity components of the same particle. Coincident measurements obviously are 
preferred in 3D measurements, but result in much lower data rates as compared to 
independent non-coincident measurements. So far, due to manual probe alignment (by 
using a simple pinhole) and manual adjusting controls, the 3D LDA measurements 
were performed in a non-coincident way. On the other hand, a manual alignment is 
necessary to compensate when traversing through the cylindrical tube. A full 
automatic adjustment of the probes should be available in order to provide efficient 
and accurate 3D coincident measurements. For all 2D measurements obtained in this 
PhD, all data were coincident.  
 
• A 3D simulation model is more realistic than a 2D model. A 3D model needs to be 
validated by 3D measurements. The LDA originally was supplied in 2D mode. 
Because of the successful results obtained by the 2D LDA, the system was upgraded 
to a 3D LDA. So far (see above), only 2D coincident and some 3D (non- or 
windowed-) coincident measurement have been performed. In future work, one should 
focus on obtaining full 3D coincident measurements. 
 
• The Spectrum part of the BSA software add-on is typically used to analyze the 
periodicity of flow velocity fluctuations. If the velocity fluctuations are periodical, this 
will be observed as a peak in the spectrum function. The correlation part of the peaks 
can be used to determine the integral time scale of the velocity fluctuations, which is 
useful for setting up the time between samples to ensure statistically independent 
samples for calculation of moments. 
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• Axial velocity fluctuations occur with a characteristic time frequency of about 0.5 to 2 
Hz showing the appearance of mesoscale (cluster) phenomena near the wall. The 
energy spectrum analysis shows that the occurrence of mesoscale phenomena (order 
of Hz) increase towards the wall (like solids concentration is also increasing towards 
the wall) or show a maximum trend near the shear layer, while high frequent 
characteristic fluctuations (representing granular temperature) decrease towards the 
wall for small particles like FCCU-E catalyst. The anisotropy in velocity fluctuations 
observed in Chapter 3 needs further examination on different time scales and for 
various conditions (particle used, operating conditions, riser locations) through energy 
spectrum analysis, in order to extract good profiles for granular temperature (small 
scale fluctuations) and distinguish them from large scale fluctuations (turbulent kinetic 
energy). This should reveal whether anisotropy in velocity fluctuations can only be 
attributed to meso/macroscale (clusters, inertia, …) phenomena or not. 
 
• The LDA measurement technique has its limitations: in a region of high solid 
volumetric concentrations (2-5 %) light scattering from particles outside the 
measuring volume and blockage of the laser light become significant and result in 
unreliable noisy data. This is for sure the most severe limitation of the LDA measuring 
device. The use of PDA/PIV will suffer from the same limitations. For higher density 





• Gas velocity, solids circulation rate and particle characteristics are commonly believed 
to be the only parameters determining the hydrodynamics in risers. However, the 
standpipe, the operation of the solids flow control valve, the presence of aeration, the 
in- and outlet configurations largely influence the gas–solid flows in risers as well. 
The influence of these parameters and their impact on the hydrodynamics should be 
investigated in a more structured approach. 
 
• Elbows (90° bends) are an alternative for T-outlet configurations, resulting in low 
pressure drops and less solids hold-up in the upstream part of the riser, especially 
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when the outlet opening is the same as the riser diameter. A major drawback of the use 
of this type of bends is erosion at the outer surface ring of the bend (severe damage of 
the inner wall) and additional catalyst attrition caused by the increased downtime in 
commercial reactors. The studies of outlet phenomena can be expanded to various 
other type of reactor outlets, for example smooth and short radius bends, symmetric 
outlets, multi-outlet openings, etc …  
 
• Electrostatic loading still occurs, especially when dry air transports particles with low 
electrical conductivity in a riser/fluidized bed made from plexi(glass). Humidification 
of the air is constantly needed in order to minimize electrostatic charging (which is 
also a safety issue) and its effects on the hydrodynamics in the riser/fluidized bed. Air 
humidity also impacts cluster formation. An alternative is the addition of fine antistatic 
powder (e.g. Larostat, a quaterny ammonium salt, BASF) that could also act as a 
tracer for gas flow measurements (see above). A batch of +/- 5l of Larostat was 
obtained and offered by BASF, but so far these tests were not initiated, due to the lack 
of information on the possible initiation of dust explosions. 
 
• Hydrodynamics have been studied by using different types of particles (FCC, silica, 
glass beads). The operating window of the cold-flow riser would allow research on 
other various types of particles. One should however bear in mind that all types of 
particles used, should be incombustible solids in order to avoid dust explosions. 
 
• Taking into account a marginal 500 Nm³/h (free air delivery) of the compressor when 
the regenerator fluidized bed is only operated at minimum fluidization (0.1 m/s = 25 
m³/h), the riser diameter could be expanded to 0.15m diameter in order to investigate 
even larger diameter risers and their corresponding impact on in- and outlet 
phenomena. 
 
• Particles that are transported with high velocities are subsequent to attrition, resulting 
in production of fines or possible degradation of the active layer of the catalyst. 
Standard normalized attrition tests are available for solids > mm size (e.g. ASTM 
rotating drum test procedures at CRI catalyst Company (Shell)). For particles with size 
< mm a standard normalized attrition test is not available on the market. The LCT 
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cold-flow unit can be used for performing abrasion tests on different types of catalysts. 
For example, a new sputtered Zirconia catalyst for the oxidation of o-xylene 
developed at Ghent University could be tested on its fluidization properties. 
 
• Elutriation of fines and entrainment studies in the regenerator bed at heights > TDH 
have not been executed yet, but the unit was indeed designed for performing studies 
on the regenerator vessel as well. 
 
• It has been found in literature that addition of a small amount of fines could impact 
severely on the hydrodynamic properties of CFBs. On-line measurement of particles 
sizes is not yet possible on the LCT cold-flow, but would become possible when the 
LDA is upgraded to PDA (see before). This would also allow validation of simulations 
in which multiple sizes or even whole particle size distributions are taken into account. 
 
• It has not been figured out yet whether the rotational effects that sometimes are 
measured in the horizontal plane, could be attributed to either in- and outlet effects 
(outlet 51° turned compared with solids inlet), or to the accuracy of radial 
measurements with LDA (see before). Another possibility is that they are simply 
initiated by the vortex flow meter located upstream (distance > 20 x diameter riser). A 
further research on finding the origin of these rotations is needed. 
 
Simulation of two-phase flow in the LCT riser 
 
• Recently, detailed gas-solid models have been adopted in commercial software. In 
FLUENT, granular mixtures can be handled by the Eulerian granular multiphase 
model using the kinetic theory approach (Gidaspow, Syamlal). To use this software 
with confidence, validation of the applied multiphase flow model is necessary. The 
results and data obtained from the LCT cold-flow riser and simulated by the in-house 
code FLOW-MER can be used to validate the Eulerian simulations obtained with the 
commercial software package FLUENT. The master thesis of De Moor (2004) 
describes some pioneering work on this subject (testing available turbulence models). 
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• The current in-house code FLOW-MER still has problems in simulating small 
diameter risers accurately, most probably explained by the increasing effects of the 
wall. Appropriate wall functions and grids adaptations could be implemented, making 
the code more robust for smaller diameter riser simulations. 
 
• Compared with commercial codes, the current in-house code FLOW-MER has longer 
calculation times, even when simulated on parallel computers. More advanced 
appropriate and efficient solution methods should be implemented in order to further 
limit the calculation times required by FLOW-MER and making the in-house code 
capable to compete with other (commercial) codes. 
 
• Simulations of De Wilde et al. (2000-2005) of a symmetric two-outlet system (SNAP 
Gas Suspension Adsorber) shows transient behavior of particles exiting one outlet and 
including vortex phenomena near the second outlet and shifting from on outlet to 
another. These phenomena could be investigated further in the cold-flow LCT unit, 
after designing and installing an appropriate test facility. 
 
• The solid phase equations in FLOW-MER are not Reynolds-averaged, as no reliable 
solid phase turbulence model is available yet. As a result, when clusters occur in the 
system, an extremely fine mesh size, both in time and in space, is required to simulate 
these phenomena. Because of the computational load, a mesh size that resolves 
clusters cannot be used for the calculation of industrial size risers. Solid phase 
turbulence models are currently being developed (and for example available in 
FLUENT) to avoid this problem and allow more reliable coarse grid simulations. 
Calculations in this work are limited to dilute conditions in small scale riser for which 
the impact of cluster formation is limited. 
 
• At bounding walls, the no-slip condition was applied for the gas phase, whereas slip is 
allowed for the solid phase. Imposing different (no)-slip conditions (both for gas phase 
as well as for solid phase) impacts severely on the calculated flow fields, especially 
near inlet and outlets (e.g. the size of the recirculation vortex). A more thorough 
sensitivity study is needed in order to investigate in more detail the impact of slip 
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conditions and their impact on solids mixing near in- and outlets. The same holds for 
the particle restitution coefficient ew. 
 
• Approaches to implement whole particle size distributions (or solving for multiple 
particle diameters) are currently being developed at the LCT (and is for example 
available in FLUENT). This should allow more realistic simulations of particle 
segregation and agglomeration effects. Solving multiple sets of Navier-Stokes 
equations however will increases drastically the calculation time, which is already a 
point of interest for FLOW-MER.  
 
• FLOW-MER is a conventional in-house C+-program, provided with a separate grid 
building program in C+ and initiated by a C+-input data file. Questions should be 
raised whether the current model code available at the LCT, could not be linked with a 
commercial grid generation program and with commercial solvers, making it more 
efficient, faster, more flexible and more user-friendly. The time needed for data 
transfer between files in the current code represents a significant portion of the total 
calculation time.  
 
• Li and Kwauk (2003) revealed a significant dependence of the drag coefficient on 
structural changes: local structures lead to a decrease in drag. They stated that the 
dependence of the drag coefficient on local densifications could not be appropriately 
quantified by using the average approach for drag coefficient calculations (simple 
particle drag model). Also, Qi et al. (2000) reported that particles which are fed in a 
riser are elutriated immediately and that the simulated flow became rather dilute if the 
drag correlation derived from the Ergun equation was employed. Consequently, in the 
case of heterogeneous gas-solids flow, the validity of the Wen and Yu/Ergun drag 
correlations, used by FLOW-MER and others (De Wilde et al., 2000), remains 
questionable (Yang et al, 2003). In order to accurately calculate the acceleration 
lengths in risers and taking into account the inlet effects, the simulation codes should 
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The development of a new riser technology for the oxidation of o-xylene into phthalic 
anhydride does not only require a detailed description of the kinetics (TAP, plugflow reactor), 
but it also needed to include a hydrodynamic study of the flow phenomena including the 
determination of the fluidization properties and attrition sensitivity of the new catalyst. A 
complete hydrodynamic model can be used for calculating the flow field in the riser. 
Numerically solving these equations in 3D, yield the velocity and concentration profiles for 
gas and solid phases both in axial and radial directions. TAP and plug flow experiments give 
good information about intrinsic kinetics; however they apply to completely different flow 
regimes than those seen in the commercial reactors. Both aspects (kinetics study and 
hydrodynamics study) are split into two parts, on one hand for practical reasons, on the other 
hand because the mutual interaction/influence between kinetics and hydrodynamics can be 
neglected. The hydrodynamic research (experiments and simulations), however reveals some 
interesting aspects focusing on future design of a new reactor technology for the oxidation of 
o-xylene into phthalic anhydride: 
 
1) Based on previous calculations it turns out that Zirconia carrier particles, used for the 
development of the new catalyst, (sROLGGHQVLW\ s=3800 kg/m³ and particle size dp = 425 -
600 µm) are situated on the Geldart B/D boundary. With this kind of solids, bubbles 
coalesce rapidly and grow to large size (vigorous bubbling, exploding bubbles and erratic 
behavior). The beds spout easily. Deep beds of these particles are difficult to fluidize it 
means an enormous amount of gas is needed to fluidize the solids, often far more than 
required for the physical and chemical operation. For gas velocities higher than ten times 
the minimum fluidization velocity, the following fluidization regimes for Zirconia 
particles are to be expected in the riser: in order of appearance, when gas velocity 
increases: spouting bed, churning bed, fast fluidized bed and pneumatic transport regime. 
Gas flow rates at which these regimes occur are quite high.  
 
2) Due to their favorable properties regarding fluidizability, most processes only make use of 
Geldart A (aeratable) or Geldart B (bubbling) powders. To transfer the Zirconia carrier 
SDUWLFOHVVROLGGHQVLW\ s=3800 kg/m³ and particle size dp = 425-600 µm) into A or B type 
powders one can either further decrease the particle diameter (difficult due to the 
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sputtering process, but though desired) or decrease the solid density (use other material). 
Small and low density particles with high abrasion resistance in combination with a 
reduction of the electrostatic effects are to be preferred. A small reduction in particle 
diameter from 600 to smaller than 250 µm should be capable to convert Zirconia particles 
from type B/D to type B particles which enables the use of this new catalyst in the new 
transport bed technology and consequently increases the selectivity and production 
capacity by avoiding the explosion limits of the o-xylene/air mixture.  
 
3) On the other hand, when the catalyst is subjected to controlled conditions of attrition, as in 
riser reactors, an amount of fines can be formed due to mutual particle collisions and 
particles collisions with the wall. Generation of fines causes loss of the catalyst in the 
cyclones, dust formation and catalyst breakage ad environmental issues. Commercial 
catalysts (i.e. impregnated catalyst) show insufficient attrition resistance of the active 
layer (V2O5/TiO2). A solution to this problem is proposed by Dupont, namely to cover the 
particle with an abrasion resistant coating. This coating however induces diffusion 
limitations, which will cause lower selectivity and lower production capacity. An 
alternative solution is sputtering the active layer on the catalyst carrier (in this case 
Zirconia) by means of DC magnetron sputtering.  The propensity of the Zirconia particles 
to produce fines during its transport, its handling or its use is seen to be very low (2 wt% 
as an upper limit). The particles are very hard and they show a high impact resistance.  
 
4) The preferred in- and outlet geometries (see Chapters 4-5-6) depends on the application. 
In pneumatic conveying systems for example, one is looking for low pressure drop 
solutions with bends trying to reduce compressor costs as much as possible. A small bend 
radius hereby gives higher pressure drops as compared to long radius bends and may also 
cause severe erosion of the pipe wall and attrition of the solids (especially near the outer 
wall). Therefore, long radius bends should be used in transport lines. Despite higher 
pressure drops, right angled exits (T/L type) however are specifically designed for riser 
reactors operated in the fast fluidized regime: the particles form a cushion, hereby 
reducing dramatically the erosion of the pipe (reactor tube) and the particles (catalyst 
attrition producing fines). The sacrifice to solve the erosion problem with T-outlets is an 
increase of pressure drop, impacting (increasing) on the compressor costs. As shown in 
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the Chapter 7, right angled outlet geometries on the other hand induce backmixing. 
Recirculation of solids (and gas) is desired in slow reaction applications like coal 
combustion units (backmixing increases residence time, yielding higher efficiencies), 
explaining why these reactors almost exclusively make use of T-type outlet geometries. 
For fast reaction applications (e.g. FCC), backmixing impacts dramatically on the product 
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&ROGIORZthe project consists of hydrodynamic and not kinetic research: itsuffices to blow 
sand or catalyst (or any other kind of particle) through a (plexi)glass set-up. Both aspects 
(kinetics study and hydrodynamics study) are split into two parts, on the one hand for 
practical reasons, on the other hand because the mutual interaction/influence between kinetics 
and hydrodynamics can be neglected.  

&RLQFLGHQWQRQFRLQFLGHQW Each pair of laser beams measures in its measurement volume 1 
velocity component. The measurements volumes do not necessarily coincidence in exact the 
same locations (due to bad alignments, refractory effects, etc…). In coincident measurements 
all measurement volumes are focused in the same point, and all velocity components belong 
to the same instantaneous particle signal. In non-coincident measurements, each signal is 
validated separately, not always yielding the velocity components of the same particle.

&RUHDQQXOXV IORZ the gas-solid flow pattern in the riser follows a core-annular structure, 
especially at lower gas velocities (< 4 m/s). The core is situated in the center of the riser 
where the majority of the gas flows and the solids fraction is low(er). The annulus is formed 
near the wall with a considerably higher solid fraction and, hence, a lower, sometimes even 
downwards oriented solids velocity. 
 
&\FORQHgas-solid (or liquid) separator in which phases are separated by means of centrifugal 
force. Particles (or droplets) are whirling around in a cylindrical chamber provided with a 
tangential inlet and falling down into a bottom cone where they are collected. 
 
'LSOHJ vertical or angled pipe (overflow pipes, downcomers) that transports (returns) 
particles from one equipment to another (e.g. cyclone outlet towards fluidized bed), providing 
a pressure seal against the back pressure generated. The outlet may be located in the freeboard 
or immersed in the dense bed. 
 
(XOHULDQ(XOHULDQ((DSSURDFK two fluid approach, considering both the gas phase and 
the solid phase as continuum phases and in contrast with the Eulerian-Lagrangian (E-L) 
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approach, where each particle in the solid phase is modeled by its appropriate equation of 
motion. 

)OXLG&DWDO\WLF&UDFNLQJ)&& catalytic process in which heavy oil fractions are cracked 
to lighter, more valuable hydrocarbons. The essential is a two unit assembly: a riser at +/- 500 
°C where vaporized petroleum is cracked on hot catalyst particles. These particles are 
transported to the regenerator 580°C, where carbon deposits are reduced by burning with air. 
These heated particles are returned back towards the riser.  

)OXLGL]DWLRQProcess in which (catalyst) particles are transformed in a fluid like state through 
contact with upward flowing gas or liquid. Different forms of gas-solid contacting and flows 
occur depending on the upward flow rates of the gas or liquid (in order of increasing gas 
velocity): fixed bed, moving bed, stick-slip flow, dense bed, fast fluidized bed up and 
pneumatic conveying. In high velocity fluidization processes, catalysts are brought into and 
removed from one reactor, being regenerated in another reactor and returned into the first 
reactor; hence a continuous circulation of the solids between vessels is present. This type of 
circulation system is referred to as circulating fluidized bed (CFB) reactors. The recovery of 
solid particles is usually carried out with cyclones. 

.LQHWLF7KHRU\ RI*UDQXODU )ORZ .7*) a number of kinetic theories based upon the 
approaches used in the kinetic theory of dense gases were developed for the rapid flows of 
granular materials, based on the analogy of particle collisions in suspensions and molecular 
collisions in the kinetic theory of gases. The kinetic theory approach for granular flow allows 
the determination of a solid pressure, granular temperature and viscosity of the solids in place 
of empirical relations.  
 
/DVHU'RSSOHU$QHPRPHWU\/'$ When a particle passes through the intersection volume 
formed by the two coherent laser beams, the scattered light, received by a detector, has 
components originating from both beams. These components interfere on the surface of a 
detector. A pattern of bright and dark stripes/planes interference fringes is then formed as the 
two scattered beams overlap. Flow velocity information originates from the light scattered by 
the particles carried by the fluid as they move through the measuring volume. The scattered 
light contains a Doppler shift, the Doppler frequency, which is proportional to the velocity 
component perpendicular to the bisector of the two laser beams. 
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0DOYHUQ3DUWLFOH6L]HU also see PDA. During a laser diffraction measurement, particles pass 
through a focused laser beam. These particles scatter light at an angle that is inversely 
proportional to their size. The angular intensity of the scattered light is hereby measured by a 
series of photosensitive detectors. 
 
3KDVH 'RSSOHU $QHPRPHWU\ 3'$ See LDA. By using an extended receiving optical 
system with two or more photodetectors (instead of one with LDA), it is possible to measure 
velocity and particle size simultaneously. The phase difference between Doppler signals 
observed by two photodetectors is related linearly to the particle size. Infact, this is the same 
mechanism used in a Malvern Particle sizer. 
 
5LVHUVertical pipe in which solid particles or liquid droplets (or slurry) are transformed in a 
fluid like state through contact with upward flowing gas or liquid. When the velocity is high 
enough (> terminal velocity of the particle/droplet), particles are hereby transported in upward 
direction. 

62   DQG12  $GVRUSWLRQ3URFHVV61$3 developed by the Danish company FLS-Miljö, 
aims at the reduction of secondary waste streams by cleaning the flue gases of modern power 
plants by adsorption of SO2 and NOx on a solid adsorbent. The essential is a two unit 
assembly like FCC (riser/regenerator concept) in which the riser is referenced as GSA (Gas 
Suspension Adsober). 

6WDQGSLSHvertical or angled pipe that transports particles from one fluidized bed to another. 
One distinguished overflow and underflow standpipes. 

6ZLUODQG9RUWH[PHWHU When a flowing fluid meets an obstruction, pressure variations are 
created in the fluid, which cause eddies to shed at the obstruction. The turbulent eddies are 
formed in the fluid at a geometrically defined obstruction (Vortex and Swirl bodies) whose 
frequency is measured by a sensor. The flow rate of liquids, gases and steam is hereby 
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The pressure drop over the riser a-b-c-d
The pressure drop over the riser is calculated as follows 
Pressure gradient  = Archimedes (s+g) + Gravity  (s+g) + Friction (s+g) contribution  
 
∆Priser   = ∆Pacc,s + Pacc,g +∆Pfriction,s+∆Pfriction,g +∆Pgrav,s +∆Pgrav,g 
 
with   vs = vg - ut   
  
∆Pacc,s = Ws .vs = εs.vs.ρs.vs  
∆Pacc,g = Wg.vg = negligible  
∆Pfriction,s = '



















ρ=  with vsg=vg.εg 
∆Pgravity,s = εs. ρs . g . Hriser  
∆Pgravity,g = εg . ρg . g . Hriser  
 
Pressure drop over the riser in the pneumatic conveying regime 
For flow in the pneumatic transport regime (10-15 m/s), the pressure drop is calculated by 
means of a pneumatic transport model, taking into account an average overall solids fraction 
(Table 2.26).  
 
Table 2.26: Pressure drop over the riser in the pneumatic conveying regime 
Gravity, Geldart A 
dp  (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 895.2 1696.3 2497.3 3298.4 294.4 494.7 694.9 
11 822.3 1549.1 2276.0 3002.9 277.1 458.8 640.6 
12 761.6 1426.9 2092.1 2757.4 262.7 429.0 595.3 
13 710.4 1323.6 1936.9 2550.2 250.4 403.7 557.1 
14 666.5 1235.3 1804.1 2373.0 239.9 382.1 524.3 
	
 $ 		ﬀﬁ 
__________________________________________________________________________________________ 
$ 
15 628.5 1158.9 1689.3 2219.7 230.7 363.3 495.9 
 
Friction, Geldart A 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 551.4 1002.3 1453.2 1904.1 213.2 325.9 438.6 
11 569.5 1020.4 1471.3 1922.1 231.4 344.1 456.8 
12 589.0 1039.8 1490.6 1941.5 250.9 363.6 476.3 
13 609.8 1060.5 1511.3 1962.0 271.7 384.4 497.1 
14 631.7 1082.5 1533.2 1983.9 293.7 406.4 519.1 
15 654.9 1105.6 1556.3 2006.9 316.9 429.6 542.3 
 
Gravity Geldart B 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 1049.0 1996.6 2944.1 3891.7 338.3 575.2 812.1 
11 946.9 1792.3 2637.7 3483.2 312.8 524.1 735.5 
12 864.6 1627.8 2391.0 3154.2 292.2 483.0 673.8 
13 796.9 1492.4 2188.0 2883.5 275.3 449.2 623.0 
14 740.3 1379.1 2018.0 2656.9 261.1 420.8 580.6 
15 692.2 1282.9 1873.7 2464.4 249.1 396.8 544.5 
 
Friction Geldart B 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 551.6 1002.8 1454.0 1905.2 213.2 326.0 438.8 
11 569.9 1021.0 1472.2 1923.3 231.5 344.3 457.1 
12 589.4 1040.5 1491.6 1942.8 251.0 363.8 476.6 
13 610.1 1061.2 1512.4 1963.5 271.8 384.6 497.3 
14 632.1 1083.2 1534.3 1985.4 293.8 406.6 519.3 
15 655.3 1106.4 1557.5 2008.5 317.0 429.8 542.6 
 
ﬂﬃ ﬃ!" # $&%('*) ﬂ
 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 1108.9 2088.6 3068.3 4048.0 374.2 619.1 864.0 
11 1236.1 2315.8 3395.5 4475.2 426.3 696.2 966.2 
12 1365.8 2545.5 3725.2 4904.9 481.0 776.0 1070. 
13 1498.1 2777.8 4057.5 5337.2 538.4 858.3 1178.2 
14 1633.0 3012.7 4392.4 5772.1 598.3 943.2 1288.1 
15 1770.5 3250.2 4729.9 6209.6 660.8 1030.7 1400.6 
 
ﬂﬃ ﬃ!" # $&%('*)&+
 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 957.0 1784.9 2612.7 3440.5 336.23 543.1 750.1 
11 1084.2 2012.0 2939.8 3867.7 388.38 620.3 852.2 
12 1213.9 2241.8 3269.6 4297.4 443.1 700.0 957.0 
13 1346.3 2474.1 3601.9 4729.7 500.4 782.3 1064.3 
14 1481.2 2709.0 3936.8 5164.6 560.3 867.2 1174.2 
15 1618.6 2946.5 4274.3 5602.1 622.8 954.7 1286.7 
 
Geldart A Total 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 2555.6 4787.3 7018.9 9250.6 881.8 1439.7 1997.7 
11 2628.0 4885.4 7142.9 9400.3 934.9 1499.3 2063.6 
12 2716.6 5012.3 7308.1 9603.8 994.7 1568.7 2142.6 
	




13 2818.4 5162.1 7505.8 9849.5 1060.6 1646.5 2232.4 
14 2931.4 5330.6 7729.8 10129.1 1132.0 1731.8 2331.6 
15 3054.1 5514.8 7975.6 10436.3 1208.5 1823.7 2438.9 
 
Geldart B total 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
10 2557.8 4784.3 7010.9 9237.5 887.8 1444.5 2001.1 
11 2601.0 4825.4 7049.9 9274.3 932.7 1488.8 2044.9 
12 2668.0 4910.1 7152.3 9394.4 986.4 1546.9 2107.4 
13 2753.4 5027.9 7302.3 9576.8 1047.6 1616.2 2184.8 
14 2853.7 5171.4 7489.2 9807.0 1115.3 1694.8 2274.2 
15 2966.3 5335.9 7705.5 10075.2 1189.0 1781.4 2373.8 
 
 
Pressure drop over the riser  in the fast fluidization regime 
For flow in the fast fluidization regime, which applies to fine particle where Uo =2-10 m/s, the 
free-board entrainment model can be used directly to calculate the vertical distribution of εs 
and the gravity pressure drop. When gas velocities are higher than the transport velocity, the 
axial voidage profile is found to have a typical profile described by a simple exponential 
decay function (see riser) starting in the lower section of the riser, eventually reaching a 
constant value in the upper section of the riser where the flow becomes fully developed. The 
length of the acceleration zone was already calculated (see riser). 
  
Dilute zone (upper riser section) (H: 0 Æ Lacc) 
$FFHOHUDWLRQ
Gravity : ∆Pgrav,s,dilutezone = εs,dilute. ρs . g . (Hriser - Hacc) 
  ∆Pgrav,g,dilutezone = εg,dilute . ρg . g . (Hriser - Hacc) 
 
Geldart A (εs,dilute max 0.02%) 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 0 0 0 0 532.4 207.5 0 
5 396.6 9.4 0 0 946.1 705.8 533.8 
6 778.7 472.4 260.2 93.3 1209.2 1022.0 886.95 
7 1040. 789.5 615.2 477.9 1390.0 1238.9 1128.9 
8 1230.2 1019.0 872.0 756.1 1521.4 1396.1 1304.2 
9 1373.2 1192.1 1065.7 965.9 1620.8 1514.7 1436.5 
10 1484.6 1326.7 1216.3 1129.1 1698.4 1607.3 1539.5 
11 1573.5 1434.2 1336.6 1259.3 1760.6 1681.2 1621.8 
12 1646.0 1521.8 1434.5 1365.4 1811.5 1741.6 1689.0 
13 1706.1 1594.4 1515.7 1453.4 1853.8 1791.7 1744.6 
14 1756.7 1655.5 1584.0 1527.3 1889.5 1833.9 1791.5 




 $ 		ﬀﬁ 
__________________________________________________________________________________________ 
$ 
Geldart B (εs,dilute max 0.01%) 
 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 1346.8 1175.3 1057.2 964.45 1592.7 1484.5 1407.8 
5 1547.5 1418.5 1329.5 1259.5 1730.4 1650.4 1593.1 
6 1674.7 1572.7 1502.0 1446.5 1818.0 1755.7 1710.7 
7 1761.9 1678.3 1620.2 1574.5 1878.2 1827.9 1791.3 
8 1825.0 1754.7 1705.7 1667.2 1921.9 1880.2 1849.6 
9 1872.6 1812.3 1770.2 1737.0 1955.0 1919.7 1893.7 
10 1909.7 1857.1 1820.4 1791.3 1980.9 1950.5 1928.0 
11 1939.3 1892.9 1860.4 1834.7 2001.6 1975.2 1955.4 
12 1963.4 1922.1 1893.0 1870.0 2018.5 1995.2 1977.7 
13 1983.5 1946.3 1920.1 1899.3 2032.6 2011.9 1996.3 
14 2000.3 1966.6 1942.8 1923.9 2044.5 2026.0 2011.9 
15 2014.7 1983.9 1962.2 1944.9 2054.7 2038.0 2025.2 
 
 
Friction ∆Pfriction,s,dilutezone = '








  ∆Pfrction,g,dilutezone= '











Geldart A (εs,dilute max 0.02%) 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 0 0 0 0 115.8 45.1 0 
5 109.8 2.62 0 0 261.9 195.4 147.8 
6 262.2 159.0 87.6 31.4 407.1 344.1 298.6 
7 413.3 313.6 244.3 189.8 552.1 492.0 448.4 
8 563.8 467.0 399.6 346.5 697.2 639.8 597.7 
9 714.1 619.9 554.1 502.2 842.8 787.7 747.0 
10 864.4 772.5 708.2 657.4 988.9 935.9 896.4 
11 1015.1 925.2 862.2 812.4 1135.8 1084.6 1046.3 
12 1166.2 1078.2 1016.4 967.4 1283.4 1233.9 1196.6 
13 1317.9 1231.6 1170.8 1122.6 1431.9 1384.0 1347.6 
14 1470.2 1385.5 1325.7 1278.2 1581.3 1534.8 1499.3 
15 1623.2 1540.0 1481.0 1434.3 1731.7 1686.4 1651.8 
20 2400.3 2323.0 2267.7 2223.6 2497.7 2457.7 2426.4 
        
 
Geldart B (εs,dilute max 0.01%) 
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 180.8 157.7 141.9 129.4 213.8 199.2 188.9 
5 299.4 274.5 257.3 243.7 334.8 319.4 308.3 
6 424.5 398.7 380.8 366.7 460.9 445.1 433.7 
7 553.6 527.3 509.1 494.7 590.1 574.3 562.8 
8 685.3 658.9 640.5 626.1 721.7 706.1 694.6 
9 819.3 792.9 774.5 759.9 855.3 839.9 828.5 
10 955.0 928.7 910.3 895.8 990.6 975.4 964.1 
11 1092.3 1066.2 1047.9 1033.4 1127.4 1112.5 1101.4 
12 1231.1 1205.2 1187.0 1172.6 1265.7 1251.1 1240.1 
	




13 1371.3 1345.6 1327.5 1313.1 1405.3 1391.0 1380.2 
14 1512.8 1487.3 1469.3 1455.0 1546.2 1532.2 1521.5 
15 1655.5 1630.2 1612.4 1598.2 1688.4 1674.6 1664.1 
20 2386.7 2362.5 2345.3 2331.5 2417.0 2404.6 2394.8 
 
 
Dense zone (lower riser section) (H: LaccÆ top) 
 




dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 400.3 780.0 1159.7 1539.4 115.6 210.5 305.4 
5 512.0 991.7 1471.4 1951.1 152.2 272.1 392.0 
6 626.2 1205.9 1785.6 2365.3 191.4 336.3 481.3 
7 743.0 1422.7 2102.4 2782.1 233.2 403.1 573.1 
8 862.4 1642.1 2421.8 3201.5 277.6 472.5 667.5 
9 984.4 1864.1 2743.8 3623.5 324.6 544.5 764.4 
10 1108.9 2088.6 3068.3 4048.0 374.2 619.1 864.0 
11 1236.1 2315.8 3395.5 4475.2 426.3 696.2 966.2 
12 1365.8 2545.5 3725.2 4904.9 481.0 776.0 1070.9 
13 1498.1 2777.8 4057.5 5337.2 538.4 858.3 1178.2 
14 1633.0 3012.7 4392.4 5772.1 598.3 943.2 1288.1 
15 1770.5 3250.2 4729.9 6209.6 660.8 1030.7 1400.6 
20 2496.8 4476.5 6456.2 8435.9 1012.0 1506.9 2001.8 
!",# $&%('*)&+
dp (Pa) Gs (kg/m²/s)       
Ug (m/s) 100 200 300 400 25 50 75 
4 248.5 476.3 704.1 931.9 77.6 134.5 191.5 
5 360.1 687.9 1015.7 1343.5 114.2 196.2 278.1 
6 474.3 902.1 1329.9 1757.8 153.4 260.4 367.4 
7 591.1 1118.9 1646.8 2174.6 195.3 327.2 459.2 
8 710.5 1338.3 1966.1 2594.0 239.6 396.6 553.6 
9 832.5 1560.3 2288.1 3015.9 286.6 468.6 650.5 
10 957.0 1784.9 2612.7 3440.5 336.2 543.1 750.1 
11 1084.2 2012.0 2939.8 3867.7 388.3 620.3 852.2 
12 1213.9 2241.8 3269.6 4297.4 443.1 700.0 957.0 
13 1346.3 2474.1 3601.9 4729.7 500.4 782.3 1064.3 
14 1481.2 2709.0 3936.8 5164.6 560.3 867.2 1174.2 
15 1618.6 2946.5 4274.3 5602.1 622.8 954.7 1286.7 


































Geldart A (0.4) 
 
!",# $&%('*) ﬂ
epssbAgravtot Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 2964.5 5031.0 6992.8 8912.2 
5 2504.5 4193.4 5776.8 7317.5 
6 2189.8 3631.6 4967.3 6260.2 
7 1958.2 3225.8 4386.8 5504.8 
8 1778.8 2917.1 3948.3 4936.3 
9 1634.7 2673.2 3604.1 4491.8 
10 1515.7 2474.7 3326.0 4133.8 
11 1415.0 2309.5 3095.9 3838.6 
12 1328.5 2169.3 2901.8 3590.6 



























epssbBgravtot Gs (kg/m²/s)    
Ug (m/s) 100 200 300 400 
4 9068.9 13480.5 17273.0 20825.0 
5 7677.1 11197.4 14083.2 16722.6 
6 6794.6 9850.7 12259.4 14416.7 
7 6153.0 8927.6 11043.8 12904.2 
8 5649.1 8236.8 10156.3 11816.3 
9 5233.8 7689.5 9468.5 10984.5 
10 4879.9 7238.5 8912.4 10320.3 
11 4571.2 6855.8 8448.5 9772.5 
12 4297.0 6524.0 8052.4 9309.4 
20 2778.7 4801.2 6084.7 7081.2 
 
	






Total pressure drop for Zone I en II (gravity in zone I and II, acceleration in zone II, friction 
in zone I) 
 
Table 2.27: Pressure drop over the riser for the fast fluidization regime 
 
Geldart A  
  
 Gs (kg/m²/s)    
Ug (m/s) 100 
 
200 300 400 
4 3364.9 5811.1 8152.5 10451.7 
5 3126.4 5187.8 7248.2 9268.7 
6 3078.3 4996.7 6840.6 8656.9 
7 3114.6 4962.2 6733.6 8476.7 
8 3205.1 5026.3 6769.8 8484.4 
9 3333.3 5157.2 6902.1 8617.6 
10 3489.1 5336.0 7102.6 8839.3 
11 3666.3 5550.6 7353.7 9126.3 
12 3860.6 5793.2 7643.5 9463.1 
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Geldart B  
  
 Gs (kg/m²/s)    
Ug (m/s) 100 
 
200 300 400 
4 9498.2 14114.6 18119.1 21886.5 
5 8336.7 12159.9 15356.3 18309.9 
6 7693.6 11151.6 13970.2 16541.2 
7 7297.8 10573.9 13199.7 15573.5 
8 7045.1 10234.1 12763.1 15036.4 
9 6885.6 10042.8 12531.1 14760.4 
10 6792.0 9952.2 12435.5 14656.7 
11 6747.8 9934.2 12436.4 14673.6 
12 6742.1 9971.0 12509.0 14779.4 





















The pressure drop over the cyclones e-f 









 with  Ai   = HE . LE  for a rectangular tangential inlet   
 
Resulting in the following calculated pressure drops over the riser cyclones (Table 2.28a,b). 
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Table 2.28a: Pressure drop over the riser cyclones 
Primary and secondary cyclone (dp = Pa) 
Vg30 Vg22.5 Vg15 dP30 dP22.5 dP15 (riser) 
3.5 6.7 15.0 78.5 267.1 1345.1 
4.3 8.3 18.7 122.6 417.3 2101.8 
5.2 10.0 22.5 176.6 601.0 3026.6 
6.1 11.7 26.2 240.4 818.0 4119.5 
7.0 13.4 30.0 314.0 1068.4 5380.6 
7.8 15.0 33.7 397.4 1352.3 6809.8 
8.7 16.7 37.5 490.6 1669.5 8407.2 
9.6 18.4 41.2 593.7 2020.1 10172.7 
10.5 20.1 45.0 706.6 2404.1 12106.4 
11.3 21.7 48.7 829.2 2821.4 14208.2 
12.2 23.4 52.5 961.7 3272.2 16478.1 
13.1 25.1 56.2 1104.0 3756.4 18916.2 
 
 
Table 2.28b: Pressure drop over the riser cyclones - summary 
 '3 R3SR T U&U&VW XZY V PVLQULVHU '3 R,SR,T U&U&VW X6[&\ PVLQULVHU
Primary cyclone (30 cm ID) 78 Pa 1104 Pa 
Secondary cyclone (22.5 cm ID) 267 Pa 3756 Pa 
Regenerator cyclone (15 cm ID) 
(rejected in the design) 
1345 Pa 18916 Pa 
 
 
and resulting in the following calculated pressure drop over the fluidized bed cyclone (Table 
2.29) 
 
Table 2.29: Pressure drop over the fluidized bed cyclone 
Regenerator cyclone (dp = Pa) 

















The pressure drop over the solids circulation controle device pa-j-a 





















    with  Adis 
4
.2tan pic dEe dgfh' 
 
Resulting in the following calculated pressure drops (Table 2.30). 
 




ID standpipe (m) Gs (kg/m²/s) 100 200 300 400 
0.4 0.07 DPslide-valve 1400 474 1897 4269 7589 
0.4 0.08 DPslide-valve 1400 278 1112 2502 4449 
0.3 0.07 DPslide-valve 1400 843 3373 7589 13492 





ID standpipe (m) Gs (kg/m²/s) 100 200 300 400 
0.4 0.07 dPslide-valve 2650 173 691 1555 2765 
0.4 0.08 dPslide-valve 2650 101 405 912 1621 
0.3 0.07 dPslide-valve 2650 307 1229 2765 4916 
0.3 0.08 dPslide-valve 2650 180 720 1621 2881 
 
 
Consequently, a pressure drop of typically 2000-4000 Pa should be taken into account for 30-
40% openings. 
 
Total pressure drop that should be balanced by the regenerator/standpipe  
The total pressure drop that should be balanced by the recirculation loop is given by addition 
of all individual pressure drops in all components riser, cyclones and solids control valve 
(Table 2.31). 
 
Table 2.31: Total pressure drop that should be balanced by the regenerator/standpipe 
Geldart A 
 Gs (kg/m²/s)    
Ug (m/s) 100 
 
200 300 400 
4 4204.5 8133.8 12947.2 18706.3 
5 4160.4 7704.8 12237.3 17717.7 
6 4350.0 7751.3 12067.3 17343.6 
ijjklmno $ jpkqqrpkstﬀtﬁj 
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7 4667.1 7997.7 12241.1 17444.2 
8 5081.7 8385.8 12601.4 17775.9 
9 5577.1 8884.0 13100.9 18276.4 
10 6143.3 9473.2 13711.9 18908.5 
11 6774.2 10141.5 14416.5 19649.2 
12 7465.3 10880.9 15203.3 20482.8 
 
Geldart B 
 Gs (kg/m²/s)    
Ug (m/s) 100 
 
200 300 400 
4 10023.8 15180.2 20085.7 25113.1 
5 9056.8 13419.9 17517.3 21731.0 
6 8651.3 12649.3 16368.9 20199.9 
7 8536.3 12352.4 15879.2 19513.1 
8 8607.6 12336.7 15766.6 19300.0 
9 8815.4 12512.6 15901.9 19391.2 
10 9132.3 12832.4 16216.7 19697.9 
11 9541.7 13268.0 16671.2 20168.5 
12 10032.9 13801.8 17240.7 20771.1 
20 11341.2 15707.4 19702.4 23772.9 
 
 
This head should be supplied by the pressure loop (fluidized bed and standpipe), mainly 
driven through gravity. 
 
The pressure drop over the CFB loop (fluidized bed with standpipe) line f-g-h-i 
Pressure drop over the fluidized bed 

∆Pregenerator,max = εs,mf . ρs . g . Hmf, reg = (1-εmf) . ρs . g . Hmf,reg 
 
Pressure drop over the standpipe 

∆Pstandpipe = εs,fl . ρs . g . Hfl, standpipe = (1-εfl) . ρs . g . Hfl, standpipe
 
yielding the fluidization height (fluidized bed with standpipe) necessary to maintain the CFB 
recirculation loop (results are given already in the section on the determination of the 
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9 Safety glasses  
 
  -  Laser glasses (4W laser power) 
 
      or -  Regular safety glasses 
 
9 Safety helmet 
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1. Open water-tap: 4W-laser cooling water (15kW external cooling !) 
2. Open water-tap: water supply steam generator 
3. Plug in the 380V-plug (red): electricity supply LDA system   
4. Switch on the power supply (hoofdschakelaar 1) 
5. Plug in the 220V-plug BSA processor 
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7. Switch on BSA-processor 
 
 
   
 






9. Switch power supply for tracing 
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10. Switch on tracing steam line (1x) and tracing riser (3x) (make sure that the 
current does not exceed 2A!). Thermocouples readings by switching the 
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12. Switch on main power supply of the elevator control panel (make sure that 
selector hand-auto (manually-automatic) is set to “auto” and that door black-




9 Switch on the elevator control panel by pushing 
“aan”(on). 
9 “Home” elevator system by pushing “1 pos” or “10 pos” 
(the elevator will automatically move to home position 
(=zero position of control unit = +/- 1.5m above ground 
level). The elevator will first move towards the bottom 
switch (string 1301-11=–995mm = 0.5m above ground 
level) and then go back up towards zero position (1.5m 
above ground level). Homing is finished when elevator 
stops. 
9 After homing, pushing “1 pos” will at any time return the 
elevator to its lowest position (bottom switch, -0.5m 
above ground level and programmed in string 1301-10=-
995mm). Pushing “10 pos” will successively move the 
elevator to 10 programmed positions between the bottom 
switch and top switch (programmed in strings 1301-1 to 
1301-10: at the moment: -166, 666, 1500, 2333, 3166, 
4000, 4833, 5666, 6500, -995mm ) within a programmed 
 
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time interval  (programmed in strings 1305-1 to 1305-10, 
at the moment time interval is 0s).  
9 After homing (always in auto!): “auto” or “hand 
(manual)” operation can be chosen. In the case of manual 
operation, one can use the buttons “stijgen” (up) and 
“dalen” (down). Position of the elevator can be checked at 
any time in string 1220-03. Acceleration of the elevator 
can be changed in string 1243-00 (25% now, changes not 
recommended).  
All changes in programs can be changed and changes can 
be made permanent by switching the string 0003-00 from 
0 to 1.  
9 Note: One can view all strings by pushing PRG and using 
the upper and lower arrow keys. Moving the cursor 
horizontally is possible by using the left and right arrow 
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13. Switch on steam generator (pomp+weerstand switch 2+main power supply). 
Make sure that manual valve (*) is open and that “stoominjectie” (main 
control panel “x”) is still closed. Wait until manometer indicates 6 bar of 
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14. In the compressor room: open red valve (= manual shutter valve).. Switch 
on compressor (pushing 1 on the compressor control panel). The compressor 
will start automatically. (pressure programmed at the moment = 4 bar). 
Check filters (pressure drop). Changes to compressor settings are not 
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15. Open air supply valve (millisec valve), green button 1 (main control panel). 
Aeration taps will start aerating automatically, see valve 5 in n° 17 (set by 
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16. Open air supply regenerator by opening valve 2  
 
17. Open air supply riser by opening valve 1. Flow rate can be checked with 
flowmeter located near riser inlet (debiet riser). Main air supply for aeration 
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18. Open steam injection (stoominjectie) by pushing the green button 2 (on  
main control panel). Values for rel. humidity can be set on the LCD screen 
(green numbers) by pushing >> or <<. The resulting measured humidities 
(PID conroller, steaminjection valve) can be checked at the same LCD 
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20. LDA system: details in LDA-manual 
 
9 start-up BSA-software (PC) 
9 connect to processor in LDA software (mouse right click), (i) 
9 connect to traversing unit in LDA software (mouse right click), (ii) 
9 “home” traversing unit to zero position  (via traversing dialogue (right 
click mouse) Æ “home”) (ii) 
9 set local measurement positions , (iii) 
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9 position elevator system (see n° 12) 
9 start-up laser (remote control) 
9 open shutters (2:1D, 4:2D or 6:3D)  
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21. Check points 
 
9 Humidity of air in riser (A) 
9 Diaphragm in dipleg secondary riser cyclone  (obstructions) (B) 
9 Diaphragm in dipleg regenerator cyclone (obstructions) (C) 
9 Anode current during LDA-system (D) 
9 Pressure riser inlet (choking) (E) 
9 Pressure regenerator inlet (dP and state of distribution plate) (F) 
9 Manometer Steam generator (G) 
9 Horizontal connector T-outlet (obstructions) (H) 
9 Laser Power (during LDA measurement) (I) 
9 Water supply (cooling and steam) (J) 
9 Flow meters riser/regenerator (K) 
9 Tracing temperature (see n° 10, selector unit) 
9 Pressure cyclones (L) 
9 Bag filter (M) 
9 Pressure / Temperature alarms (N) 
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22. to 24. Remarks 
 
9 Solids flux can be measured with a shutter valve (open/close on 





9 CCD-camera is available in the black-box to trace the pathways of 
the laser beams, to assist alignment of the laser beams, to check for 
obstructions near the measurement zone, to locate the grounding 
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9 Flow detectors are installed near the outlet of the riser/regenerator 
(figure left). At the moment these detectors are put in short circuit. 
Consequently, the flow indicators on the main control panel (figure 




9 Alternative solids (glass beads, silica sand, FCCU-E catalyst) can 
be introduced in the regenerator by using hopper (24) and opening 
ball valve 24a (top regenerator). Solids can be taken out the 
regenerator by using ball valve 24c (bottom regenerator). An 
alternative (recommended) is removing the metal part of the 
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25. Final remarks 
 
• Regenerator : state of distribution plate 
 
After a while (years), the distribution plate in the regenerator 
(porous polyethylene) can be damaged (erosion). In this case, 
particles can enter the air supply chain upstream the distributor 
plate after shut-down, causing extra pressure drop during the next 
start-up (the pressure regulator setting of 600 mbar will fail (=no 
air)). This pressure drop can even become high enough (> 400-600 
mbar) to initialize the alarm and go into safety.  
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• Riser: choking type B 
 
When gas flow rates lower than 70 m³/h are used, solids will not be 
entrained anymore, causing high hold-ups and build-up of pressure 
(>200 mbar). The pressure regulator setting of 200 mbar will fail 
(no air). The pressure drop can also become high enough (> 200 
mbar) to initialize the alarm and go into safety.  
     
 Æ Remove particles from riser in this case (by using one of 




• In both cases, if really necessary, pressure regulators can be 
adjusted or replaced. However higher pressures are not 
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1. Shut down LDA-system (20), shut down laser power 
2. Return elevator to ground position (12), switch “off” 
3. Close diaphragm valve (19) 
4. Stop steam injection (13) (close “stoominjectie” (x), close manual valve 
(*), switch “off” steam generator, switch “off” tracing) 
5. Wait 5-10 minutes and purge the steam remaining in the steam supply 
conduit (Wait until humidity sensor stabilizes to about 20% rel. hum.) 
6. Close air (valve 1 and 2), (16-17) 
7. Switch off (“0”) compressor (14), but keep manual shutter valve open 
8. Reopen air (valve 1) to blow off (purge) air remaining in the compressor 
tank (4 bar Æ +/- 0-0.2 bar). (=till flow in riser drops to below 40 m³/h). 
9. Close air (valve 1), 17  
10. Close manual shutter valve compressor 
11. Switch “off” main air supply (millisec valve, 15), green button 1 (main 


















G. Van engelandt, G. J. Heynderickx* and G.B. Marin 
Laboratory for Petrochemical Engineering, Ghent University, Krijgslaan 281 (S5), B-9000 Gent, Belgium 




















Mean and fluctuating velocities of the dispersed solid phase (FCCU-E catalyst particles, 77 
µm mean volume averaged particle diameter and 1550 kg/m³ solids density), cross moments 
and turbulence spectra are measured (3D and windowed coincident) with high spatial and 
temporal resolution for low solids flux (3 kg/m²/s) and medium air velocities (2.65-7.43 m/s), 
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Figure A.1: Experiments in the cold-flow riser, focus on the fully developed zone in the riser 
(solids flux 3 kg/m²/s) ; Above: Cross-moments (YZ) along the Y axis at 4.36m height, gas 
velocities 2.65, 3.18, 4.24, 5.31, 6.37 and 7.43 m/s; Below: Particle turbulence spectra along 
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Figure A.2 (a): Comparison experiments - simulations in the cold-flow riser, focus on the 
fully developed zone in the riser: time-averaged axial (Z) solids velocity profiles along the Y 
axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, gas velocities 2.65, 3.18, 4.24, 
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Figure A.2 (b): Comparison experiments - simulations in the cold-flow riser, focus on the 
fully developed zone in the riser: time-averaged axial (Z) solids velocity profiles along the Y 
axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, gas velocities 2.65, 3.18, 4.24, 
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Figure A.2 (c): Comparison experiments - simulations in the cold-flow riser, focus on the 
fully developed zone in the riser: time-averaged axial (Z) solids velocity profiles along the Y 
axis at 2.35m, 4.36m and 6.93 m height, solids flux 3 kg/m²/s, gas velocities 2.65, 3.18, 4.24, 
















Eulerian-Eulerian 3D simulations of the gas-solid flow in a 0.1m cylindrical riser (with 
uniform inlet and outlet) for FCCU-E catalyst particles are performed using the “Eulerian 
model” with granular flow option in FLUENT 6.1.22. Simulation results are presented in 
Figure A-2 (a-b-c) for low solid flux (3 kg/m²/s) and medium air velocities (2.65-7.43 m/s) at 
different riser heights (2.35m, 4.36m and 6.93m).  
 
The 3D simulations in the fully developed flow zone of the riser show an overall behaviour 
that is qualitatively and quantitatively in agreement with the experimental observations. 
However, in the core annulus flow regime (2.65m/s to 3.18m/s), solids backmixing (negative 
velocity near the wall) is not calculated. Also in these simulations a uniform inlet was 
calculated and consequently inlet effects are not taken into account (2.35m riser height).   
 
Simulation results for the turbulent kinetic energy of the solids are presented in Figure A.3. It 




The effect of the inlet geometry on the flow pattern in the cold-flow riser is experimentally 
studied in detail for 0.5-3 kg/m²/s solids flux and 5.3-7.4 m/s gas velocity (Figure A.4a-b-e-f-
i-j). The feeding conditions of the solids affect the riser bottom operation and gas-solids 
mixing to a large extent: radial gas-solids mixing is hindered and bypass of the solids by the 
gas occurs. Higher gas velocities (7.43 m/s, Figure A.4i) and/or lower solids fluxes (0.5 
kg/m²/s, Figure A.4j) result in less bypass effects in the XZ plane (more in YZ plane) and in 
an easier entrainment of the solids as compared to Figures A.4a-b. Moreover, local aeration 
(Figure A.4e-f) near the riser injection point results in more uniform mixtures that are injected 
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Figure A.3: Comparison experiments - simulations in the cold-flow riser, focus on the fully 
developed zone in the riser: turbulent kinetic energy of the solid phase along the Y axis at 
4.36m (Top) and 6.93 m (Below) height, solids flux 3 kg/m²/s, gas velocities 2.65, 3.18, 4.24, 
5.31, 6.37 and 7.43 m/s; per phase turbulence model. 
 
As a consequence, bypass effects in the XZ plane are less pronounced (more in YZ plane) 
with an aerated solids inlet. 
 
In all experimental cases, the inlet effects are quickly dissipated. The 3D simulations with 
FLUENT show an overall behaviour (increased bypassing zones in YZ plane (decreased in 
XZ plane) at high gas velocities and low solids fluxes) that is qualitatively in agreement with 
the experimental observations, especially for the aerated inlet case (Figure A.4e-f-g-h). 
However in the cases without aeration, the penetration depth of the solids jet is quantitatively 
under predicted and the solids overall entrainment is well overpredicted (Figure A.4c-d-k). 
The correct calculation of the interfacial drag and the overall sensitivity to the inlet conditions 
seem to be of crucial importance for the accurate simulation of the solids jet penetration depth 
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Q = 150 m³/h (5.3 m/s)
Gs = 0.5 kg/m²/s (aerated)
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Q = 210 m³/h (7.4 m/s)
Gs = 3 kg/m²/s
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Q = 150 m³/h (5.3 m/s)
Gs = 3 kg/m²/s
YZ plane (FLUENT)
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Q = 150 m³/h (5.3 m/s)
Gs = 3 kg/m²/s
XZ plane (FLUENT)
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Figure A.4: Comparison experiments and simulations in the cold-flow riser, focus on the inlet 
zone: solids velocity profiles in vector plot (a) – (k) at 0.4-0.7m height, solids flux 0.5 and 3 
kg/m²/s, gas velocities 5.31 and 7.43 m/s. Calculated solids volume fraction (l) at 0.4-0.7m 
height, solids flux 3 kg/m²/s, gas velocity 5.31 m/s.YZ plane: lengthwise cross section 
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)LJXUHE Simulated (FLOW-MER) vector plots solid velocity in the YZ plane (slip BC): 
Vortex formation (i) 70 m3/h: (a) 0.13m extension, (c) 0m extension (L) (d) 0.13m extension 
(0.05m opening);  (ii) 210 m3/h : (e) 0.13m extension, (g) 0m extension (L) (solids flux 3 
kg/m²/s). Simulated coordinate system (heights 0-1m) is translated in equivalent cold-flow 
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         slip             no-slip  
 
)LJXUHF Simulated (FLOW-MER) vector plots solid velocity and solid flux profiles in 3D 
(Slip BC versus no-slip) for various outlet types (13cm extension, 34 cm extension): case 2.65 
m/s gas velocity and 3 kg/m²/s flux. Simulated coordinate system (heights 0-1m) is translated 
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5.00E-01    
         slip             no slip 
 
)LJXUHG Simulated (FLOW-MER) vector plots solid velocity and solid flux profiles in 3D 
(Slip BC versus no-slip) for various outlet types (L, 13 cm extension with 0.05m diameter 
opening): case 7.43 m/s gas velocity and 3 kg/m²/s flux. Simulated coordinate system (heights 
0-1m) is translated in equivalent cold-flow coordinate system (heights 7.765-8.765m) for easy 
comparison with Figure 5. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
